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Abstract

This paper develops a model to simulate the dynamic and steady-state behaviour of a commercial scale (diameter 7.5 m and
dispersion height 30 m) Fischer–Tropsch bubble column slurry reactor operating in the churn-turbulent regime. A distinction is
made between ‘large’ and ‘small’ bubble classes and the axial dispersion model is used to simulate their mixing behaviour and also
of the liquid and catalyst particle phases.

The results of the dynamic simulations indicate that no thermal runaways are to be expected and that steady-state is achieved
within about 7 min from start-up. Analysis of the steady-state behaviour shows that the hydrogen conversion in the reactor is
mainly dictated by the ‘large’ bubbles, which account for a major fraction of the gas throughput.

Comparison of the commercial scale reactor performance with that of a smaller scale demonstration unit (of diameter 1 m and
dispersion height 30 m) shows that due to significantly improved staging in the liquid phase, higher conversions are achieved in
the demonstration unit. Furthermore, steep temperature gradients are to be expected in the demonstration unit, while these are
absent in a reactor of commercial scale. The study underlines the need for accurate information on the liquid phase backmixing
for scale up purposes. © 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction

It is expected that the demand for gasoil and
kerosene (middle distillates) will grow in the near fu-
ture, especially in the Asian region. Middle distillates
can be distilled directly from crude oil, but can also be
produced by converting coal or natural gas using the
Fischer–Tropsch reaction. An advantage of using natu-
ral gas is that it is relatively abundant and can be
converted into excellent quality (clean) middle distil-
lates. From an economic point of view, potential pro-
cesses need to be operated on a large scale [1–6].
Besides this, most of the large natural gas reserves are
located in remote areas. These considerations make
development and scale-up of potential processes both a
difficult and challenging task. Shell [1] and Sasol [2,3]
are currently the only companies having a Fischer–

Tropsch middle distillates process in commercial opera-
tion. Several other major enterprises such as Exxon [4]
are currently developing improved processes for conver-
sion of natural gas to liquid products.

One of the most important subjects in the develop-
ment of the Fischer–Tropsch process is the selection,
design and scale-up of the reactor for the heavy paraffin
synthesis. The Fischer–Tropsch reaction can be carried
out in different reactor types. Published studies indicate
that application of slurry technology is the most eco-
nomical option [2,5–7]. In the past years numerous
studies have been devoted to simulation of the Fischer–
Tropsch slurry reactor [8–14]. Most of the literature
models and studies were focused on operation at rela-
tive low superficial gas velocities (below about 0.10
m/s). Furthermore, operation at low gas velocities, in
homogeneous bubbly flow regime, was considered to be
the preferred option for a commercial Fischer–Tropsch
slurry reactor. However, De Swart et al. [7] showed that
for commercial operation higher gas velocities in the
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churn-turbulent flow regime is much more attractive
from a commercial view point. Therefore, it is essential
to model the churn-turbulent flow regime. This requires
taking proper account of the presence of ‘large’ and
‘small’ bubbles as discussed by Krishna and co-workers
[15–30]. Furthermore, none of the previous studies
investigated the dynamic behaviour of the Fischer–
Tropsch slurry reactor. There is no existing model in
the literature which takes proper account of the hydro-
dynamics in the churn-turbulent flow regime and fur-
ther accounts for the dynamic behaviour of the reactor.

In this study a dynamic model for simulation of a
commercial Fischer–Tropsch slurry reactor is devel-
oped. This model is applicable to the churn-turbulent
regime of operation and incorporates important and
new information on the gas holdup and mass transfer
[19–24] in slurry bubble columns. The axial dispersion
model is adopted to properly describe the flow patterns
of the ‘large’ bubbles, ‘small’ bubbles, liquid phase and
catalyst particles. With the computer model developed,
simulations are performed to identify the dynamic and
steady state behaviour of a Fischer–Tropsch slurry
reactor of commercial size.

2. Reaction scheme

The Fischer–Tropsch reaction catalytically converts
synthesis gas into hydrocarbons. The reaction involves
a chain-growth mechanism which implies that it is
theoretically impossible to produce a product of single
carbon number. The carbon number distribution of the
products usually shows a Anderson–Flory–Schulz dis-
tribution which is characterized by the probability for
chain growth � [1,5]. The parameter � depends on the
catalyst formulation and operating conditions as reac-
tion pressure and temperature. The synthesis of hydro-
carbons from syngas catalyzed by iron, ruthenium or
cobalt catalysts is known to lead to products which are
highly linear in nature. In this study a cobalt catalyst is
chosen and the reaction rate is assumed to be first order
in hydrogen. The kinetics of the reaction are obtained
from Post et al. [31] and � is assumed to be equal to
0.92. In the design and optimization procedure the
following reaction is considered:

CO+2H2��CH2�+H2O (1)

so the usage ratio of hydrogen and carbon monoxide
UR equals 2. The inlet ratio of hydrogen and carbon
monoxide in the syngas mixture IR is taken equal to the
usage ratio. The rate of the water gas shift reaction

CO+H2O�CO2+H2 (2)

is assumed to be negligible.

3. Hydrodynamic picture

This study focuses on a commercial Fischer–Tropsch
slurry reactor operating in the churn-turbulent flow
regime. For a slurry bubble column operating in the
churn-turbulent flow regime the gas phase can be split
up in a ‘large’ bubble population and a ‘small’ bubble
population, as discussed in our earlier publications
[19–24]. Coalescence of ‘small’ bubbles yields ‘large’
bubbles and bubble clusters which have a high rise
velocity, typically in the range of 1–2 m/s. Due to the
high rise velocity of these ‘large’ bubbles, high gas
throughputs can be achieved, which is desirable from a
commercial point of view due to economy of scale. It
can be established visually that the ‘large’ bubbles
traverse the column virtually in plug flow, often in a
zig–zag, snake-like, fashion. They ‘churn’ up the liquid
phase and cause intense mixing. In the churn-turbulent
flow regime, we also have ‘small’ bubbles co-existing
with the ‘large’ bubbles. These ‘small’ bubbles are
‘entrained’ in the liquid phase and have the backmixing
characteristics of the liquid. A convenient way to model
a reactor operating in the churn-turbulent flow regime
is to extend the two-phase (‘dilute’ and ‘dense’ phases)
model proposed by Van Deemter [32] for gas solid
fluidized beds. This extension was suggested by Krishna
[17–21]. Essentially, the key to the generalized two-
phase model is to properly identify the ‘dilute’ and
‘dense’ phases. The superficial gas velocity Usg is split in
two parts: a part of the gas rises through the column in
the form of ‘small’ bubbles at a superficial gas velocity
Udf; the remainder rises through the column in the form
of ‘large’ bubbles at a superficial gas velocity (Usg−
Udf). The dilute phase is to be identified with the ‘large’
bubble fraction and the dense phase with the ‘small’
bubble fraction together with liquid containing the
catalyst particles in suspension. The ‘dilute’ phase can
be considered to be virtually in plug flow, while the
‘dense’ phase is highly backmixed.

The Fischer–Tropsch slurry reactor is modeled ac-
cording to the picture shown in Fig. 1. The gas phase
enters the reactor at the bottom and is distributed into
the suspension of liquid products and catalyst by a
distributor plate. The reactor is operated in a co-cur-
rent mode with respect to gas and slurry: fresh oil
slurry enters the reactor at the bottom. As concluded
by Mills et al. [12], countercurrent operation does not
offer advantages; catalyst settling tendencies are in-
creased which leads to inferior reactor performance
during countercurrent operation. The reaction heat is
removed from the reactor by means of cooling tubes
inserted in the reactor.

In this study separate mass balances (based on the
axial dispersion model) are set up for the ‘large’ bub-
bles, ‘small’ bubbles, liquid phase and the catalyst. The
energy balance is set up for the liquid phase to calculate
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the reactor temperature. The catalyst concentration
profile over the reactor height is predicted using the
sedimentation–dispersion model, as proposed by Kato
et al. [33].

4. Model equations

As mentioned in the introduction, the axial disper-
sion model is adopted to describe the flow characteris-
tics of the Fischer–Tropsch slurry reactor. In recent
years there has been some discussion on the suitability
of the axial dispersion model to properly account for
the flow and mixing characteristics of the phases in a
slurry bubble column [12,34,35]. The discussed issues
are the suitability of the axial dispersion coefficient as
single parameter to account for the axial and radial
flow of the slurry phase and the ability of the axial
dispersion model to account for different bubble
classes. We believe that it is essential to introduce
different balance equations into the model for the
‘large’ and ‘small’ bubble classes. This in order to
correctly account for the residence time distribution of
the gas phase in the reactor. Proper description of the
mixing characteristics of the slurry phase by the axial
dispersion coefficient as a single parameter is indeed
questionable, but until more sophisticated hydrody-
namic models become available the axial dispersion
model is still the most convenient one.

The model proposed by Mills et al. [12] is used as a
basis but extended to include the presence of two
bubble classes, ‘large’ and ‘small’, characteristic of the
churn-turbulent regime of operation. The developed
model incorporates the following assumptions:

� the resistance for mass transfer between the gas and
liquid phase is located in the liquid phase;

� the gas phase is in thermal equilibrium with the
liquid phase;

� the catalyst is in thermal equilibrium with the liquid
phase and intra particle temperature gradients do
not exist;

� the superficial gas velocity at the reactor inlet and
the superficial velocity of the slurry do not change
during the operation;

� in the fresh oil slurry entering the reactor dissolved
hydrogen is absent;

� the variation in gas flow rate in the reactor can be
taken into account by application of a gas phase
contraction factor ALPHA, defined as in Levenspiel
[36]:

ALPHA=
Vg(XCO+H2

=1)−Vg(XCO+H2
=0)

Vg(XCO+H2
=0)

(3)

The synthesis gas conversion XCO+H2
can be ex-

pressed in terms of the inlet ratio IR and usage ratio
UR of hydrogen and carbon monoxide:

XCO+H2
=

1+UR
1+IR

XH2
(4)

The hydrogen conversion is defined as:

XH2
=

Usg0

CH2,g0

Cg

−Usg

CH2,g

Cg

Usg0

CH2,g0

Cg

(5)

For the superficial gas velocity the following relation
holds:

Usg=Usg0(1+ALPHA XCO+H2
) (6)

Fig. 1. Schematic representation of the reactor model for a commercial Fischer–Tropsch slurry reactor operating in the churn turbulent flow
regime.
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For equal inlet and usage ratio, substitution of Eqs.
(4) and (5) in Eq. (6) yields the following relation for the
variable superficial gas velocity:

Usg=Usg0�
�

�

�

�

1+ALPHA �
�

�

�

�

Usg0

CH2,g0

Cg

−Usg

CH2,g

Cg

Usg0

CH2,g0

Cg

�
�

�

�

�

�
�

�

�

�
(7)

� the superficial gas velocity through the ‘small’ bubbles
is constant over the reactor height;

� the effectiveness factor approaches unity; this assump-
tion is justified because the mean particle diameter is
50 �m [31];

� the Fischer–Tropsch reaction is first order in hydro-
gen and hydrogen is considered to be the limiting
component in the reaction.
Since hydrogen is considered the limiting component

the balance equations are set up for hydrogen. The gas
phase hydrogen concentrations in the ‘large’ and ‘small’
bubbles are made dimensionless by normalisation with
respect to the hydrogen concentration at the inlet of the
reactor; ylarge=CH2,g,large/CH2,g0; ysmall=CH2,g,small/
CH2,g0.The liquid phase concentration of hydrogen is
made dimensionless by normalization with respect to the
hydrogen concentration in equilibrium with the gas
phase concentration at the reactor inlet; x=mCH2,L/
CH2,g0.The dimensionless temperature is obtained by
normalization with respect to the coolant temperature,
�=T/Tc. The dimensionless distance along the height of
the reactor is �=h/H. A dimensionless time coordinate
is defined as �= (tUg0/H). The various dimensionless
groups used in the model are summarized in Table 1.

In analogy with Mills et al. [12], the mass and energy
balances are applied over a differential element of the
reactor. The resulting dimensionless equations are pre-
sented below.

The hydrogen balance for the ‘large’ bubbles:

�b

�ylarge

��
=

�b

Peg,large

�2ylarge

��2

−
1+ALPHA

(1+ALPHA ylarge)2

(Usg−Udf)0

Ug0

�ylarge

��

−Stg,large(ylarge−x) (8)

The hydrogen balance for the ‘small’ bubbles:

�small

�ysmall

��
=

�small

Peg,small

�2ysmall

��2 −
Udf

Ug0

�ysmall

��

−Stg,small(ysmall−x) (9)

The hydrogen balance in the liquid phase:

�L

�x
��

=
�L

PeL

�2x
��2−

Uss

Ug0

�x
��

+StL, large(ylarge−x)

+StL, small(ysmall−x)

Table 1
Dimensionless numbers appearing in the reactor model

VariableDimensionless number Definition

Time t Ug0/H�

Axial position � h/H
�Slurry temperature T/Tc

CH2,g,large/CH2,g0Gas concentration large ylarge

bubbles
Gas concentration small CH2,g,small/CH2,g0ysmall

bubbles
Liquid concentration x CH2,Lm/CH2,g0

−�HRCH2,g0/�s Cps m TcBeHeat of reaction
DaDamköhler number first kH2

�LH/Ug0

order reaction
Bodenstein number catalyst Boc Pec[Uct/Ug0−Uss/

(Ug0(1−�g))]
Ug0H/Eg,largePeg,largePeclet number ‘large’

bubbles
Ug0H/Eg,smallPeg,smallPeclet number ‘small’

bubbles
Peclet number liquid phase Ug0H/ELPeL

PeHPeclet number heat transfer �sCpsUg0H/�ax

Peclet number catalyst Pec Ug0H/Ec

Stanton number gas–liquid, Stg,large kL,H2,largealargeH/mUg0

gas side, ‘large’ bubbles
kL,H2,small asmallH/mUg0Stanton number gas-liquid, Stg,small

gas side, ‘small’ bubbles
kL,H2,largealargeH/Ug0StL,largeStanton number gas-liquid,

liquid side, ‘large’ bubbles
kL,H2,smallasmallH/Ug0Stanton number gas-liquid, StL,small

liquid side, ‘small’ bubbles
Stanton number heat transfer �effawH/�sCpsUg0StH

see eq. (5)XH2
Conversion of hydrogen in

the gas phase
Arrhenius number � Ea/(RTc)

−Cs Da exp
�

−
�

�

�
x (10)

Mass balance for the catalyst particles in the slurry
phase

Cs(�)=Cs

Bocexp(−Boc�)
1−exp(−Boc)

(11)

Energy balance for the slurry phase. The time variation
of the temperature is determined by (a) dispersion, (b)
convection, (c) reaction enthalpy and (d) heat removal
through the tubes:

�L

��

��
=

�L

PeH

�2�

��2−
Uss

Usg0

��

��
+Cs Be Da exp

��

�

�
x

−StH(�−1) (12)

Initial conditions for 0���1:

at �=0, ylarge=ysmall=x=0 (13)

Cs=Cs0(�) (14)

T=Tw=Tc (15)

Boundary conditions:

at �=0 ylarge=1 (16)
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�small

�ysmall

��
=Peg,small(ysmall−1) (17)

�L

�x
��

=PeL

Uss

Ug0

x (18)

�L

��

��
=PeH

Uss

Ug0

(�−1) (19)

at �=1
�ysmall

��
=0 (20)

�ylarge

��
=0 (21)

�x
��

=0 (22)

��

��
=0 (23)

Eqs. (8)–(12) together with the initial conditions
(13)–(15) and the boundary conditions (16)–(23) form
the complete reactor model.

5. Parameter values

The following physical properties were used: 	L=
6.0×10−4 Pa s [31]; 
=0.019 Pa m [37]; �L=680 kg
m−3 [37]; �L=0.113 W m−1 K−1; CpL=424 J mol−1

K−1; ML=0.283 kg mol−1; DH2
=5.54×10−8 m2 s−1

[38]; m=5.095 [39]; dp=50×10−6 m; �p=1200 kg
m−3; CpC=993 J kg−1 K−1; �p=1.7 W m−1 K−1;
	G=2.0×10−5 Pa s; �G=0.186 W m−1 K−1; The
physical properties of the suspension are summarized in
Table 2.

The kinetic parameters are obtained from Post et al.
[31] and are summarized in Table 3. The reactor oper-
ates at a pressure of 40 bar. In all the simulations the
average reactor temperature equals 513 K. Cooling of
the reactor is established by 0.05 m diameter cooling
tubes. In order to keep the mean temperature at 513 K,
the area available for heat transfer aw is varied between
5 and 19 m2 (m3 reactor)−1, depending on the operat-
ing conditions. A constant coolant temperature Tc of
501 K is used in the simulations. The contraction factor
ALPHA is assumed to be equal to −0.5 [9]. All
simulations are performed with a 7.5 m diameter reac-
tor having a dispersion height H=30 m. The catalyst
volume fraction in the gas free slurry Cs equals 0.25 in
all simulations. The reactor is operated in a co-current
mode with respect to gas and slurry, the superficial
velocity of the slurry Uss equals 0.01 m/s in all simula-
tions. The settling velocity of the catalyst particles in a
swarm Uct is calculated according to Mills et al. [12]. In

Table 2
Physical properties of the slurry

Slurry properties Definition Dimensions

Catalyst weight
Wc=

Cs�p

Cs(�p−�L)+�L

dimensionless
fraction in
suspension

�s=Cs�p+(1−Cs)�LSuspension density kg m−3

Cps=WcCpC+(1−Wc)CpLSuspension specific J kg−1 K−1

heat
	s=	L(1+4.5Cs)Suspension viscosity Pa s

Suspension heat
W m−1 K−1�s=�L

2�L+�p−2Cs(�L−�p)

2�L+�p+Cs(�L−�p)conductivity

W m−1 K−1Suspension effective �ax=ELCps�s

axial heat
conductivity

the hydrodynamic relations where the superficial gas
velocity is involved, the value of Usg at the inlet of the
reactor is taken.

The gas holdup at which transition from the homoge-
neous to the churn turbulent flow regime occurs (�trans)
depends on the gas density �g, liquid viscosity 	L,
surface tension 
 and the catalyst concentration Cs. For
design purposes �trans can be estimated using the rela-
tion proposed by De Swart [30]:

�trans=2.16 exp(−13.1 �g
−0.10	L

0.16
0.11) exp(−5.86 Cs)
(24)

The corresponding superficial gas velocity Utrans at
regime transition is found from:

Utrans=Vsmall�trans (25)

where Vsmall is the rise velocity of the ‘small’ bubbles.
An estimation of Vsmall can be obtained from the rela-
tion proposed by Wilkinson [40]:

Vsmall=2.25



	L

�
3�L

g	L
4

�−0.273��L

�g

�0.03

(26)

For churn turbulent operation the superficial gas
velocity and gas holdup of the small bubbles are as-
sumed to be equal to their values at the regime transi-

Table 3
Reaction rate parameters

Variable DimensionsReaction parameters

Activation energy Ea=1.181×105 J mol−1

A=5.202×1010 m3 (m3 catalyst)−1 s−1Pre-exponential factor
kH2=A m exp m3 (m3 catalyst)−1 s−1First order reaction
(−Ea/RT)rate constant for

hydrogen
Heat of reaction −�HR=165 000J (mole syngas)−1
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�small

�ysmall

��
=Peg,small(ysmall−1) (17)

tion point: �small=�trans and Udf=Utrans. The diameter
of the ‘small’ bubbles is estimated from the relation of
Wilkinson [40]:

ds=3g−0.44
0.34	L
0.22�L

−0.45�g
−0.11U sg

−0.02 (27)

The effective interfacial area for mass transfer be-
tween the gas and liquid phase for the ‘small’ bubbles is
now given by the relation:

asmall=
6�small

ds

(28)

The value of the mass transfer coefficient kL,H2,small

for the ‘small’ bubbles is predicted using the relation of
Calderbank and Moo-Young [41] for rigid spherical
bubbles.

The gas holdup of the ‘large’ bubbles �b depends on
the scale of operation but is independent of slurry
concentration, liquid properties [20–24] and of the
system pressure [16]. The large bubble holdup is pre-
dicted using the model of Ellenberger and Krishna [18].
The mass transfer coefficient of the large bubbles
kL,H2,large is predicted using the relation proposed by
Calderbank and Moo-Young [41] for bubbles not be-
having as rigid spheres. The interfacial area for mass
transfer of the large bubbles alarge is estimated using the
relation proposed by Vermeer and Krishna [15]:

kL,ref,large alarge

�b

=0.5 s−1 (29)

which is corrected for the mass transfer coefficient of
hydrogen under the reaction conditions by the factor
kL,H2,large/kL,ref,large. The ‘large’ bubbles traverse the
column virtually in plug flow and therefore the Peclet
number of the large bubbles (Peg, large) is assigned a
large value equal to 100. Due to their high rise veloc-
ities, the ‘large’ bubbles induce circulation patterns in
the liquid phase. The ‘small’ bubbles are entrained in
the liquid phase and the axial dispersion coefficient of
the ‘small’ bubbles is assumed to be equal to the axial
dispersion coefficient of the liquid phase (Eg,small=EL);
this assumption has been validated using CFD simula-
tions [29]. The axial dispersion coefficient of the liquid
phase is calculated using the relation proposed by
Deckwer et al. [9]:

EL=0.768 Ug0
0.32 DT

1.34 (30)

We will return to this relation at a later stage. The
axial dispersion coefficient of the catalyst Ec is calcu-
lated according to Mills et al. [12].

The overall heat transfer coefficient �eff is estimated
using the relation proposed by Deckwer et al. [9],
developed primarily for the homogeneous flow regime:

�eff=0.1 (�sCpsUsg)
�U sg

3 �s

g	s

�−
1

4��sCps

�s

�−
1

2
(31)

For superficial gas velocities exceeding 0.10 m/s the
heat transfer coefficient is to be calculated from Eq.
(31) by taking Usg equal to 0.10 m/s [9].

6. Numerical solution procedure

The complete reactor model is defined by the four
partial differential Eqs. (8)–(12), together with the ac-
companying initial and boundary conditions. This set
of partial differential equations is solved numerically
using the Method of Lines (MOL), as proposed by
Schiesser [42]. The method of lines discretizes a set of
partial differential equations using a finite difference
scheme to obtain a set of ordinary differential equa-
tions (ODE’s). This set of ODE’s is then solved
simultaneously.

The reactor is discretized in N=60 points. This
results in 4×N=240 ordinary differential equations.
The DSS/2 software package (Fortran 77 code from
Silebi and Schiesser [43]) was used to discretize the
reactor. The following DSS/2 subroutines were used:
� subroutine DSS002: one dimensional, three points

centered approximations for first order
approximations;

� subroutine DSS014: one dimensional, three points
upwind approximations for first order derivatives.
The parabolic contribution �2C/�h2 was calculated

using the subroutine DSS002 twice. The hyperbolic
contribution U(�C/�h) was calculated using subroutine
DSS014.

The ODE’s are solved using the implicit LSODES
integrator routine [44].

7. Start-up of the reactor

The start-up of a commercial Fischer–Tropsch slurry
reactor is simulated using a reactor with a diameter of
7.5 m and a dispersion height of 30 m. At dimensionless
times ��0 an inert gas is considered to flow continu-
ously through the reactor with a superficial gas velocity
of 0.14 m/s. The hydrogen concentration in the ‘small’
bubbles (ysmall), ‘large’ bubbles (ylarge) and in the liquid
phase (x) are equal to zero. The temperature in the
reactor equals the temperature of the coolant (�=1).
At dimensionless time �=0 a step change in the hydro-
gen and carbon monoxide concentration in the gas
phase occurs to initiate the reaction and the feed gas
composition is kept constant for ��0.

Fig. 2 shows the dimensionless hydrogen concentra-
tion in the ‘large’ bubbles ylarge as function of dimen-
sionless time � and reactor height �. At �=0 there is no
hydrogen present in the ‘large’ bubbles. For ��0 the
hydrogen concentration at the reactor inlet equals 1
and hydrogen starts to dissolve into the liquid phase
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Fig. 2. Simulated start-up of a commercial Fischer–Tropsch slurry
reactor with with a diameter DT of 7.5 m and a dispersion height H
of 30 m: Hydrogen concentration in the ‘large’ bubbles.

Fig. 4. Simulated start-up of a commercial Fischer–Tropsch slurry
reactor with with a diameter DT of 7.5 m and a dispersion height H
of 30 m: Hydrogen concentration in the ‘small’ bubbles.

(see Fig. 3, the hydrogen concentration x in the liquid
phase). As time � increases, the liquid phase concentra-
tion increases and the hydrogen concentration profiles
for the ‘large’ bubbles, ‘small’ bubbles (Fig. 4) and for
the liquid phase begin to develop. As � reaches the
value of about two, corresponding to 7 min, the steady
state profiles are reached. From Figs. 2–4 it can be seen
that the hydrogen concentrations go through a maxi-
mum before reaching the steady state profiles. This can
be explained after examination of Fig. 5, the dimen-
sionless temperature � as function of dimensionless
time � and reactor height �. Comparison of Fig. 5 with
Figs. 2–4 reveals that the time interval before � ap-
proaches a steady state value is larger than the times
required for ylarge, ysmall and x to reach their stationary
state values. In other words, it takes more time for the

reaction to heat up the reactor than it takes for the
hydrogen to dissol�e into the liquid phase and react.
Because of the slower response of the temperature, the
reaction rate is still increasing due to the increasing
temperature while the concentration profiles are at their
maximum values. The increasing reaction rate increases
the amount of hydrogen which is depleted in the liquid
phase, so liquid phase hydrogen concentration begins
to decrease until the temperature eventually reaches
steady state.

From the simulations of the start-up of a commercial
Fischer–Tropsch slurry reactor can be concluded that
steady state is reached in about 7 min. Furthermore, no
severe temperature peaks or run away trends are ob-
served, which is an important conclusion for the very
exothermic Fischer–Tropsch reaction.

Fig. 5. Simulated start up of a commercial Fischer-Tropsch slurry
reactor with with a diameter DT of 7.5 m and a dispersion height H
of 30 m: Reactor temperature.

Fig. 3. Simulated start-up of a commercial Fischer–Tropsch slurry
reactor with with a diameter DT of 7.5 m and a dispersion height H
of 30 m: Hydrogen concentration in the liquid phase.
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Fig. 6. Temperature response of a commercial Fischer–Tropsch
slurry reactor with a diameter DT of 7.5 m and a dispersion height H
of 30 m to a step of 1 degree K in the coolant temperature.

Fig. 7. Hydrogen conversion response of a commercial Fischer–Trop-
sch slurry reactor with a diameter DT of 7.5 m and a dispersion height
H of 30 m to a step of 1 degree K in the coolant temperature.

8. Stability to step disturbances

Because of the highly exothermic behaviour of the
Fischer–Tropsch reaction, it is very important to
confirm the thermal stability of the reactor. In order to
establish this, the response of the reactor to step rise of
1 degree K in the coolant temperature is simulated. The
reactor configuration is identical to the one simulated in
the former section, DT=7.5 m, H=30 m and Usg=
0.14 m/s.

Fig. 6 shows the responses of the reactor temperature
to the step change in the coolant temperature. The two
lines in Fig. 6 represent the temperatures at the en-
trance of the reactor (�=0) and at the outlet of the
reactor (�=1) for varying time. It can be seen that the
temperature begins to rise after the step change is
performed and reaches a new steady state in about 3
min. The resulting hydrogen conversion is shown in
Fig. 7. The hydrogen conversion increases due to the
increase in the temperature from about 0.86 to 0.87. No
runaway tendencies are observed and it is established
that the reactor operates under thermal stable condi-
tions; this conclusion has been reached on the basis of
several runs.

9. Steady state reactor behaviour

This section discusses results on the steady-state be-
haviour of a commercial Fischer–Tropsch slurry reac-
tor. Simulations with the dynamic model are performed
and the resulting steady state values of the output
variables are presented. The influence of the superficial
gas velocity and backmixing characteristics on the reac-
tor performance are investigated.

Fig. 8 shows the hydrogen concentration profiles
over the reactor height in the ‘large’ bubbles, ‘small’
bubbles and the liquid phase for a commercial Fischer–
Tropsch slurry reactor with a diameter DT=7.5 m,
dispersion height H=30 m and operating with a su-

perficial gas velocity Usg=0.14 m s−1. It can be seen
that the ‘large’ bubble concentration decreases from 1
at the inlet of the reactor to an equilibrium value with
the liquid phase of about 0.25 at the outlet of the
reactor. The ‘small’ bubbles suffer because of their
backmixed character: they are almost in equilibrium
with the liquid phase all over the reactor. Fig. 9a shows
the temperature profile over the reactor. A rather flat
profile exists due to the backmixed character of the
liquid phase; the temperature difference is only 2 K
between the inlet and the outlet of the reactor and no
severe hot spots exist. The catalyst concentration profile
is shown in Fig. 9b. It can be seen that the catalyst
concentration is highest at the top of the reactor. This
is due to the fact that the settling velocity of the
particles in a swarm is lower than the superficial veloc-
ity of the liquid phase. The gradient of the catalyst over
the reactor however is very small which implies that
operational problems due to catalyst settling tendencies
are not to be expected.

Fig. 8. Hydrogen concentration profiles in a commercial Fischer–
Tropsch slurry reactor with a diameter DT of 7.5 m and a dispersion
height H of 30 m for hydrogen in the liquid phase, ‘‘large’’ bubbles
and ‘small’ bubbles.
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Fig. 9. Reactor profiles in a commercial Fischer–Tropsch slurry
reactor with a diameter DT of 7.5 m and a dispersion height H of 30
m for (a) the temperature and (b) the catalyst.

Fig. 11. Representation of (Usg−Udf), representing the throughput of
the ‘large’ bubbles, and Udf, representing the throughput of the
‘small’ bubbles for varying superficial gas velocities. Data taken from
experiments reported in De Swart and Krishna (1996).

bubbles. So for the Fischer–Tropsch slurry reactor
operating at superficial gas velocities above 0.10 m s−1

the reactor throughput and conversion are largely de-
termined by the ‘large’ bubbles.

For the prediction of the axial dispersion coefficient
of the liquid phase Eq. (30) of Deckwer et al. [9] is
adopted. As the level of mixing of the liquid phase has
a very strong influence on the predicted conversion in a
Fischer–Tropsch slurry reactor (see for example Bukur
[8]), accurate prediction of the axial dispersion coeffi-
cient for commercial scale reactors is of paramount
importance. However, the highest diameter for which
Eq. (30) has been verified is 3.20 m, but operation was
limited to a superficial gas velocity of only 0.05 m/s
[45]. Because their is much uncertainty in extrapolating
Eq. (30) to commercial diameters for the Fischer–Trop-
sch slurry reactor (say 8 m), simulations are performed
with the maximum diameter in the backmixing relation
set at a value of 1 m. Fig. 12 shows the resulting
hydrogen conversions for varying superficial gas veloc-
ities (DT=7.5 m and H=30 m). Setting the value of

Simulations are performed for the same reactor
configuration to identify the influence of the superficial
gas velocity on the performance of the Fischer–Trop-
sch slurry reactor. The gas velocity Usg is varied be-
tween 0.04 and 0.24 m/s, so operation well into the
churn turbulent flow regime is considered (the superfi-
cial gas velocity at the regime transition point Utrans is
estimated to be 0.01 m/s). Fig. 10 shows that the
hydrogen conversion XH2

decreases as the superficial
gas velocity is increased. Also shown in Fig. 10 is a
continuous line which represents the hydrogen conver-
sion obtained on ignoring the mass transfer contribu-
tion of the ‘small’ bubble population (kL,H2,small=0). It
can be seen that the overall hydrogen conversion at
superficial gas velocities above 0.10 m/s is largely deter-
mined by the conversion of the ‘large’ bubbles. Fig. 11
shows that the reactor throughput of the ‘large’ bubbles
is also much larger than the throughput of the ‘small’

Fig. 10. Influence of the superficial gas velocity Usg on the hydrogen
overall and ‘large’ bubble hydrogen conversion in a commercial
Fischer–Tropsch slurry reactor with a diameter DT of 7.5 m and a
dispersion height H of 30 m.

Fig. 12. Hydrogen conversion levels for different backmixing levels of
the liquid phase in a commercial Fischer–Tropsch slurry reactor with
a diameter DT of 7.5 m and a dispersion height H of 30 m.
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the diameter in the backmixing relation at a constant
value of 1 m decreases the axial dispersion coefficient
significantly and leads to increased plug flow character
of the liquid phase. Increased plug flow character leads
to higher conversions of hydrogen, as shown in Fig. 12.
Increased plug flow character also changes the tempera-
ture profile over the reactor significantly, as shown in
Fig. 13 for a superficial gas velocity of 0.14 m/s. The
temperature gradient increases from 2 K to about 20 K
and a small temperature peak near the inlet of the
reactor is observed. From these simulations can be
concluded that a key for a successful scale-up proce-
dure for the Fischer–Tropsch slurry reactor is the
amount of backmixing in the liquid phase. In the open
literature many studies and correlations are presented,
but validation of these correlations is limited to labora-
tory scale equipment. For the design of commercial
Fischer–Tropsch slurry reactor it is desirable to vali-
date the correlations for reactor diameters up to 8 m
and superficial gas velocities up to 0.5 m/s.

10. Conclusions

The conclusions emerging from the computer model
for a commercial Fischer–Tropsch slurry reactor oper-
ating in the churn-turbulent flow regime are summa-
rized below:
� The start-up of the reactor is simulated and it can

be concluded that steady state is reached in about
7 min. Furthermore, no severe temperature peaks
or runaway trends are observed.

� For highly exothermic reactions as the Fischer–
Tropsch reaction thermal stability of the reactor is
of utmost importance. Simulations indicate that the
Fischer–Tropsch slurry reactor simulated in this
study operates under thermal stable conditions.

� Because of reasons of isothermal operation catalyst
settling tendencies are to be avoided. Operation
with an upflow superficial velocity of the slurry Uss

of 0.01 m/s results in a rather flat catalyst profile
over the reactor

� The level of backmixing in the liquid phase is an
important parameter in predicting conversion levels
and temperature profiles for commercial Fischer–
Tropsch slurry reactors. Existing correlations are
not tested in the open literature for the reactor
diameters adopted for commercial operation (�8
m). Furthermore, the correlations are tested in sys-
tems without cooling tubes. Both the influence of
commercial diameters and cooling tubes on the
backmixing are subjects which need further investi-
gation.
Though this paper has considered the simulation of

a commercial reactor, the developed model will also
be vital for simulation of a pilot plant. Typically a
pilot plant reactor will be 0.1–0.2 m in diameter.
This means that the ‘‘dense’’ phase can be considered
to be in plug flow. Our model will help translate pilot
plant data to commercial units.

Appendix A. Nomenclature

gas–liquid specific interfacial area foralarge

the ‘large’ bubbles per unit expanded
bed volume (m2 m−3)
gas–liquid specific interfacial area forasmall

the ‘small’ per unit expanded bed
volume (m2 m−3)
cooling tube specific external surfaceaw

area referred to the total reactor vol-
ume (m2 m−3)
modified contraction factorALPHA
(dimensionless)

Cg gas phase concentration (mol m−3)
CH2,g0 concentration of hydrogen in the gas

phase at the reactor inlet (mol m−3)
CH2,g,large concentration of hydrogen in the

‘large’ bubbles (mol m−3)
CH2,g,small Concentration of hydrogen in the

‘small’ bubbles (mol m−3)
Concentration of hydrogen in the liq-CH2,L

uid phase (mol m−3)
Heat capacity of the catalyst particlesCp,c

(J kg−1 K−1)
Cp,L Heat capacity of the liquid (J kg−1

K−1)
Cp,s Heat capacity of the liquid-solid sus-

pension (J kg−1 K−1)

Fig. 13. Temperature profiles over the reactor for different backmix-
ing levels of the liquid phase in a commercial Fischer–Tropsch slurry
reactor with a diameter DT of 7.5 m and a dispersion height H of 30
m.



J.W.A. de Swart, R. Krishna / Chemical Engineering and Processing 41 (2002) 35–47 45

Solids volume fraction in gas freeCs

slurry (dimensionless)
Mean solids volume fraction in gasC� s

free slurry in the reactor
(dimensionless)

dp Particle diameter (m)
ds Diameter of ‘small’ bubbles (m)
dt tube diameter (m)

Liquid phase diffusivity (m2 s−1)D
Column diameter (m)DT

Activation energy (J mol−1)Ea

axial dispersion coefficient of theEg,large

large bubbles (m2 s−1)
axial dispersion coefficient of theEg,small

small bubbles (m2 s−1)
axial dispersion coefficient of the liq-EL

uid phase (m2 s−1)
Ec axial dispersion coefficient of the cat-

alyst particles (m2 s−1)
Acceleration due to gravity (9.81 mG

s−2)
Height above the gas distributor (m)H
Height of expanded bed (m)H

−�HR heat of reaction for the overall con-
version of synthesis gas to hydro-
carbons (J mol−1)

Molar ratio of hydrogen to carbonIR
monoxide at the reactor inlet
(dimensionless)

first order reaction rate constantkH2

(s−1)
Liquid phase mass transfer coefficientkLH2,small

of species j at the ‘small’ bubble
gas–liquid interface (m s−1)

M Distribution coefficient
(dimensionless)

P total pressure (Pa)
R gas constant (J mol−1 K−1)
STY Space time yield (kg hydrocarbons

(m3 reactor)−1 h−1)
T time (s)

Temperature (K)T
Cooling tube temperature (K)Tc

UR Usage ratio of hydrogen to carbon
monoxide (dimensionless)

Settling velocity of the catalyst parti-Uct

cles in a swarm (m s−1)
Superficial velocity of gas throughUdf

the dense phase (m s−1)
Usg Superficial gas velocity (m s−1)
(Usg−Udf) Superficial gas velocity through the

dilute phase (m s−1)
Superficial slurry velocity (m s−1)Uss

Utrans Superficial gas velocity at regime
transition (m s−1)

rise velocity of the large bubble pop-Vb

ulation (m s−1)
rise velocity of small bubble popula-Vsmall

tion (m s−1)
Weight fraction of catalyst in gasWs

free slurry (dimensionless)
X Dimensionless hydrogen concentra-

tion in the liquid phase
(dimensionless)

Dimensionless hydrogen concentra-ylarge

tion in the ‘large’ bubbles
(dimensionless)

ysmall Dimensionless hydrogen concentra-
tion in the ‘small’ bubbles
(dimensionless)

Conversion of hydrogenXH2

(dimensionless)

Greek letters
Slurry to internal coil wall convective�eff

heat transfer coefficient (W m−2

K−1)
Arrhenius number (Ea/RTc)�

�g total gas hold-up (dimensionless)
�b gas hold-up of ‘large’ bubbles

(dimensionless)
�L Liquid holdup (dimensionless)

hold-up of small bubbles (‘dense’�small

phase gas) (dimensionless)
�trans gas hold-up at the regime transition

point (dimensionless)
	L Liquid viscosity (Pa s)

Suspension viscosity (Pa s)	s

Temperature of the liquid–solid sus-�

pension referred to the wall tem-
perature, T/Tc (dimensionless)

effective axial heat conductivity of�ax

the liquid–solid suspension (W
m−1 K−1)

heat conductivity of the catalyst par-�c

ticles (W m−1 K−1)
heat conductivity of the gas (W m−1�g

K−1)
heat conductivity of the liquid (W�L

m−1 K−1)
�s heat conductivity of the liquid–solid

suspension (W m−1 K−1)
� axial coordinate, h/H (dimensionless)
�g gas density (kg m−3)

liquid density (kg m−3)�L

particle density (kg m−3)�p

�s suspension density (kg m−3)

 surface tension of liquid phase (Pa

m)
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� dimensionless time coordinate
(dimensionless)
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