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Yo dix prper we develop a model for simnlndon and design of Targe seale industrinl fpidized bed rencinys, The maggested
procedure is hused on the following key toscopls pnd assumptions: (i) bubbles formed at the disteibutor grow with beipht and
this wariation can be described by the physicnl picture doe to Darton et al,’, (i) the bubble growih & Dmiled jo o maximom,
eqnilibrium, bubhle size depewding mainly on (be pucticle and particle size disteibution, (ili} the rise velocity of & bobble of
ony given size is dependent on the scnle of operntion, i.¢, vessel dinmetey, mnd (iv} the interphase asx trmmster between » buhble
and the surrosnding derse phase is the resull of two contributions: Hironghflow ond diffusion, which are wodelled (nflowing
the upprosch of Davidson et ab.

1€ 15 suggested in éhe procedure that the key model parameters such & the equilibrium bubhle sire 304 denm pluise pas velociiy
b determined fn “colf flen” simaletion ox periments coreied out @ colnmwys of reasensbly large wize, suy lurger than S6m
diumeter,

The develoged moded is wsed to amulsie the performance of oo lndosiriel Baidized bed resttor for the sxidution of HEY
s produce €1, The gas phase conversion (s mewsured in oo Industris] uni: of dlumeier 2.9 m and expanded bed beighi uf
G m, aporating st » soperficdel pos velocity of 4.2 w v ') Muy Been reported fo be strongly dependent o the % of “Hws™,
ie. pavticies smaller than H xm. Since the prosence of simh “fwe™ pariicies & knows to buve Iobble broskiop tendencies,
e simalntions of {he Huid hed amit was carvied out by sllowing the equilibrinm bobble sive o vury. The moded
ehosct ia the siondutions were based on experimentally wveilable inforvation on cold Bow simolation cxperiments, The model
ealcalations show that the observed influence of %% foes (rouverion {ulling Brom 95,7% to only 1% with decresse fu fwey
content fram 20% io 7%) con be rationalized hy slowing the equilihrinm size to decrease with incressivg Hnes cownient, The
esilibicins babbie sizes thes detecmined depend on the fuitial bubible size formed at the discributor aed virdes Trom 6,15-0.17 my
this variation iv within s range of equilibcium bobble sizes meuswrad by several workers ond therefore provides vertcatlon,
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if indirect, of the model approach.

INTRODUCTION

Fluidized bad reactor modeiling has been the subject of
numercus papers and books; see {br example the secend
works of Davidson, Clift and Harrison® and Geldart®,
There is general agreement that the models have 1o ke
proper accoun! of bubbie hydrodynamics. especially the
phenomena of bubble growth (Krishaa®, van Swasif®,
Werther').

Use of the bubbie growth models requires information
on several parameters characterizing the solids and the
vessel; a priori estimation of these model parameters is
not possible in general and it is generally agreed that
these will need to be measured in “cokl Row™ experi-
mental units of a reasonably large stre say greater than
6.&m in diameter (Krishna'),

in this paper we develop g simulation model for an
industrial fluidized bed reactor carrying out a brst order
irreversible reacton, The model is wsed 1o simulate the
hehaviour of an indusirial Huld bed reacior for the
oxidation of HC to produce O, the data for which has
been published by De Vries ot o, The simulation of the
performance of this industrial reacter {of diameter 2.9 m
and expanded height 10 m} should prove to be a good
test of the physical mode] chosen {or the reacior in view
of the very strong influence observed {or the influence of
“fines”, i.e. catalysis smaller than 44 ym, on the con-
version levels achieved; see Figure L. Thus, wnder nearly
identical operating conditiony, (he gas phase conversion
falls from 95.7% 10 only 91% when the % ““fines™ in the

vessel decreases from 20% o 7%. Even withowt a deeper
analysiz, it should be apparent that the chosen model for
simulating the performance of this unit will only be
successful i # is capable of explaining the influence of
particle size and size distribution on the bubble hydro-
dynamics. Now, it is well recognized that the particle size
and size distribation affects significantly the maximum,
or equilibrium, bubble size obtained in a Huid bed
{Chf’y and 50 it becomes apparent that the correct
modelling approach would be to make proper aliowance
for the growth ol bubbles above the distributor, limited
10 the maximum, stable, bubble size,

MODEL DEVELOPMENT

We choose the two-phase model for describing the
Huid bed reacior, foliowing in essence the approach of
May'® and van Deemier’. The two “phases™ are
identificd as follows {see Figure 2}

~-the “dilute” phase consisting of bubbies fraversing
up the ¢olumn in plug fow, and exchanging gaseous
specics with

-—the “dense” phase consisting of the solids {e.g
catalyst) kept in suspension by gas at a velocity Uy, The
remainder of the gas, al a velocity ({/ — Uy) flows up
through the “difute” or bubble phase. The dense phase
of solids and gas are assumed to be backmixed with an
axial dispersion gocfficient D,

0253-8762:8R /863 60 + .05
£ Insutution of Chemical Engincers


http:0263~87f:.2i88;$OS.OO

d64 KRISHNA
o 1 CONVERTEE GAS
| . cpvERsion +I
f ;
BHUTE EMULBIGER
Py o8 oR
BUBBLE DENSE
PHASE L— PUHABE
/ ' 9 ¢
SHELL CHLORIME RIS .
.,/ "
u o 02 mAa 1 Cux
i reiom Hnm”
by = 2 80 sLUE AXIALLY
FLOW MSPERSGED
LSS &
SEREE SAS
% FMER i< Rapmi :
bbbttt - ——— -
-~ ' . i =ty ey
-y [ i W

Fizure 1. Conversion of HCI a3 a function of % fines, oblained m 2
commereial Anid bed reaclor (De Vries et al®)

We now take up the guestion of providing 2 more
detailed description of the above physical piciure 50 as
to aliow the prediction of the gas phase conversion in a
reactor of given dimensions, under specified operating
conditions.

Estimation of Bubble Size and Bubble Rise Velocity

Bubbles formed al the distributor suffer coslescence as
they rise up the column and therefore grow in size, There
are many bubble growth models {see CHiYY; we choose
here the model due (o Darfon et al' which has 2 simple
mechanistic base. According lo the Darton medel, the
diameter of a sphete having the same volume as the
actual bubble i given by the relation:

dy= o, (U~ Ug Y5 (h + by ) g 10 (H

where #, Is a constant, found by data fitting (6 be 0.34;
4 is the height above the distributor ard &, characterizes
the distributor inssmuch as i determines the size of the
bubble formed at the distribuior plate (A =8}

o 3, (U = U5 @

Far porous plate distributors Darton' calculates
o == 003 m and for operation at I/ = 0.2 m 5~ ' the value
of dy, = 0,01 m, Industrial distributors would give initial
bubble sizes larger than 00lm  say  between
002 - 0.1 m; e Clift%.

The bubble growth does not take place indefinitely
and there is sufficient evidence in the lerature to suggest
that, depending on the particle and particle size distribu-
gion, there exists a stable, squiibrivm, size for ihe
Bubbie, 4%, We shall denote the value of A for which
dy == (¥ as At le.

W (U — Ug)™ (™ + g )" g (3}

For values of » greater than A*, the bubble size stays
constant af the value &, given by squation (3), see
Figure 3,

[Ux SUP Gas
VELQGITY
ENTERING A%

Fivwre 3. Two-Phase modsl B fndired bed afler May™® and
van Deomtsrtt,

Werther” carried out extensive measurements in fluid
beds of different diameters and fousd that the sise
velotity of 4 bubble of & given size was dependent on the
size of the vessel Dp. The large scale eddies present in a
large diameter bed (the gize of the largest eddy is roughly
equal i the diameler of the vesseD tend to aseelerate the
bubble rise. In smaller sized columns this effect is present
only io a limited extent. On the basis of his experimental
data, obtained In beds rangsg from 0.1 to Im i
diameter, Werther’ proposed the following correlation
for the bubble rise velocity:

V.= /24, (4)
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Figure 3. Bubblp growth moddel for Auid bed wherein the growth is
resiricied o a dimmeter #f.
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where the constant ¢ is dependenmi on the column
diameter as follows:

¢=¢ for D;<01lm (5a)
¢=¢D} for 01D <Im (5b)
¢=¢, for D;>1m (5¢c)

where the constants ¢, and ¢, are:
¢ =1; ¢, =2.5 for Geldart type 4 powders
¢ = 0.64; ¢, = 1.6 for Geldart type B powders (6)

Careful measurements of the bubble rise velocity by
Roes and Garnier'? have provided independent support
of the use of the combination of equations (1}-(5) for
estimation of ¥, and also the superiority of the Werther
correlation over thc more commonly used expression
(see for example Davidson et al):

Vb=U_Ud|'+0'?1|\"'gdh (?)

Hold-up of “dilute” and “dense” Phases

The dilute or bubble phase hold-up, &, averaged over
the fluid bed height 4 is

1 H(U — Udl')
F o 2 " dA
£y, L A d (8)

Equations (1) and (4) may be substituted in equation (8)
to obtain the bubble hold-up; the integration must be
performed in two parts: 0 — &% and 4* — H, with the
restriction that in the latter region J4fF remains constant.
The results are given below;

€= [(H + )" — hJ°] for H Zh* (9a)

and
& = @[(A* + 1y ) — B°1I(3/5)
+a[(h*+ k) 1[H — h*] for H>h*
| (o)
where
ty=¢ ay WU - Uy)"H 'g=** 9c)

The important parameter 4, or equivalently the
equilibration height #*, must be determined experi-
mentally for any given powder. The procedure for the
determination of this parameter is discussed by Krishna®
and Roes and Garnier'? and consists of performing
dynamic gas disengagement experiments in a fairly large
scale diameter (preferably larger than 0.6 m) “cold flow”
simulation column. This type of experiments allows
direct detcrmination of &,, the dense phase expansion, ¢4
and the dense phase gas veloeity Uy. Fitting of a series
of £, — H dala allows determination of A%, or equiva-
lently 4¥. It is to be noted here that there are no reliable
models for prediction of ¢, and Uy and these have 1o be
determined experimentally by dynamic gas disengage-
ment experiments. The parameter Uy, is a particularly
important one for estimation of the interphase mass
transfer rates, as we shall see.

Roes and Garnier'? were able to correlate their &, data
successfully by use of equation (%), providing partial
support for the approach suggested here.
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Interphasc Mass Transfer

The gaseous mass exchange between the bubble phase
and the dense phase is the result of two, additive,
mechanisms of throughflow and diffusion (see Grace'®
and Davidson ¢t al’). The volumetric mass transfer
coeflicient k,a’, defined per unit volume of the bubble
phase, is given by:

k,a' =oaUyd, ' + a,dy (10a)
where
2,=714; w,=546Dgl [ﬂ] (10b)
14+c¢g

In the reactor model the dimensionless group which
quantifies the mass transfer effect is the number of mass
transfer units, NTU, defined as
kaH

2 (1)
b

where v is the fraction of the total gas flow which
traverses up the column in the form of bubbles:
v=(U—-Uy)U (12)

Since both k,a’ and V), vary up the height of the bed,
the integral average NTU may be calculated from

NTU=v

Yka’

NTU=vJ

0 b

dh (13)

Incorporating the relations (1), (4), (5) and (11) in
equation (13), the integrations may be carried out for the
two cases H < 4% and H > h* to yield:

NTU = a[hy ¥ — (H + hy) "]
+oglhg® — (B + 1) ¥*] for H £ h*
(14a)
and
NTU = Sl " — (h* + hy) 9]

+ 32000 ¥ — (* + ho) ]+ s (A* + o)™

+oaglh*+ hy) P H —h* for H>h*
(14b)
where
as=vayp g e U — Uy ) P Uy (14c)
and
2= V2,6~ g Pa (U — Uy) (144)

For the determination of NTU using equation (14) the
parameter inputs required are #* (or equivalently d¥), A,
(or equivalen.ly d,). Uy and the void [raction of the
dense phase .

Dense Phase Backmixing

While the fast rising bubbles traverse the column in
plug flow, the dense phase which derives energy from the
rising bubbles gets “churned” up. The size of the eddies
which causes this churning or mixing process is limited
in size by the diameter of the vessel. Thus larger diameter
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vessels experience a much greater mixing effeet. From a
scale-up point of view Iy mixing effect is vital as it has
an impact on the conversion achieved i a fluid bed of
a given height, The dimensionless group charaeterising
the extent of mixing or siaging in the dense phase 5
ANMU the number of mixing uniis:
., UH

NMU 7.
where £, i ihe axial dispersion coeffieiant, @ reasonable
estimate of whieh, for design and scale-up purposes, can
be obtained from the Baird and Rice™ corrsiation:

D, =035 Uy pi> {16}

The Faetor ¥ equation (15) represents the fraction of
the 1otal reactor volume oeecupied by the dense phase
gas: this can be calculaicd from the bubble hold-up, &,
(cf. equations (8). (9)) and the dense phase expansion ¢y

(15}

F=0d gy~ ppip, YO+ €] (7
whare the {oral besd expansion ¢ is given by
£ == (e + e 3~ €} {18}

Figure 4 shows some typical ¢gleulations of NAFL7 as
a funciion of the reactor digmeter Dy, For NAFE values
less than about 1, the dense phase may be considered 10
be completely well nvixed; this sifuation is typical of large
digmeter industrial fluid beds with A3, of less than
abont 2. Small diameter {e.g. pilot plant) reactors having
fluid bed heights of 2-3m may have NAMU values
exceeding about 3 and the dense phase may be consid-
ered to be in plog flow, with conseguen: beneficiat effect
on the reacior conversion, This & 2 vital aspeet (o be
teekoned with in scale-up from pilot {0 ¢cormmercial seule
operation.

Number of Reaction Usits

For a first order irreversible rpaetion, the dimen-
storiigss group which describes the reaction rate is ¥R,
the number of reaction units:
_ kgH

(1 4+ e}t

which &, is the firsl erder rate constant as would be
determmed in 5 packed bed microflow reactor and
defined in terms of the volume of a packed bed of
particles.

(19)

Miathematical Model

The differential equations describing the variation of
the mwodel fractions of component 4, which undergoes
irreversibie first-order reaction om the solid particle, for
the dilute and dense phases are;

de’ ! NTU (3~ x) =0 203
di *
angd
E  NMUG— »,ﬁ-...
dit
— NMUNTU + NRU)x" + NMU NTU x* =0
{21}
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Fiptre 4. Number of mixing units M348/ a3 a function of Soid bed
hieighl and dizmeter.

with the boundary conditions:

Infet (£ w0)
x’ = x’
gm it =0
= % {esiering gas composition) {32a)
x.:,‘ e xnl
gxn- §=3*
[ f dx"”
— SR Sl —— 2%
=y [&gw] T (225
Ourtlet (¢ = 1}
dx’ ! dx" |
S =i
A
Kot = *x’l A {1 v}x (22¢)
fad |¢ i
The conversion of 4 is then
X i ”""xoai;xiz {23}

The conversion of species 4 undergoing the first order
irreversible reaclion is seen from equations {20023 to
be a function of four dimensioniess groups: v, NTU,
NMI gnd NRU. The number of transior units ¥TU, in
particular, varies along the height of the column, If the
integral averaged vaiue NTU, of. equation (14), then the
set of equaticns {203{23) may be solved analyticaily™.
We present below the solutions in two cases of practics!
interesi: {i} the general case in which the dense phase is
axially dispersed with a dispersion coefficient £3,, and (i)
the case in which the dense phase is completely mixed,
of intgrest for large seale industrial reactors.

(i} Axiafly dispersed dense phase
> & .
=1 - e {f - v} fexpld
Sl () w0 e
{24)
Chem Eng Res Des, Yol. 86, September 1988
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where the following parameters have been defined:

e NTLv: aymay, by e (] — vINMU,;
byw - NMEINTL 4 NRU)
Byw ~ NMUNTU {25

4 are the moots of the cubic equation:
A e, 4+ b AT 4 (e h, B2 e B - ab =0 (26}
The matrix 1] has the elements:
gy ey {A A ly gy = (0 B Yhy

a5 =hepli j=1.23 an
and the plemenis N, are given by
N, = Gn Gn  #o #n (2%a)
dn dn gy gy
Ny = Gir Fup M 4o 285}
b g gy &y
N, = gn dxn a4 (38c)
u s 4n G

(1) Completely backmixed dense phase

Here the composition of the dense phase x” is uniform
everywhere inside the reactor and given by the overall
material balance as

r

;:_ = y/NRU 29)

and the conversion is given by
o {t—vexp{—a,JNRU

L= s NRU — v exp{—a,)

where 4, is defined by eguation (25).

(30)

RESULTS OF SIMULATION OF THE SHELL
CHLOKINE FROCESS FLUID BED REACTOR

De Vrigs et al® give resulls of the conversion of HC
obtained on oxidation by alr to produce €L in & fuid
bed reactor using silica catalyst (Shell Chiorine Process);
see Figare 1. Data on the flyddisation characteristics of
the silica catalye! were also determined in “oold flow”
mode! experiments in beds of diameters 86 and 1.8 m
{see De Groot® and De Vres ¢t 2% From the das
available in these papers the following Buudization
paramelers, properiics and ratk constaniy wers faken in
the calculations:

=02 k=05 po=s00kgmm;
g, = 1200kgm °; Uyu=00Ims";
Dy=33mws ™ k=065,

Tweo imporanl parameters JF and o, are stil un-
known. For a porous plaie distributor, used in laborato-
fes, the value of 4, for aperation st [V =02ms "’
works out to 0.01 m following equation €2). Industrial

distributors can be ¢xpected to produce imtial bubble
sizes larger than .00 m. As sufficient data on the

Chem Eng Res Des, Vol, 66, September 1988
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Figure 5. Resuhs of stmadations of reacior eonversion a5 a function of
the equilibrivin bubible size F2.

partieular distributor used in the Shell Chlorine Process
are not available, the simulations were performed for 2
range of dg values 6.61 —~ 0.08 m, which should cover the
expected rangs for industrial umits®. For any chosen
value of 4y the equilibrium stable bubble size was varied
aver the range of values and the conversion obiained was
calcuiated using the analyiic solution given by equation
{24), the calovistions arc presented in Figure 5. The
sirpng dependence of the conversion level on 4¥ and o,
values is emphasized by the resulls of Figure 5

From the ohaerved dependence of the % conversion
an the % fines {of., Figure 13, we may relate d% to the %
fines, for any chosen value of 4 this leads to the resalts
shown in Figure 6. The interprefation of Figure 6 15 a8
foltows: if the dependence of 4 on % fines, for any 4
value, 5 as shown in Pigure 6, then the influenee of %
fines on the degree of conversian as depicted in Figurg
1 can be rationalized, The simulation model presented in
thiz paper is considered to be a realistic one because of
the following two reasons:

{ij Figure & shows that increase in % fires decresses
&%, This trend (s in Hne with the known physical sffect
of fines addition which tends o reduce the siabiliey of
bubbles leading wo a smaller equitibrium bubble size®,

(i} The ranpe of 4% values obuined in Figure 6,
011017 1 is within the range of equilibrium bubble
sizes 10 be expected for fine particles of average particle
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Figure 6. Equilibrium bubbie size as a funcizon of % faes obiainesd on
comparison of sitautaiion revuiis of Figure 3 with plant daa of
Figure 1.

sizc of about B0 xm {sec CHFY). This provides indirect
confirmaiion of the model developed in this paper.

For g priori prediction of the behavienr of large
industdal reactors B ig clearly necessary 10 have good
estimates of both 4 sad 4, By performing a series of
dynamic gas disengagoment experiments with the aotual
distrgbutor to be used, it is possible to fit the &, — o dam
to determine hoth ¥ and 4y, the procedure is along the
lines suggested by Roes and Garnier™,

The model developed in this paper ¢an also be used to
demonstrate the enormous influence of the column
diameter on (he achievable conversion in g fluidized bed
reacior. To demonstrate the influence of the scale of
operation, caloulations were performed for two units,
both carrving oul the oxidation of H{UY 0 produce Cly:

(i} a pilot plant wale reactor of diameter Py =02 m
fitted with a porous plate distributor giving di, = 0.01 m,
and

(i} a2 commercial seale ovnit of diameter Dy =2%m
(corresponding to the Shetl Chlorine Progess®), with a
gas distributor device yielding dyg = 0.04 m,

In both resctors the equilibniwn bubble size {de-
pendent on the particle size and size digtribaton, as-
sumed 10 be iientical in the two cases) was resinicted o
§.12 m. The conversions obtained in these two reaciors,
as a function of expanded bed height #, were calculated
asing equation (24) and are shown in Figure 7. The
enormogny infigence of the scale of operation s evident
on examination of Figure 7; for example to achicve 95%
conversion in the pilot scale wnit, an expancded bed
height of 5.8 m is sufficient whereas in the commercial
scale unit an expanded bed height of 10.2 m is required
to achieve the desired 95% conversion level, It is inter-
esting to note that the Shell Chlorine Process was
designed for 95% conversion level and had an expanded
bed height of 10 m, pointing 0 3 pood appreciation of
the seale-np problems with fuid beds.

CONCLUDING REMARKS

Using the Diarton bubble growth model, the Werther
rise velocity correlation and the Davidson model for
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Figure 7. $ufloence of Smd bed diameter on the conversion achieved
in the Huid hed provess for oxidadon of HUL

interphase masg iransfer, we have assembied together a
usable mode! (or simulation and design of fluidized bed
reactors. The results of the model simulations for the air
oxidation of H{Y have highlighted the strong influence
of bubble properties, especially the equilibrizm bubble
size, on the fuid bed performance. 11 s recommended
that for design and scale-op purpases of new procasses,
the important parameters such 38 dp, 4F and Uy be
determingd in vold fow experiments {($ynumic gas disen-
gagement}) in columns of sufficiendy large size say
greater than .8 m.

SYMBOLS USED

paramelers defined by squation (253 { — 1§
a interfacial area per usit volume of gas dispersed in the
form of mbbks [P 7

B, by, b paratneters definad by egaalion (35} { —1

&, iammeter of 2 sphere hoving the ssme vohume s the
bubbls in 2 Suidized hed fml

dy Jinmerer of the pubble formed i the distribuior plate,
F o 3 o]

df mazimuom stabie bubbip sz, atiaiasd #t 2 heighl 4*

- abave the dissribuior plase im}

d mean particle size [m or g

FA axial dispersion coefficient ol the dense phase in a
Auidized bed [m*s™'|

B, molecudar diffusion coefficiens of the gaseous diffusing
specien [mis™Y]

By dizmeier of Ruidized bed f)

F fraction of wial reector sivupied by ke dense phase
gas, given By squalion {17}

E graviiationa) acelerstion BAlmy 7

& height of Auidized b meszured above the distribanor
o}

N heighi parameter characiznging the  distnbsiorn,
defined by squalion £2} (m]

it height abeve the distribuicr 2l which Llhe bubbies
allain their maxirmum stable babble size ¢ [m]

H height of expanded Ruidired hed [m)

Chem Eng Res Des, Vol. 66, September 1988
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volumetric muss fransfer coefficiens e bubbledo-
dense phase, wansie, deflosd per set volume of
sfispersed bubbles ')

first peder rosction i conslent, sdefined per weit
vohume packed bed volome Ho® reacied) 08 packed
bl s ]

pzapesers defined by equations {28} [~}

number of maxing ooits, defined by squation (151
manber of mass taosfor units, Jefined by oquation
{1

sumber of reachon ueits, defined by equation {39}
mutrix with clements given by sguation (273 {~]
superrhcial gas velooity fm s

veboeity {hased on column croseserhouat areal of gas
flowing through ihe deuse phase fms ¥}

absulgte Hse veloaty of bubbles tma—'

mole fracuon of reactant spedtes 4 |-}

mele fraction of reacmal e dleie phase [—]

mole fracston of veatsant in dense phase [~

male fraction of reactant i erfeting gas | — |

male fraglion of resciant i gak keaving lhe réscar | - |

gonstant in Darton’s hubble growth corrciation, egus-
tion (1) & =054

wonsiant defined by eguaiion {9¢)

vonstant defingd by equation {i0b}

congigrt defined by equaiion {10k

vonsiant defined by equation {i4c)

sonslant defined by equation {14d}

exprinsien of fluidized bed with respect to settied bed
[}

bubhle phase hold-up as fraction of total fuid bed
yolarme [ — |

expangion of dense phuse with respect to settled bed
f-]

yoid fraction of the dense phase [ ~]

roots of the cubic equation (26} [ —]

fraction of pas flowing through the bubble phase,
equation (L% [~]

fractionzl heiphl, § =Hi& =]

tulk density of particles kgm *]

particle densily [kgm ]

Werther sise velovity constant, defined by equaiion (5)
i1

conslanis given by equation {6} | —1

frsctional conversion |~}

denoies integral heighr-averaged value
Tefers |0 dilmie oy bubble phase
efers 1o dense phase
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