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SIMULATIO~ OF AN INDUSTRIAL 

FLUIDIZED BED REACTOR USING 


A BUBBLE GROWTH MODEL 
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INTRODUCTION 
Fluidized bed reactor modelling has been the suhject of 
numerous papers and books; see for example the recent 
works of Davidson, Clift and Harrison'! and Geldart{. 
There is general agreemenl that the models have to take 
proper account or bubble bydrodynamics, especially the 
phenomena of bubble growth (Krishna\ van Swaaij", 
Werther,). 

Use of the bubble growth models requires informatlOn 
on several parameters characterizing Ihe solids and the 
vessel; a priori estimation of these modeJ parameters is 
not possible in general and it is generally agreed that 
!hesc will need to be measured in "cold flow" experi­
mental units of a reasonably large :,12'c say greater than 
0.6 m in diameter (Krishna'), 

1n this paper we develop a simulation model for an 
industrial fiuldiz-ed bed reactor carrying cut a first order 
irrcvef$ible reaction, The model is used to simulate the 
behaviour of an industrial fluid bed reactor for the 
oxidation of Hel to pl'(lduce CI), the data for which has 
been published by De vries et al~. The simulation of the 
performance of this industrial reactor (ofdiameter 2.9 m 
and expanded height 10 m) should prove to be a good 
test of the physical model chosen for the reactor in view 
of the very strong influence observed for the influence of 
"fines", i.e. catalysts smaller tban 44 )lm, on the con­
version levels achieved; sce Figure L Thus, IInder nearly 
identical operaling conditions, (he gas phase conversion 
falls from 95.7%, 10 only 91 % when the % "'fines" in the 

vessel decreases from 20% (0 7%. Even without a deeper 
analysis, it should be apparent that the chosen model for 
simulating the performance of this unit will only be 
SUC<::eliliful if it is capable of explaining the influence of 
particle :size and size distribution on the bubbJe hydro­
dynamics, Now, it is well recognized that the partIcle size 
and size distribution affects significantly lhe maximum, 
or equilibrium. bubble size obtained in a fluid bed 
(Clift;') and so it becomes apparent that the correct 
modelling approach would be to make pf(lper allowance 
for the growtb of bubbles above the distributor, limited 
to the max.imum. stable, bubble size. 

:>!ODEL DEVELOPMEr., 
We choose the two-phase model for describing the 

fluid bed reactor, rollowtng in essence tbe approach of 
MayW and van Deemter tl

• The two "phases" are 
identified as folJows (see Figure 2): 

~the "dilute" phase consisting of bubbles traversing 
up the column In plug flow, and exchanging gaseous 
species with 
~the "dense" pbase consisting of the solids (e.g. 

catalysl) kept in suspension by gas al a velocity Udf • The 
remainder of the gas, aL a veiocilY (V - Udf) flows up 
through the "dilute" or bubble phase. The dense phase 
of solids and gas are assumed Lo be back mixed with an 
axial dispersion coefficient D". 
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Fi;lure l. Conversion of HCl a~ a function of % tines, obtained in it 
commercial ftnid bed reaclor (De Vries el .11'.) 

We now take up the question of providing a more 
detailed description of the above physical picture so as 
to allow the predtctlOn of the gas phase conver5ion in a 
reacwr of given dimensions, under specified operating 
conditions., 

Estimarion of Bubble Size and Bubble Rise Velocity 

Bubbles formed at lhe dislribulor sulfer coalescence as 
they rise up the column and therefore grow in size. There 
are many hubble growth models (see Clift}); we choose 
here the model due to Darton et aJ! which has a simple 
mechanistjc base. According (0 the Darton model, the 
diameter of a sphere having the same volume as the 
actual bubble is given by the relation: 

d.=crl(U U~r)l/~(h+hS'lg I,' (I) 

where -Xj is a constant. found by data fitting (0 be 0.54; 
h is the heigru above the distributor and hq characterizes 
the distributor inasmuch as it determines the size of the 
bubble formed at the distributor plate (it = 0): 

dw = :to (U - Udff'~h~'~ g -;:5 (2) 

For porous plate distributors. Darton I calculates 
ho = 0.03 m and for operation at U """ 0,2 m S-I the value 
of d~ = 0.01 m. Industrial distributors would give initial 
bubble Sil-eS larger than 0,01 m say between 
0.02 ... 0.1 m; ~ Clift9. 

The bubble growth does not take place indefinitely 
and there is sufficient evidence in the literature to suggest 
that. depending on the particle and particle size distribu· 
tkm,. there exisl,> a stable, equilibrium, sjze for the 
bubbie, de. We s.hall denote fhe value of h for which 
db = d: as fl·, i.e. 

d: = ctl(U - Udf/':l(hf' + ho)41~g 1,:< (3) 

For values of h greater than it·, the bubble silA! stays 
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Werther? carried out ex.tensive measurements in ftuld 
beds of different diameters and found that the rise 
velocity of a bubble ofa given size was dependent on the 
size of the vessel DT • The large scale eddies present in a 
targe diameter bed (the size of the largest eddy is roughly 
equal to the diameter of the vessel) tend to accelerate the 
bubble rise. In smaller sized columns this effect is present 
only to a limited extent. On the basis of his experimental 
data. obtained in beds ranging from 0.1 to 1m in 
diameter. Werther' proposed the following correlation 
for the bubble rise velQcity: 

(4) 

T.'" T • 

" 

...r,"''''' 
';i>'~::';;4-- BUBBl£: PHASE 

tENSE PHASE 

I I 1 

'" 
constant at the value dt, given by equation (3); see Fi!;tJfl' 3. Bu:::>ble growth model for fluid ~ Vl-ncrejn the growth i~ 

Figure 3. re'£lrlcled IQ li diameter d~. 
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where the constant ¢ is dependent on the column 
diameter as follows: 

¢=¢I for DT:;;:;;O.lm (5a) 

¢ = ¢lD~' for 0.1 ~ DT ~ I m (5b) 

¢=¢2 for DT> 1m (5c) 

where the constants tPl and ¢2 are: 

tPl = 1; ¢2 = 2.5 for Geldart type A powders 

tPl = 0.64; ¢2 = 1.6 for Geldart type B powders (6) 

Careful measurements of the bubble rise velocity by 
Roes and Garnier12 have provided independent support 
of the use of the combination of equations (1}-(5) for 
estimation of Vb and also the superiority of the Werther 
correlation over lhe more commonly used expression 
(see for example Davidson et af): 

Vb = U - Udr + 0.711 j'id;, (7) 

Hold-up of "dilute" and "dense" Phases 

The dilute or bubble phase hold-up, (b' averaged over 
the fluid bed height h is 

(8) 

Equations (I) and (4) may be substituted in equation (8) 
to obtain the bubble hold-up; the integration must be 
performed in two parts: 0 - h· and h· - H, with the 
restriction that in the latter region d: remains constant. 
The results are given below: 

(b = 1X2[(H + ho)J/~ - h~'~] for H ~ h· (9a) 

and 

C = 02[(h· + hoY':) - h~/l]!(3/5)b 

+c.r:J(h·+ho) 2':S][H_h·] for H>h" 

(9b) 

where 

1X2=¢-llXil.'2(U-Udly.'5H 19 -2il (9,) 

The important parameter d:, or equivalently the 
equilibration height h", must be detennined experi­
mentally for any given powder. The proeedure for the 
detennination of this parameter is discussed by Krishna l 

and Roes and Garnierl2 and consists of performing 
dynamic gas disengagement experiments in a fairly large 
scale diameter (preferably larger than 0.6 m) "cold flow" 
simulation column. This type of experimems allows 
direct detcnnination of Cb , the dense phase expansion, £dr 
and the dense phase gas veloeity Udf. Fitting of a series 
of (b - H data allows detennination of h·, or equiva­
lently d:. It is to be noted here that there are no reliable 
models for prediction of £dr and U~[ and these have to be 
detennined experimemally by dynamic gas disengage­
ment experiments. The parameter Udf is a particularly 
important one for estimation of the interphase mass 
transfer rates, as we shall see. 

Roes and Garnier l1 were able to correlate their (b data 
successfully by use of equation (9), providing partial 
support for the approach suggested here. 
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Interphase Mass Transfer 

The gaseous mass exchange between the bubble phase 
and the dense phase is the result of two, additive, 
mechanisms of throughflow and diffusion (see GraceD 
and Davidson et all). The volumetric mass transfer 
coefficient kgo', defined per unit volume of the bubble 
phase, is given by: 

kgo' = "-JUdrdb 1 + 04dbli' (lOa) 

where 

"-J = 7.14; 1X4 = 5.46D~lgl/4 [1 £dr ,,] (lOb)
+ Cdr 

In the reaetor model the dimensionless group which 
quantifies the mass transfer effect is the number of mass 
transfer units, NTU, defined as 

k o'H 
NTU=~'-'-- (II) 

V" 
where v is the fraction of the total gas flow which 
traverses up the column in the fonn of bubbles: 

(12) 

Since both kgo' an~vary up the height of the bed, 
the integral average NTU may be calculated from 

(13) 

Incorporating the relations (1), (4), (5) and (II) in 
equation (13), the integrations may be carried out for the 
two cases H ~ h· and H > h· to yield: 

1ilNTU = "-s[h0 _ (H + hO)-liS] 

+ (ldho2/l - (H + hal-liS] for H:;;:;; h· 

(14a) 

and 
lilNTU = 5lXj[ho - (h· + ho)· 1/51 

+t"-6[hii 2/} - (h· + ho)-21l] + (lXj(h. + ho)-6/S 

+ 1X6 (h· + ho)- 7il][H - h.j for H > h· 

(14b) 

where 

c.r: = VCZ 1¢-1 g-I/.I CZj 3i2(U - Udf)-J/lUdr (l4c)s 

'nd 
CZ = V ct. ¢ - 1g -J:·10 czi 7:·4 (U - U ) -7/10 (l4d)

6 dr

For the determination of NTU using equation (14) the 
parameter inputs required are h· (or equivalently d:>, ho 
(or equivalen.ly d.r/J), Udr and the void fraction of the 
dense phase Cdr. 

Dense Phase BackrnixinK 

While the fast rising bubbles traverse the column in 
plug flow, the dense phase which derives energy from the 
rising bubbles gets "churned" up. The size of the eddies 
which causes this churning or mixing process is limited 
in size by the diameter of the vessel. Thus larger diameter 
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vessels experience a much greater mixing effect, From a 
scale-up point of view this mixing effect is vital as it has 
an impact on the conversion achieved in a fiuld bed of 
a given height. The dimensionless group characterising 
the extent of mixing or staging in the dense phase is 
NMU, the number of mixing units: 

NMU~ UH (15)
fD~, 

where Dll is the axial dispersion coefficient. a reasonable 
estimate of which, fm design and scale-up purposes, can 
be obtained from the Baird and Ricel~ correlation: 

(16j 

The faetor fin equation OS) represents the fraction of 
the total reactor volume occupied by the dense phase 
gas; this can be calcukded from the bubble hold-up, (b 

(cf. equations (8), (9)) and the dense phase expanSiOn Cd,: 

f=(l+(d' Pb;PI'V{l+<i (171 

where the toral bed expansion ~, is gf"en by 

C"'(fb+Edf)/(l (0) (18) 

Figure 4 shows some typical calculations of NAIll 85 
a function of the reactor diameter D,. Fm NMVvalues 
less than .about 1, the dense phase may be considered to 
be completely well mixed; this "ituation is typical of large 
diameter industrial fluid beds with H iD7 of less than 
about 2. Small diameter (e.g. pilot plant) reaClOrs having 
thud bed heights of 2~3 m rna)' have NMU values 
exceeding about 5 and the dense phase may be consid­
ered to be in plug flow, with consequent beneficial effeet 
on the reactor conversion. This is a vital aspect to be 
reekoned with in scale-up from pilot to commercial scale 
.operation. 

Nl,lmbef' of Re.ctioD Units 

For a fir~t .order irreversible reaction, the dimen­
sion]e'>s group which describes the reaction rate is NRU, 
~he number of reaction units: 

NRU = ....krhH (19)
(l+,jU 

which kpo is the first order rate constant as would be 
determmed in a packed bed mi<;rofiow reactor and 
defined in terms .of the volume of a packed bed of 
particles. 

;\-lathematical M4)dd 

The differential equation'$ describing the variation of 
the mode1 fractions of component A, which undergoes 
irreversible first-order reaction on the solid particle, for 
the dilute and dense phases are; 

,\/,'-1[;,(1 \.')--... 

~~' +~NTU(X' x")=O (20j 

and 
d1x R dx" 
d~! de, -

­
-- NMU (NTl; + NRU)x" + NMU Nn; x' = 0 

(21) 

TCENSE P~I\K 
i to,.PLETEl1' 

I ""'x£o 

r 

FLVIO O£:) "!'GrlT,'1,..-
Ffgw-e 4. Number of mWng umt~ ,... ...,v a~ i'i function or fiuid bed 
heitl;hi and d=neler. 

with thc ooundary conditions; 

Inle! (~ = 0) 

x'l ~ x'l
,'~(I- ~~o-

= x", (entering gas composition) (22.) 

{22b) 

, 

X"",=l'X "I +( l~ ph;. (22c) 
~~ I I~~! 

The convcrsion of A is then 

(23) 

The conversion of species A undergoing the first order 
irreversible reaction i.s secn from equations (20}-(23) to 
be a function of four dimensionless groups: v, NTU, 
NMU and NRU. The number of transfer units NTU, in 
particular. varies along the height of the column. Jf the 
integr.il averaged value NTU. cf. equation (14), then the 
set of equations {20}--(23) may be sol"\."ed analyticallyl!. 
We present below the solutions in two cases of practical 
lnterest: (i) the general case in which the dense phase is 
axially dispersed with a dispersion coefficient DIU and (ii) 
the case in which the dense phase is compJclely mixed, 
of interest for large scale industrial reactors. 

(i) Axially dispersed dense phase 

,CN,[(a,)X = 1 L ~.- v -- -HI
,ml!QI. )..,+a] 

(24) 
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where the fQlIowing parameters have been defined: 

fJj=NTUiv; (1]=al; hl=-(i-v}NAfU, 

b1 = NMU(NtC! +NRU) 

(15j 

~ are the roots of the ,""Ubi\: equation: 

).) + (U j + bl»). ~ + {alb) + b:J»). + (alb] ~ a,fry) = 0 (26) 

The matrix {Q] has the elements: 

ijl; =UtiO)+ ad; q;'---(;"j+b,)!o,; 

(hj A) expO}, j = L 2,:1 {27} 

and the elements N, are given by 

tV) (2&1)= I::: :::1-1::: :::1 
~-I~ ~1_lfu '" ...·1 ~~ ~ q;) q-;: q'i) 

(28e) 
. q" ql1 (jJI q)lN, -I'" '"I-I''' '''I 

(il) Completely backmfxcd dense phase 
Here the composition of the dense phase x" is uniform 

everywhere inside the reactor and given by the overall 
material balance as 

(29) 

and the conversion is given by 

(I - v exp( -Qj»NRU 
(30j

I..;. NRU ---." exp( -81) 

where OJ is defined by equation (25). 

RESLLTS OF SI"ruLATION OF THE SHELL 
CHLOItI!'lr!'E PROCESS FLUID BED REACTOR 
Dc Vries e! al~ give resulls of the conversion of Hel 

obtained on oxidation by air to produce CI} in a fluid 
bed reauor using silica catalyst (Shell Chlorine Process); 
see Figure 1. Data on the flui.dization characteristics of 
the silica catalyst were also determined in "('old flow" 
model experiments in beds of diameters i16 and 1.5 m 
(see Dc Grootl6 and De Vries et aIs). From the data 
available in these papers the following fluldizatton 
parameters, properties and fate constants were laken in 
the calculations: 

£d = 0.2; [~~=0.5; Pb=600kgm-\ 

P,,= 1200kgm J; Ud(=O.Ol ms~ 

DG=35mm:s~; kpb=O.6s- '. 

Two imponant parameters d: and dw are still un· 
kno.....n. For a porous plate distributor, used in laboratO~ 
ries, the value of dy, for operation at L' = 0.2 m 5. 

works out to 0.01 m following equation (2). Industrial 
distributors can be expected to produce initial bubble 
sizes larger than 0,01 m. As. :;uifwient data on the 
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Figllre 5 Rc&uh.> of simulalion~ of reactot co.n~'C/'3ion a~ a function of 
the equilIbrium bubble mze d~. 

particular distributor used in the Shell Chlorine Process 
are not available, the iimulations were performed for a 
range of dtJ) values O.ot ~ 0.08 m. which should cover the 
expected range for industrial units~. For any chosen 
value ofdw the equi.librium stable bubble size was varied 
oyer the range of values and the conversion obtained was 
calculated using the analytic solution given by equation 
(24); the calculations are presented in Figure 5. The 
strong dependence of the conversion levet on d: and dw 
values is emphasized by the results of Figure 5. 

From the observed dependence of the % conversion 
on the % fines (cf. Figure 1), we may relate d: to the % 
fines, for any chosen value of dt<t; this leads to the results 
shown in Figure 6. The interpretation of Figure 6 is as 
follows: jf the dependence of d~ on % fines. fOT any d.,.;: 
value. is as shown in Figure 6, then (he inftuenee of % 
fines on the degree of conversion as depicted in Figure 
1 can be rationalized. The simulation model presented in 
this paper is considered to be a reali~[ic one because of 
the following two reasons: 

(i) Figure 6 shows. thar increase in % fines decreases 
d~" This trend is in line with the known physical effect 
of fines. addition which tends to reduce the stability of 
bubbles leading to a smaller equilibrium bubble size~, 

(u) The range of d: value~ obtained in Figure 6, 
O.11~.17 m is within the range of equilibrium bubble 
sizes to be expected for fine particles of average particle 
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Figure 6 EquHibriull: bubble 5izc as a funcllon or % fJlfH obtained on 
compe-rioon of ~imuhtlion msu!fi of f:gure .s W1.th plal'.! data or­
Figure L 

size of about 80pm (see Oiffi). This provides indirect 
confirmalion of the model deveJoped in this paper, 

For a priorI prediction of the behaviour of large 
industrial reactors it is clearly necessary to have good 
estimates of bolh d: and dw < By performing a series of 
dynamic gas disengagement experiments 'With the actual 
distributor to be used. it is possible to fit the [b - H data 
to determine both d: and tiM» the procedure is along the 
lines suggested by Roes and GarnierH. 

The model developed in this paper ean also be used to 
demonstrate the enormous influence of the column 
diameter on the achievable conversion in a fluidized bed 
reactor. To demonstrate the influence of the scale of 
operation, calculations \\'«e performed for two units, 
both carrying out the oxidation of HO to produce Cll : 

(i) a pilot plant scale reactor of diameter Dr = 0.2: m 
fitted with a porous plate distributor giving dw•= 0.01 m, 
and 

(ii) a commercial !lCale unit of diameter D, = 2.9 m 
(corresponding to the Shetl Chlorine Process8), with a 
gas distributor device yielding d~ = 0.04 m, 

In bolh reactors the equilibrium bubble size {de­
pendent on the particle size and size distribution, as­
sumed to be identical in the two casesi was restricted to 
0.12 m. The conversions obtained in these two reactors, 
as a function of expanded bed height H, were calculated 
using equation (24) and are shown in Figure 7. The 
enormous influence of the scale of operation is evident 
on examination of Figure 7: for example to achieve 95°/Q 

conversion in the pilot scale unit, an expanded bed 
height of 5.8 m is sufficient whereas in the commercial 
scale unit an expanded bed height of 10,2 m is required 
to achieve the desired 95% conversion leveL It is inter­
esting to note that the Shell Chlorine Process was 
designed fot 95%, conversion leve! and had an expanded 
bed height of 10 m. pointing to a good appreciation of 
the scale-up problems with fluid beds. 

CONCLUDING REMARKS 
Using lhe Darton bubble growth modeJ, the Werther 

rise velocity correlation and the Davidson model for 

t,-".F",,"-'TlC~ _lto>O!l 

N" 
<J~"J>'~'(;i,t;;' "os". 

," '!,,<tU:lI ..... , ~,v.t ....2t.."'l.;;,. 

""" °~p, '. ,-..,!.JI '\ • 1tO'''....~, 

~".L"""T 
0t'~·h, ,\:0(14"" ';_;;"" 

FigJ>~ 1, Influence uf'ftuid bed diameter ou ibe ;;ol:vemoll achie~ed 
in [hI: fluid brd procesz for oxidation of HQ. 

intf'Illhase mass transfer, we have assembled together a 
usable model for simulation and design of fluidized bed 
reactors. The results of the model simulations for the air 
oxidation of He! have highlighted the strong influence 
of bubble properties, especialJy the equilibrium bubble 
me, on the fluid bed performance, It is recommended 
that for design and scale-up purposes of new processes, 
the important parameters such as ai$!, d: and UrN be 
determined in cold flow experiments (dynamiC' gas disen­
gagement) in columns of sufficientlY large size say 
greater than 0.6 m. 

SYMBOLS USED 

.'a,. il, parilmeler~ defiQed by equallOn tlSj [ - J 
inlerfacial area p&C unit vutume of bits diSpersed if: the 
form of bubbks 1m: m -'J 
parameters. deJinoo by equation (25) f -1 

diameter of 1I !phere M¥ing lhe same volume liS the 

bubble in li llvidiud bed (m] 

diamerer of lhe bubble formed at the: distribulor plate. 

if =0 iml 
miU.lmum Mable bubble I\izc, alU1imd lU a hcig!lt P 
abo\\' (he dis,ribulof plale lm) 
moon particle me [m or /1m] 
axial disper~iun coefficient of the deme phase in a 
fluidized bed [mls~JI 
molecular dilTU$ion rot!fficient or the gll5eous dilfumn,!: 
speciell Im's~ll 

J), diameler of lluidized bed lmJ 
j fnlGtlDIi oi WllIJ reactor occupied b} the der.se phase 

gas, gi'ml by l:Qualion (111 
g gH.... IUllcmal acceierallOll 19JH m ;;-21 
h height or flllidin:d bed meas.ured abo~-e the distributor 

Iml 

'" 


hcighJ. plIran:eo:er thllIaGltrit.ing th€ ejstnlmtOI, 

defiued by equatioll (2) (mJ 

height above lru: diu:ibmN UL which lru: hubbies. 

albin lheir maximum Mable bubble size d: 1m] 


II heigh, of expaoded fiuidircd bed 1m] 
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"ohunetnt !.\laM trar\$fM' coefficient for bubblc--to­ REFERENCES 
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volume packed bed I/ol~ Rm' teru:\ed} {m' packed 
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N" Nl , N, 
NMU 
NTli 

plilamete~ delillt'd b)' equations (18) [ ~ 1 
number or mu:ir,g nom. defillt'd by equation (J 5)1-J 
tiWllber of maJlS in:msfer units, defined by «Iuation 
(II)! 1 
number of fell,(~IOf, lltIlts.. defined hyequatino 09) [~ ] 
mati,~ whh demkllt~ gil/en by /rtivruivn (27) ( - J 
guperlkial !lll$ vtl,;,e:ty lm s~ll 
"doci!)" (based on ,;.(Ilumn cwn~rett.ooa' ,,!'tal of g;as 
flOWing through the dense phase ["t5 '1 
aboolutt: use 'l¢k>clty of !)ubbk1l!T,I~'1 
mole (racoon of reac:ront speci~ ,4. [ -1 
lUole :rUCoon ",f reaemn. in dilulf phase [ - J 
mole fra("lion of rearnnt in oenM! phase [ -1 
!TAle fracli"n of rcaelanl in ecJering !lllS : - ! 
!T.u:e fraclion of reactant rn gI!i! Jeavin,g lhe rtE(:Ulr l - 1 

oonmml in Darton'. bubble !l;t!)wth c!)rre1alion. equa­
lioll (I); "" = 1154­
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conslant defined by equalion (lOb) 

C!)nmlf.t defiru:d by equation (lOb) 

oonslanl dcfined by eqnation i141.:) 

oonstant defined by equation (l4<l) 

expansion of fluldiud !x:d whh respect to settled bed 

buJble phase hold-up as fraction of total fluid bed 
volume [-] 
cJ(pamion of dense pha!le with respoo: to settled bed 

H 
void fraction of the dense phase [ ~ 1 

roots of the cubic equalion (16) [ -] 

(facHou o( gas flowing- through the bubble phasr, 

equation (11) [~l 


fractiorutJ height. ~ = h/H [- J 

bulk density of partides [kgm ~I 

particle den5ity [kg rn J] . 

Werther rise velocity constant, de1i.ued by equation (5) 


I 	 1 
constants gi~en by equation (6) [ -I 

ft"c(ioWl.l con'o-ersion { -1 


denotes integra! heighr-averaged va!:Ie 

:refers to dilute or bubble phase 

refers 10 dense pha'ie 
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ADORE.'l.~ 
Correspond;;rn:,; con(;Cl"nlng ,hi. pup« s.hould be addrem:tl to Dr R. 
Krishna, Director_ Indian Jnslilule of PetTo:eum, Debra Dun 148005, 
India 
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