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Abstract

This paper presents a bifurcation analysis for synthesis of tertiary amyl ether (TAME) in a reactive distillation (RD) column. Two

different methods for describing the reaction kinetics are explored and compared: (A) pseudo-homogeneous models: here the intra-

particle diffusion and reaction is simplified by the use of catalyst effectiveness factors and pseudo-homogeneous rate expressions,

and (B) heterogeneous models: here detailed account is taken of intra-particle diffusion, using the dusty fluid model, and reaction

within the catalyst particles. Both pseudo-homogeneous and heterogeneous reaction models show the possibility of multiple steady

states. The bifurcation characteristics obtained with the two models are similar in nature and the essential features of the

heterogeneous model can be captured with the pseudo-homogenous model by defining an appropriate value for the catalyst

effectiveness factor, the value of which depends on the particular branch of the bifurcation diagram. The pseudo-homogeneous

model was then applied to study the dynamics of a TAME synthesis RD column. Starting at the low conversion steady state, a feed

composition perturbation is shown to lead to a transition to the high conversion steady state, in qualitative agreement with the

experiments of Mohl et al. (Chem. Eng. Sci. 54 (1999) 1029). The quantitative differences in the dynamic responses are to be ascribed

to imprecise knowledge of hydrodynamics, especially as concerns the static liquid hold-up in the RD column.
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1. Introduction

Reactive distillation (RD) is an old idea that has

received renewed attention in recent years; witness the

recent reviews of Doherty and Malone [1,2] and Taylor

and Krishna [3]. In the area of RD column design,

research has mainly been focussed on aspects such as

conceptual design with the aid of residue curve maps

[1,2,4], steady-state multiplicity and bifurcations [5�/9],

development of equilibrium (EQ) stage and rigorous

nonequilibrium (NEQ) steady state and dynamic models

[10�/33].

Fig. 1 shows schematically the various transport

resistances encountered on any given stage of an RD

column. With respect to the treatment of reaction

kinetics, the published models fall into two classes:

A) Pseudo-homogeneous models: here the intra-particle

diffusion and reaction is simplified by the use of

catalyst effectiveness factors and pseudo-homoge-

neous rate expressions

B) Heterogeneous models: here detailed account is

taken of intra-particle diffusion and reaction within

the catalyst particles

With respect to the treatment of interphase and

intraphase mass transfer, several approaches have been

adopted in the published literature:
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1) EQ stage models: Here the vapour and liquid phases

on any given stage are assumed to be in thermo-

dynamic equilibrium. Such EQ models invariably

adopt the pseudo-homogenous description of reac-

tion kinetics.

2) EQ stage models with overall stage efficiencies or

HETPs: In such models the vapour�/liquid mass

transfer process is accounted for in an overall
manner by defining overall stage efficiencies or

HETPs. No distinctions are made in the differences

in the constituent mass transfer rates.

3) NEQ stage models: In such models the Maxwell�/

Stefan diffusion equations are almost invariably

used to describe the interphase mass transfer

process. Both pseudo-homogeneous and heteroge-

neous description of reaction kinetics have been
incorporated in the NEQ stage model implementa-

tions.

The first major objective of our paper is to compare

the predictions of rigorous pseudo-homogenous and

heterogeneous NEQ stage models as regards the steady-

state bifurcation characteristics. The second objective is

to consider the dynamics of RD columns and to

examine the extent to which pseudo-homogeneous

models are adequate for use in practice. For illustration

purposes we choose the specific example of the synthesis
of tertiary-amyl ether (TAME), for which detailed

experimental results, including column dynamics, have

been published by Mohl et al. [33]. All the simulations to

be presented below pertain to the RD column config-

uration of Mohl et al. [33].

2. Comparison of pseudo-homogeneous and

heterogeneous models under steady-state

Fig. 1 schematically depicts the heterogeneous model
as developed by Higler et al. [19]. Resistances to

interfacial mass and energy transfer are assumed to be

located in thin ‘films’ adjacent to the vapour�/liquid

interface and to the catalyst�/liquid interface. The liquid

phase diffusion film thickness dL is of the order of 10 mm

and the vapour phase diffusion film thickness dV is of

the order of 100 mm. The storage capacity for mass and
energy in these films is negligibly small compared to that

in the bulk fluid phases and so the interfacial transfer

rates can be calculated from quasi-stationary interfacial

transfer relations. The molar transfer rates in the films

are related to the chemical potential gradients by the

Maxwell�/Stefan equations [3,34]. In case of a homo-

genous RD the coupling of diffusion and chemical

reaction within the liquid film is particularly important
for fast chemical reactions (Hatta number exceeding

unity). For solid catalysed chemical reactions our

approach is to use the dusty fluid model in order to

account for intra-catalyst diffusion and reaction in the

catalyst [19,28�/31]. In such cases there will be no

coupling of chemical reaction and diffusion within the

liquid film. The dusty fluid model is a modification of

the dusty gas model with the aim of describing liquid
phase diffusion in porous media [34]. The porous

material is described as a supplementary ‘dust’ species

consisting of large motionless molecules held motionless

in space. The fluxes within the catalyst particle are given

by (Eq. (38) of Higler et al. [19])
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There are, in general, two types of diffusivities to

reckon with: (1) Ðe
ij representing the liquid phase

diffusivity of i �/j pair within the catalyst particle, and

(2) Ðe
iM reflecting the interaction of species i with the

catalyst walls; this is the Knudsen diffusivity. The Ðe
ij

can be estimated from knowledge of the bulk liquid

phase diffusivity Ðij:

Ðe
ij �

o

t
Ðij (2)

The estimation of the Knudsen diffusivity Ðe
iM is

much more difficult. Sundmacher et al. [28�/31] ignore

the Knudsen diffusivities in their formulations assuming

Ðe
iM 0 �: In the simulation results to be presented

below we also use this simplification to start with. To

study the influence of Knudsen contribution we have

also tested two other scenarios: (1) Ðe
iM is identical for

all species and equal to the arithmetic average of the Ðe
ij;

(2) Ðe
iM is five times the value obtained in scenario (1).

The permeability B0 in Eq. (1) can be estimated from

knowledge of the pore diameter, dp;

Fig. 1. Schematic depiction of a heterogeneous model; adapted from

Taylor and Krishna [3].
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Solving Eq. (1) requires additional information about
the catalyst, such as catalyst thickness, geometry,

porosity and tortuosity.

The commonly used pseudo-homogenous model is a

computationally less expensive alternative to the rigor-

ous description of the dusty fluid model. Heterogeneous

chemical reactions taking place inside catalyst particles

are taken account of by use of ‘effective’ reaction rate

constants.
Both models, pseudo-homogenous and heterogeneous

model, require thermodynamic properties, not only for

calculation of phase EQ but also for calculation of

driving forces for mass transfer and, in RD, for taking

into account the effect of non-ideal component beha-

viour in the calculation of reaction rates and chemical

EQ constants. In addition, physical properties such as

surface tension, diffusion coefficients, viscosities, etc. for
calculation of mass (and heat) transfer coefficients and

interfacial areas are required. For the most part the

property models we use are those recommended by Reid

et al. [35] and by Danner and Daubert [36]. The details

of the models used for estimation of diffusivities are

discussed in standard texts [35,37].

For dynamic simulations, using the pseudo-homoge-

nous NEQ model, to be presented later, hardware design
information must be specified so that mass transfer

coefficients, interfacial areas, liquid hold-ups and pres-

sure drops can be calculated. A listing of the correlations

for tray and packed columns implemented in the

program are given in Kooijman and Taylor [38], which

also contains details of all thermodynamics, hydrody-

namics and mass transfer models for tray and packed

columns which have already been implemented into our
RD software. The code for these models represents a

large fraction of the overall program size.

The resulting set of differential�/algebraic (DAE)

equations is solved using BESIRK [39]. BESIRK is a

semi-implicit Runge-Kutta method originally developed

by Michelsen [40] and extended with an extrapolation

scheme [41], improving the efficiency in solving the DAE

problem. The evaluation of the sparse Jacobian is
primarily based on analytical expressions, except for

the computation of entries for correlations like enthal-

pies, mass and heat transfer coefficients, hold-ups and

pressure drops.

Our program also supports steady state computations

using Newton’s method, as outlined in Taylor et al. [42].

In addition, the program is equipped with a continua-

tion method for analysis of multiple-steady state beha-
viour. For more details about this continuation method

the reader is referred to Wayburn and Seader [43] and

Kubicek [44].

3. Steady-state multiplicity for TAME synthesis

We first examine the steady-state multiplicity char-

acteristics of the TAME process using both the pseudo-
homogeneous and heterogeneous descriptions of the

catalytic reactions. TAME is formed by reversible, acid-

catalysed, exothermic reaction of iso-amylenes, consist-

ing of the isomers 2-methyl-1-butene (2M1B) and 2-

methyl-2-butene (2M2B), with methanol

methanol�2M1B l TAME (4a)

methanol�2M2B l TAME (4b)

The reaction kinetics has been studied by two
different groups in Clausthal [4,31�/33,45,46] and in

Helsinki [47�/49]. In our simulations we use the forward

reaction rate constants as presented by the Clausthal

group; the reaction kinetics is described by a Langmuir�/

Hinshelwood rate expression in terms of the liquid phase

activities [4,31�/33,45,46]. The reaction EQ constant has

been calculated according to Rihko and Krause [47]. We

did not incorporate the isomerization reaction of the
C5-olefins in our model. The catalyst activity has been

specified by 900 eq[H�]/m3; the overall catalyst volume

depends on the type of packing and voidage in the

column and the complete catalyst volume to be 1.2 l.

Fig. 2(a) schematically depicts the column configura-

tion of the TAME process presented in Mohl et al. [33].

The column has an inner diameter of 76 mm. The top

section of the column is packed with catalytic and the
bottom section with inert (glass) Raschig rings. Both

sections are 0.5 m high. The feed is located in the middle

of the column between the reactive and inert packing.

As specified by Mohl et al. [33] in their experiments the

feed rate was chosen to be 0.96 kg/h. The column

operates at a pressure of 0.25 MPa. The Wilson

equation was used for calculating the liquid activity

coefficients. Furthermore, a total condenser and total
reboiler are employed. The reflux ratio was specified at

15, whereas the reboiler heat duty was used as a

homotopy parameter. Each section has been divided in

20 slices. Simulations with the pseudo-homogenous

model show that the overall performance correspond

to an EQ stage model with 10 stages and an efficiency of

0.7 proposed and experimentally validated by Mohl et

al. [33]. The column configuration was subsequently
maintained the same for both pseudo-homogenous and

heterogeneous model.

In the experiments, Mohl et al. [33] experimentally

observed steady-state multiplicity for a reboiler load of

340 W; the two steady states differ in their temperature

profile and TAME purity in bottoms flow rate. The

high-conversion steady state (HSS) denotes the steady

state with higher temperatures and higher TAME
purity. By contrast the low conversion steady state

(LSS) has lower temperatures and lower TAME purity.

The experimentally measured temperature profiles for

R. Baur et al. / Chemical Engineering and Processing 42 (2003) 211�/221 213



the two steady states, HSS and LSS, are shown

respectively by the larger open square and circles

symbols in Fig. 2(b). As the temperatures have been

measured by means of a thermocouple placed inside the

column, it is not possible to specify whether the

temperatures refer to the vapour or liquid phases. It is

likely that the thermocouples record the higher of the

two temperatures. We developed the bifurcation dia-

gram for the RD column using the reboiler load as

continuation parameter; the simulation results are

shown in Fig. 2(c). It is clear that at a reboiler load of

340 W, we have steady-state multiplicity, in conformity

with the experiments. With this reboiler load of 340 W,

the RD column was simulated using a pseudo-homo-

geneous model and the corresponding temperature

profiles are shown in Fig. 2(b). In our simulations there

is a finite difference between the vapour and liquid

temperatures. This difference is due to the fact that the

heat transfer between the gas and liquid phases in the

laboratory column is not high. We note that the vapour

temperature is higher than the liquid temperature. The

simulated vapour temperatures are closer to the experi-

mentally determined values than the liquid tempera-

tures. This is understandable in view of the fact that the

thermocouples probably sense the higher of the two

temperatures. We also note that the agreement in the

temperature profiles between the experiments and

simulations is not very good. The simulated values of

the liquid phase mole fraction are shown in Fig. 2(d) for

both HSS and LSS. The TAME mole fraction in the

bottoms product is about 0.2214 for the HSS and 0.1824

for the LSS, respectively. These values agree with the

trends in the experimental values reported by Mohl et al.

[33].

For comparison purposes we also carried out simula-

tions of the steady-state behaviour using heterogeneous

dusty fluid model of Higler et al. [19] employing the

same reaction kinetics as for the pseudo-homogeneous

model simulations in Fig. 2. The catalyst parameters

used are: packing voidage�/0.47; catalyst porosity�/

0.39, tortuosity�/1.5, catalyst surface area�/567 m2/

m3, mean pore diameter�/160 nm, catalyst thickness�/

2 mm, thermal conductivity�/1.0�/10�6 J/K/m/s. The

parameter values are based on specifications given in

Fig. 2. (a) Schematic depiction of the column configuration used by Mohl et al. [33]. (b) Temperature profiles of the HSS and LSS at a reboiler load

of 340 W, (c) bifurcation diagram for the pseudo-homogenous model. (d) Steady-state profiles of the TAME liquid composition.
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Mohl et al. [33], Rapmund et al. [32] and Sundmacher

[28]. In order to solve the partial differential equations

along the film and catalyst thickness numerically, we

applied a finite difference scheme. Detailed description

of the model and discretization scheme is given in Higler

et al. [19]. For the discretization of the catalyst thickness

we applied 50 grid points in the catalyst layer (of

thickness 2 mm in the base case) per column slice. Finer

grid spacing does not alter the results.

Fig. 3 shows the bifurcation diagram of the TAME

purity in the bottoms flow rate when the reboiler load is

varied for both models. In the base case calculations we

took the dusty fluid parameters as specified above.

Furthermore, we ignored the Knudsen terms in the

dusty fluid formulation; the simulations therefore re-

duce to the formulation of Sundmacher and Hoffmann

[28,29]. The pseudo-homogenous model and the dusty

fluid model exhibit similar steady-state multiplicity

characteristics. The additional intra-particle mass and

heat transfer resistances cause the overall TAME

production of the dusty fluid model to be lower, as

can be expected. Furthermore, the dusty fluid model

degenerates to the pseudo-homogenous model as intra-

catalyst resistances vanish. In this case the pressure and

composition gradients within the catalyst particle dis-

appear and the reaction rate becomes constant within

the catalyst. The intra-catalyst diffusion resistance can

be influenced by changing (1) the interfacial area of

catalyst per m3 packing, (2) tortuosity, (3) catalyst

thickness, and (4) the Knudsen diffusivity in the dusty

fluid Model. In Fig. 3(a) we show the influence of

varying the specific interfacial area of the catalyst. As

the specific interfacial area is increased from 567 m2/m3

to 10 000 m2/m3 the bifurcation characteristics of the

dusty fluid model coincides exactly with that of the

pseudo-homogeneous model. This provides a good

check of the dusty fluid model.

Fig. 3(b) shows the influence of varying the tortuosity

from 1.5 (base case). Decreasing the tortuosity to 1

makes the dusty fluid model results approach that of the

pseudo-homogenous model but the influence is far less

than that of increasing catalyst specific area. Increasing

the catalyst tortuosity has the opposite effect. The

influence of varying catalyst thickness is shown in Fig.

3(c). We note that decreasing the catalyst thickness

reduces the intra-catalyst resistance and the TAME

production moves closer to the results of the pseudo-

homogeneous model. Increasing the catalyst thickness

Fig. 3. Bifurcation diagrams of the dusty fluid model for parameter variation of (a) specific catalyst area, (b) tortuosity, (c) catalyst thickness and (d)

Knudsen diffusivity. The base case corresponds to the dusty fluid model in which the Knudsen resistance is ignored. The base case parameters are

tortuosity�/1.5, catalyst surface area�/567 m2/m3 and catalyst thickness�/2 mm.
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has the opposite effect. Decreasing the catalyst thickness

reduces intra-catalyst resistances and so results in higher

TAME production.

Our dusty fluid model also incorporates the Knudsen

diffusivity, describing a diffusional resistance between

the liquid and walls of the porous media, portrayed by

the Ðe
iM coefficients. In our base case we had ignored the

Knudsen resistance. Fig. 3(d) shows the bifurcation

characteristics for this case, along with two other

scenarios: (1) Ðe
iM is identical for all species and equal

to the arithmetic average of the Ðe
ij; (2) Ðe

iM is five times

the value obtained in scenario (1). We note that for

scenario (1) the TAME production is significantly

lowered, whereas the simulation results following sce-

nario (2) are almost identical to those for the base case

(ignoring Knudsen contributions). We conclude that

provided the Knudsen coefficients Ðe
iM are about 5 times

higher than the Ðe
ij ; the Knudsen resistance can be

ignored. The catalyst pore diameter is 160 nm; this value

is large enough to justify the fact that the Knudsen

diffusivities are large enough to be ignored; this conclu-

sion follows from the procedures discussed in Wesse-

lingh and Krishna [50] for estimation of Ðe
iM :/

The major conclusion to be drawn from the results

shown in Fig. 3 is that the pseudo-homogenous model

and the detailed heterogeneous model display essentially

the same bifurcation features.

Fig. 4 shows the HSS and LSS predicted by the dusty

fluid model when the reboiler load is 400 W. The TAME

mole fraction profiles in the catalyst, liquid�/solid film

and liquid bulk phase computed at heights z�/1.14 m

and z�/1.39 m are shown in Fig. 4(a) and (b). Fig. 4(c)

and (d) show the TAME production rate and the

recomputed catalyst effectiveness factor along the re-

active section. The production rates predicted for the

LSS and HSS are similar at the top half of the reactive

section, whereas they differ quite significantly along the

lower half of the catalytic section. Accordingly, the

intra-catalyst TAME composition profiles near the top

of the reactive section are similar for the LSS and HSS;

Fig. 4(a). Since the TAME production rates near the top

half of the reactive section are moderate in magnitude,

utilisation of the catalyst is good and this is reflected in

catalyst effectiveness factor approaches almost unity in

this section (Fig. 4(c)). For the LSS the TAME

production rates are moderate over the entire length of

the reactive section and, consequently, the catalyst

effectiveness is close to unity over the entire reactive

section. In contrast, operating at the HSS, the TAME

production rate shows a high peak in the lower half of

the reactive section. This causes the catalyst effectiveness

to decrease significantly below unity. However, it is

interesting to note that the catalyst effectiveness in the

lower half of the reactive section continues to decrease

to low values even when the production rates decreases

from the peak values to near-zero values (cf. Fig. 4(c)

and (d)). This behaviour is closely related to the impact

of the inverse reaction order of methanol concentration

on the TAME production rates. Fig. 5(a) depicts the

composition profiles along the catalytic section in a

composition subspace of methanol and n-pentane (inert

used in the reaction). For illustration of the impact of

the inverse reaction order of methanol on the TAME

production we present in Fig. 5(b) the production rate as

a function of methanol and n -pentane mole fraction

with the TAME mole fraction was fixed at 0.05. Note in

both diagrams the methanol mole fractions are plotted

on a logarithmic scale. When operating at a LSS the

methanol mole fractions are evenly distributed in the

reactive section and stay above around 0.2; see Fig. 5(a).

Fig. 4. HSS and LSSs predicted by the dusty fluid model. TAME concentration profiles at a column height of (a) 1.39 m and (b) 1.14 m. (c) TAME

production rate per catalyst volume along the reactive section. (d) Catalyst efficiency along the reactive section. The reboiler load is 400 W.
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In contrast, the methanol composition profile for a HSS

reaches values one magnitude lower at the bottom of the

reactive section. As indicated in Fig. 5(b), the TAME

production rate is very sensitive to any composition

change in a region for small methanol concentration.

Hence, intra-catalyst mass transfer resistances will affect

production rates and also the catalyst effectiveness

factors for low methanol concentrations.

We performed a series of simulations to study the

bifurcation characteristics of the pseudo-homogenous

model with varying catalyst effectiveness factors; these

results are compared with the dusty fluid simulation

results (for base case values of the parameters) in Fig. 6.

The high conversion branch of a pseudo-homogenous

model employing a catalyst effectiveness factor of 0.7 is

close to corresponding branch of the dusty fluid model.

On the other hand the low conversion branch of a

pseudo-homogenous model employing a catalyst effec-

tiveness factor of 0.9 approaches the low conversion

branch of the dusty fluid model. We can conclude
therefore that the bifurcation characteristics of the dusty

fluid model can be captured in essence by a pseudo-

homogenous description provided we use an appropri-

ate catalyst effectiveness factor for each branch in the

bifurcation diagram . We proceed to study the column

dynamics of the TAME column with a pseudo-homo-

genous description.

4. Dynamics simulation of transition between steady

states

Dynamic simulations require additional information

about the liquid hold-up in the column, reboiler and

condenser. The storage capacities of the condenser and

reboiler have been estimated to be 1 l each. Since the

pseudo-homogeneous model does not account for intra-
particle mass storage in the catalyst we assumed a

constant liquid hold-up in the catalyst with composition

equal to the bulk phase. We estimated the time-

independent (static) hold-up to be 0.23 l in the entire

catalytic section and 0.33 l in the entire inert section.

This estimate is based on taking 50% pore volume

within the packing to consist of static liquid hold-up.

The pore volume constitutes a fraction 0.39 of the
packing volume for catalytic Raschig Rings and 0.55 for

porous (inert) glass rings; see Mohl et al. [33]. The

packing volume constitutes 53% of the column volume

Fig. 5. (a) HSS and LSSs predicted by the dusty fluid model at a reboiler load of 400 W. Composition profile of the reactive section in the methanol�/

n -pentane composition subspace. (b) TAME production rate for varying methanol, n -pentane and isoamylene mole fractions. The mole fraction of

TAME is kept constant at 0.05.

Fig. 6. Bifurcation diagrams of the dusty fluid model and the pseudo-

homogenous model with catalyst efficiency factor ranging from 1.0 to

0.7.
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(packing voidage�/47%). Superposed on these values of

the static liquid hold-ups, is the dynamic liquid hold-up

that depends on the flows of the vapour and liquid

phases; this is estimated using the correlation of Mack-

owiak [51].

Consider steady-state operation at the low-conversion

branch of the bifurcation diagram shown in Fig. 2(c)

with the reboiler load fixed at 340 W. We adopted the

perturbation scheme and the experimental data from

Mohl et al. [33]; see Fig. 7. At the beginning of the

perturbation (t�/0 min) the feed is switched to pure

TAME while the flow rate is maintained. One hour later

the feed was reset to its original values. Fig. 7 shows the

predicted vapour and liquid temperatures. We see from

Fig. 7 that the main dynamic features of the Mohl et al.

experiments are captured by our model and the column

undergoes a transition from a low to high conversion

level. Fig. 7(a) shows the temperature at the bottom of

the reactive section. The liquid and vapour temperature

rises rapidly due to the vaporising pure TAME feed

below the catalytic section. When the feed is reset at the

end of the perturbation our model predicts a sharp drop

in temperature and quickly recovers its final (high

conversion) steady state. This trend does not correspond

to the measurements of Mohl et al. [33], which show a

large undershoot and it takes approximately another 4 h

until the HSS is reached. Consider the bottom of the

inert section. Our model matches the magnitude of the

temperature peak quite well; see Fig. 7(b). However the

model predicts a much sharper rise than observed

experimentally. The main reason for the deviations

between experiment and our dynamics simulations

could be our imprecise knowledge of the two-phase

hydrodynamics in the laboratory column.

Fig. 7. Vapour and liquid temperature trajectories of low to high conversion steady state transition when switching the feed to pure TAME for 1 h.

(a) Temperatures at the bottom of the catalytic section. (b) and (c) Temperatures at the bottom of the inert section.

Fig. 8. Liquid temperature trajectories for the base case amount of static liquid hold-up in the catalyst and when it is doubled. The feed is switched to

pure TAME for 1 h at t�/0 h.
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The static liquid hold-up is a particularly sensitive

parameter and this sensitivity is illustrated in the

simulation results in Fig. 8 that compares the base

case dynamic simulations with that when the static

liquid hold-up is doubled (0.46 l in the entire catalytic

section and 0.66 l in the entire inert section). As expected

the steady state behaviour is not influenced by varia-

tions in the static hold-up, but the dynamics is affected

dramatically. In contrast to the base case no steady state

transition is observed for increased static liquid hold-up;

the original (low-conversion) steady state is recovered.

We also note that the increase in temperature in the

reactive section (Fig. 8(a)) is more gradual when the

liquid hold-up is higher, but does not approach such a

gentle climb as seen in the experiments. This indicates

that the dynamic exchange of mass and heat between the

catalyst and bulk phase seem to be essential with regard

to recovery of experimental data. Fig. 8(a) also shows

that the liquid temperature in the bottom of the catalytic

section rises in two ‘steps’. The first temperature rise is

caused by an increase of TAME composition in the

bottom of the reactive section after pure TAME is fed

and vaporised. This happens almost simultaneously,

both for low and high hold-up cases. The second

temperatures ascent takes place about 20 min earlier

for the base case.
The temperature rises are linked to changes in the

composition profiles. Fig. 9 presents the composition

profile along the reactive section in a ternary TAME�/

methanol�/olefins composition space. The composition

at the top of the reactive section is determined by the

methanol-olefins azeotrope. Ten minutes after switching

the feed to pure TAME, the composition profiles for

both hold-up cases are still similar. At this moment the

change of the composition profiles in the reactive section

is mainly determined by the vaporised and partly

reboiled TAME feed. Further accumulation of the

heaviest component TAME in the (inert) stripping

section cause an increase of the n-pentane mole fractions

in the reactive section; see Fig. 9. As we have mentioned

Fig. 9. Composition profiles for the base case amount of static liquid hold-up in the catalyst and when the static hold-up is doubled.

Fig. 10. TAME production rate profiles corresponding to the composition profiles shown in Fig. 9.

R. Baur et al. / Chemical Engineering and Processing 42 (2003) 211�/221 219



before the TAME production rate is sensitive in the

range of small methanol mole fractions in the presence

of sufficient iso-amylene and small TAME concentra-

tions; see e.g. Fig. 5(b).
Corresponding simulation results for the production

rates for the two hold-up cases are given in Fig. 10.

Observing the production rates presented in Fig. 10 and

the composition profiles of Fig. 9 exhibits low methanol

concentrations for high n-pentane concentrations in the

reactive section. When high TAME production rates are

triggered and subsequently Methanol will be consumed,

a steady state transition from the LSS to the HSS is
possible. Fig. 9(a) and Fig. 10(a) present this scenario

for the base case. Higher static liquid hold-up, however,

dilutes the accumulation of TAME in the stripping

section during the disturbance and so results in lower n -

pentane concentrations in the reactive section. Higher

residence times also will propagate the feed disturbance

much more slowly. In this case high reaction rates will

not be triggered and the system reverts back to its
original LSS; see Fig. 9(b) and Fig. 10(b).

5. Conclusion

The RD column for TAME synthesis exhibits steady-

state multiplicity. These features are captured by a

pseudo-homogeneous description of the reaction ki-

netics. The use of a rigorous heterogeneous catalytic

reaction model yields essentially the same bifurcation

features. The essential features of the heterogeneous
model can be captured by appropriate choice of the

catalyst effectiveness factor. We find, however, that

different values of the effectiveness factor have to be

used for the high and low conversion branches of the

bifurcation diagram.

Our dynamic NEQ model, using the pseudo-homo-

genous reaction description, is able to predict the steady-

state transition in the experiments of Mohl et al. [33]
starting at the low conversion branch of the bifurcation

diagram. The precise transient behaviour is found to be

very sensitive to the static liquid hold-up in the catalytic

section. This underlines the need for a proper under-

standing of the hydrodynamics in order to describe the

column dynamics.
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