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Abstract—The aim of this work is to develop a unified approach to the scale-up of gas—solid (G-S)
fluid bed and gas-liquid (G-L) bubble column reactors. The unified approach relies on analogies in
the hydrodynamic behavior of G-S and G-L systems in both the homogeneous and heterogeneous
flow regimes. The homogeneous G—S fluidization regime is to be identified with homogeneous G-L
bubbly flow while the heterogeneous G-S fluidization regime is to be identified with the churn-
turbulent regime for G-L bubble columns. In the heterogeneous flow regime of operation, the classic
two-phase theory developed for G-S fluidized beds can be applied with profit to describe also the
hydrodynamics of G-L bubble columns provided the “dilute” phase is identified with the fast-rising
large bubbles, and the ‘“dense’ phase is identified with the liquid phase containing entrained “‘small’”
bubbles.

Quantitative analogies in the hydrodynamic behavior of G-S and G-L systems are demonstrated by
the use of extensive cxperimental data obtained in five columns of three different diameters
(2x0.1m, 1 X0.19m and 2 x 0.38 m). The total expanded bed height in the experiments varied in the
range 0.5-3.5 m. About 4,000 dynamic gas disengagement experiments were carried out with various
systems to determine the total gas hold-up and the hold-ups of the *“dilute” and “dense’” phases. The
gas phases used in the experiments were air, helium, argon and sulfur hexafluoride. Fluidized cracking
catalyst (FCC) was used as the solid phase in fluid bed experiments. In bubble column operations the
liquid phase used was water, paraffin oil or tetradecane. Sintered plates were used for gas distribution
in all the columns.

The gas hold-up in the *“dense” phase, £, was found to be practically independent of the scale of
operation. The hold-up of the fast-rising “dilute” phase, €,, on the other hand was found to be a
significant function of the column diameter, Dy, and of the total dispersion height, H. The *dilute”
phase gas hold-up can be modeled for both G-S and G-L systems using a theory allowing for bubble
growth in the region above distributor. The bubbles are assumed to grow in diameter up to a distance
h*, at which the bubbles reach their equilibrium size. The equilibration height £* was found to
increase with the superficial gas velocity through the dilute phase, (U — Uy). For air-FCC, the value
of h* varies in the range 0.4-1.2 m. For bubble columns the values of h* are significantly smaller and
lie in the range 0-0.5m.

Increasing gas density increases the total gas voidage in both G-S and G-L systems but has no
significant effect on the hold-up of the dilute phase. In G-L bubble columns, the liquid properties
affect the total gas hold-up but have only a minor influence on the dilute phase hold-up.

The unified model to describe the bubble hydrodynamics in G-S fluid beds and G-L. bubble columns
is a useful tool in scaling-up these two reactor types, because of the possibilities of cross-fertilization of
design data.

INTRODUCTION
An important key to the scale-up of gas-solid
(G-S) fluid bed and gas-liquid (G-L) bubble col-

umn reactors is the proper description of the -

bubble hydrodynamics in these systems. It is gener-
ally appreciated that the performance of G-S fluid
beds is a strong function of the scale of operation
and that the column diameter and bed height have
a profound influence on the bubble hold-up, in-
terphase mass transfer and backmixing (Werther,
1983; Van Swaaij, 1985; Krishna, 1993). It is also
well known that G-L bubble columns of diameter

*To whom correspondence should be addressed.

smaller than about 0.05m tend to slug when the
superficial gas velocity exceeds about 0.1m/s
(Deckwer, 1992). For non-slugging operations, the
column diameter has been found to influence the
gas hold-up (Schumpe and Grund, 1986; Grund et
al., 1992). While several analogies in the hydrody-
namics of G-S fluid beds and G-L bubble columns
have been pointed out in the published literature
(Davidson er al., 1977; Miyauchi et al., 1981;
Krishna, 1993; Krishna et al., 1993), a unified
quantitative picture of the hydrodynamics is still to
emerge. This paper aims at developing such a
unified and quantitative approach to the scale-up of
these two important types of reactors. The develop-
ment is begun with a short introduction to flow
regimes and flow regime transitions.
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When a gaseous phase is introduced uniformly
through the bottom of a packed bed of particles
[see Fig. 1{a)] the bed begins to expand for gas
velocities exceeding the minimum fluidization
velocity U,y For fine particles, say smaller than
200 um, the bed expands uniformly; this is the
regime of homogeneous fluidization. This regime of
homogeneous fluidization prevails until a certain
velocity is reached at which bubbles are first
observed; the velocity at this point, U,,,, is usually
called the rminimum bubbling velocity. For the
purposes of drawing analogies with gas-liquid sys-
tems, this velocity will be denoted as the transition
velocity, Uyans. The operating gas velocity window
between U,,r and U,y is usually very narrow and
it is usually not possible to operate commercial
reactors in a stable manner in this regime. On the
other hand, in gas-solid beds of large particles, say
larger than 1 mm, bubbles appear as soon as the
gas velocity exceeds U,,r and hence Uyans = Uy
Beyond the gas velocity corresponding to Upaps 1
the regime of heterogeneous fluidization. In the
heterogeneous fluidization regime, a small portion
of the entering gas is used to keep the solids in
suspension while the major portion of the gas flows
through the reactor in the form of bubbles. Com-
mercial reactors usually operate in the hetero-
geneous or bubbling fluidization regime as gas
velocities U exceeding 0.1m/s, a few orders of
magnitude higher than U,,,,. Under these condi-
tions, the bubbles tend to rise up the column very
quickly, and virtually in plug flow, at velocities of
the order of 1.5m/s, “by-passing’ the suspended
particles. These bubbles tend to churn up the bed
causing the solid phase to be thoroughly back-
mixed. For highly exothermic reactions, such as
regeneration of coked catalyst in Fluid Catalytic
Cracking (FCC) regenerators, this backmixing
characteristic is desirable from the point of view of
thermal equilibration of the reactor contents.

An analogous picture emerges if one sparges gas
into a column filled with a liquid; see Fig. 1(b). The
bed of liquid begins to expand as soon as gas is
introduced. Therefore, if U,, is defined as the
minimum fluidization velocity for a gasliquid sys-
tem it can be seen that U,,, = 0. As the gas velocity
is increased beyond the value U,,, the bed of liquid
expands homogeneously and the bed height in-
creases almost linearly with the superficial gas
velocity. This regime of operation of a bubble
column is called the homogeneous bubbly flow
regime; this regime is analogous to the regime of
homogeneous fluidization for a gas—solid system.
The bubble size distribution is narrow and a
roughly uniform bubble size, in the range 2-7 mm,
is found. As the gas velocity is increased beyond
U,s, the bubble population increases and at a
certain gas velocity, Uga., coalescence of the
bubbles takes place to produce the first fast-rising
“large’” bubble. The appearance of the first large
bubble changes the hydrodynamic picture dramatic-
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ally. The regime of operation for superficial gas
velocities exceeding Uy,,s is commonly referred to
as heterogeneous or churn-turbulent regime
(Deckwer, 1992; Krishna, 1993); this regime is of
importance in industrial reactor operation. With
the aid of an extensive and dedicated experimental
program of work, this paper aims to develop a
unified description of the hydrodynamics of G-§
fluid beds and G-L bubble columns, focusing
mainly on the heterogeneous regime of operation.
It is argued that appreciation of the quantitative
hydrodynamic analogies can be a useful scale-up
tool.

EXPERIMENTAL SET-UP AND SYSTEMS STUDIED
The experimental work was carried out in five
columns made of polyacrylate sections. Two of
these columns had a diameter of 0.1 m, one column
had a diameter of 0.19m and the remaining two
columns were of 0.38m diameter. All columns
were equipped with sintered plate gas distributors.
Figure 2 shows the layout of the 0.38 m column
operating with FCC as the solid phase. This column
was made of four sections each of 1 m length. Two
cyclones, connected in series, were used to recover
entrained fine particles and return these to the
column. In G-L bubble column operation, the top
section was open ended. In all cases, the pressure
at the top of the column was close to atmospheric
pressure. The gas inlet pipe at the bottom of the
column was equipped with a quick shut-off valve
for the purpose of performing dynamic gas disen-
gagement experiments. A set of four rotameters
was used for careful control and measurement of
the gas flow rate to the column. Pressure taps were
installed along the length of the column. Further
details of the experimental set-up and the measure-
ment techniques used can be found in Ellenberger
(1994).
Table 1 gives a summary of the systems studied
in the five columns.

TOTAL GAS HOLD-UP AND DYNAMIC GAS
DISENGAGEMENT EXPERIMENTS

In G-S fluid bed operation the bed height was
recorded visually. In G-L bubble column opera-
tion, high sensitivity pressure sensors were used to
provide information on the gas hold-up, using the
procedure discussed by Daly et al. (1992). For
characterizing the heterogeneous flow regime in
G-S and G-L systems, the dynamic gas disengage-
ment experimental technique was used as discussed
in the literature (Vermeer and Krishna, 1981; Daly
et al., 1992; Shetty et al., 1992). The influence of
disengagement of gas in the plenum chamber was
confirmed to be negligibly small for all experiments
(Grace, 1992). For the air—FCC system, a typical
bed collapse experiment is shown in Fig. 3. The
initial, quick disengagement of gas corresponds to
the escape of the fast-rising bubbles in the fluid
bed. This is followed by slow disengagement of the
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Fig. 2. Experimental set-up for a 0.38 m diameter G—S fluid bed.

Table 1. Experimental set-up details, operating conditions and system properties

Column Distributor Systems studied Superficial Unexpanded Number of
diameter/ velocity range bed height, experiments
(m) (m/s) H,(m)
0.38 bronze' air-FCC? 0-0.382 0.1-1.5 238
0.19 bronze! air~-FCC? 0-0.429 0.085-1.5 159
0.1 glass® air-FCC? 0-0.196 0.2-1.1 200
He-FCC? 0-0.385 0.55-1.1 199
Ar-FCC3 0-0.166 0.21-1.1 202
0.38 bronze! air-water* 0-0.71 0.5-2 460
air—paraffin oil® 0-0.066 0.9-1.5 239
0.19 bronze! air-water? 0-0.65 0.37-1.1 209
air-paraffin oil® 0-0.64 0.7-1.5 293
0.1 glass’ air-water* 0-0.38 1.2 99
air-paraffin oil® 0-0.3 0.6~1.3 63
air-tetradecane® 0-0.24 0.68-1.2 435
He-tetradecane® 0-0.4 0.68-1.2 262
Ar-tetradecane® 0-0.24 0.68-1.2 311
SFe-tetradecane® 0-0.07 0.65-1.2 256

! Sintered bronze distributor with pore size = 50 um.

2 Sintered glass distributor with pore size = 150-200 wm.

3 Fluidized cracking caralyst: particle density, p, = 1,480kg/m®; bulk density, ppu = 960 kg/m?;
cumulative particle size distribution: 10% <23 pum; 50% < 49 um; 90% < 89 um.

4 Demineralized water: density, p, = 998 kg/m®; dynamic viscosity, i, = 1 mPas; surface tension,
o = 72mN/m.

5 Paraffin oil (special refined ISO paraffinic mineral oil with very low aromatic content): density,
P = 795 kg/m?; dynamic viscosity, i, = 2.3 mPas; surface tension, o = 28 mN/m.

 Tetradecane: density, p, = 763kg/m® dynamic viscosity, u, = 2.2mPas; surface tension,
o = 27mN/m.
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Fig. 3. Typical bed collapse experiments for gas—solid fluid beds with fluidized cracking catalyst as
powder and air as fluidizing gas.

gas entrapped in the dense, or emulsion, phase.
Due to the relatively slow disengagement charac-
teristic of the dense phase gas, it was possible to
record the bed height visually as a function of time.

From the graph shown in Fig. 3, the following
parameters could be experimentally determined.
The total gas voidage, or hold-up, &, is

_ Pou Ho

p— M

e=1

the hold-up of the bubbles, or “dilute” phase, &, is
determined from

)

and the gas voidage in the ““dense”, or emulsion,
phase is

H,— H,
H,

_ £ —Ep
Ty @

Edf =

The slope of the second, slowly disengaging,
portion of the collapse curve was used to determine
the superficial gas velocity through the dense
phase, Uy.

For operation in the heterogeneous or churn-
turbulent regime of G-L bubble columns, typical
disengagement experiments performed with water,
tetradecane and paraffin oil are shown in Figs 4-6
respectively. In these G-L systems, the collapse
experiments were monitored using the pressure
sensors, following the procedure discussed by Daly
et al. (1992). The total gas hold-up in gas-liquid
systems was determined from

g=1—-—

— @

The initial, fast-disengaging portions in Figs 4-6,
were used to determine the hold-up of the “large”
bubble population. Visual observation showed that
the diameters of these large bubbles were of the
order of 0.05-0.08 m. These “large” bubbles will
subsequently be shown to be equivalent to “bub-
bles” or ‘“dilute” phase in G-S fluid beds and,
therefore, a common nomenclature is adopted
here. The hold-up of the “large” bubbles is deter-
mined from eq. (2). Once the “large” bubbles have
disengaged, the much smaller bubbles start disen-
gaging. Typically the ‘“small”’ bubbles are 2-5mm
in diameter and are strongly dependent on the
physical properties of the system. For water and
tetradecane, the validity of the assumption of a
bimodal bubble size distribution, “large” and
“small”, is evident; see Figs 4 and 5. For the
paraffinic mineral oil, also used in the experiments,
severe foaming tendency was observed. ‘‘Small”
and ‘“micro” bubble disengagement regimes could
be distinguished. The ‘“micro” bubbles were typi-
cally smaller than about 1 mm in diameter. For the
purposes of the analysis in this paper, which largely
focuses on the “large” bubble, or ‘““dilute” phase,
the “small” and ‘“micro” bubble populations are
lumped together into a population which is termed
the ““dense” phase gas, in analogy with G-S fluid
beds. Thus, the hold-up of the gas in the ‘“dense””
phase was determined using eq. (3). It is important
to note here that the definition of “‘small” bubble
hold-up in bubble columns in the literature (e.g.
Deckwer and Schumpe, 1993) is different from the
one used in eq. (3) for the “dense” phase gas
voidage.

The slope of the disengagement curve for the
“small” bubbles was used to determine the super-
ficial gas velocity through the ““dense’ phase, Uy,
neglecting the contribution of the ‘“‘micro” bubbles.
This neglect is justified because for paraffin oil, the
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Fig. 4. Typical bed collapse experiments for gas-liquid bubble column with water as liquid phase and
air as “‘fluidizing” medium.
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Fig. 5. Typical bed collapse experiments for gas-liquid bubble column with tetradecane as liquid phase
and air as “fluidizing’ medium.

superficial gas velocity through the “micro” bub-
bles is of the order of 0.005 m/s, much smaller than
the superficial gas velocity through the ‘“small”
bubbles.

The analogous hydrodynamic picture used to
analyze the experimental results is shown in Fig. 7,
which presents the extension of the “‘two-phase”
theory of G-S fluid beds to include G-L bubble
columns. The superficial gas velocity through the
dense phase (U — Uy) was determined by subtract-
ing U, from the superficial gas velocity U. In the
experimental results reported below, the superficial
gas velocity U was determined at the average
pressure between the top and the bottom of the
column.

In total, about 4,000 total gas hold-up and
dynamic gas disengagement experiments were per-
formed with varying systems, superficial gas veloci-
ties, bed heights and column diameters.

TOTAL GAS VOIDAGE AND GAS VOIDAGE OF THE DENSE
PHASE

For air—-FCC, the dense phase gas voidage re-
mains practically constant in the heterogeneous
flow regime as shown in Fig. 8. This implies that a
constant amount of gas, equal to Uy, is needed to
keep the particles in suspension. The *‘excess’ gas
(U~ Uy) rises up the column in the form of
“dilute” phase or “bubbles”. A typical plot of €
and ey4 versus the superficial gas velocity U,
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Fig. 6. Typical bed collapse experiments for gas—liquid bubble column with paraffin oil as liquid phase
and air as ‘““fluidizing” medium.
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Fig. 7.(a) Classical two-phase model for gas—solid

U'Udf

V)

(b)
fluid beds after May (1959) and Van Deemter

(1961). (b) Extension of two-phase model to bubble columns. The two-headed arrows represent the
interphase mass transfer process.

obtained in the 0.38 m diameter column for air—
FCC is shown in Fig. 8. Figures 9 and 10 show the
corresponding plots for air-water and air-paraffin
oil. For the gas-liquid systems the following anal-
ogy with air-FCC was noted: the voidage of the gas
in the ‘“dense” phase remains practically constant
in the heterogeneous flow regime. At very high
velocities, U>0.5m/s, the dense phase voidage

tends to increase slightly. The behavior in the area
of the transition region for air-FCC, air-water and
air—paraffin oil (cf. Figs 8-10, respectively) is rather
complex and was not investigated further in the
current e¢xperimental study. The analysis to be
further developed concentrates on the hetero-
geneous regime, clearly demarcated in Figs 8-10.
The data of the 0.19 and 0.38 m diameter columns
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Fig. 8. Typical data for total gas voidage and gas voidage in the ‘‘dense’” phase for a G-S fluid bed.
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Fig. 9. Typical data for total gas voidage and gas voidage in the “‘dense” phase for a G-L bubble
column with water as the liquid phase.

were fitted with identical sintered bronze distribu-
tors, and for these columns the dense phase gas
voidage was independent of the column diameter,
as witnessed in the results shown in Fig. 11. The
swarm velocity of the dense phase gas, Uyleqr, is
also independent of the column diameter and
practically constant in the heterogeneous flow reg-

ime; see Fig. 12. It should also be noted that the
swarm velocity, Ug/eys, which equals the rise
velocity of the ‘“small” bubbles in G-L bubble
columns, has a value of about 0.23m/s for air-
water, and a value of about 0.15m/s for air-
paraffin oil.

On the basis of the insight generated in the
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Fig. 10. Typical data for total gas voidage and gas voidage in the “‘dense’” phase for a G-L bubble
column with paraffin oil as the liquid phase.
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Fig 11. Voidage of dense phase gas £, versus the superficial gas velocity U for air—-FCC, air-water
air-water and air—paraffin oil. The results show that the swarm velocity is practically constant in the
heterogeneous flow regime and is independent of the column diameter.
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Fig. 12. Swarm velocity of dense phase gas (U £4¢) versus the superficial gas velocity U for air-FCC,
and air—paraffin oil. The results show that the dense phase gas voidage is practically constant in the
heterogeneous flow regime and is independent of the column diameter.
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Fig. 13. Generalized model for gas hold-up in the heterogeneous flow regime.

preceding text a generalized model for the gas
voidage in fluid beds and bubble columns can be set
up; this model is shown schematically in Fig. 13.
For estimation purposes, the gas voidage in the
dense phase can be taken to be equal to the gas
voidage at the regime transition point:

(5)

Edf 7~ Etrans.
The gas voidage at the regime transition point in
gas—solid and gas-liquid systems can be predicted
using a stability analysis (Batchelor, 1988;
Biesheuvel and Gorissen, 1990; Krishna et al.,
1994). For gas-liquid bubble columns the correla-
tions of Wilkinson er al. (1992) provide good
estimates for the dense phase gas voidage

(6)

£4f = Etrans = €Xp(—193p5 "' ufs 11y,
and the dense phase superficial gas velocity
Udf = U!rans

(Utrans/strans) ML _ O'BPL —0.273 PL 0.03
——EE T =225 — =1 .
4 SHL PG
M

In order to predict the total gas hold-up, it
remains to predict the hold-up of the “dilute”
phase.

GAS HOLD-UP OF THE DILUTE PHASE

On the basis of the few thousand experiments
carried out (see Table 1), it was noted that the
dilute phase gas hold-up ¢, for both G-S and G-L
systems is dependent on the total bed dispersion
height H and on the column diameter Dr. For the

same values of (U~ Uy) and H, a larger column
diameter Dy results in lower g,. For the same
values of (U— Uy) and Dy, a higher bed disper-
sion height leads to a lower value of &,. Though the
influence of Dy and H on G-S fluid bed perform-
ance is well appreciated (e.g. Werther, 1983), the
corresponding influence of these parameters on
bubble column performance is not generally real-
ized. For example, the correlation for the rise
velocity of the ‘“dilute” phase for G-S fluid beds
developed by Werther (1983) shows a dependence
Vo« D%, while the corresponding correlation for
the “large” bubble rise velocity in G-L bubble
columns derived by Wilkinson et al. (1992) does not
take account of the influence of column diameter.
Before the experimental results for &, can be
presented in a convenient and unified manner, it is
necessary to develop a model which is capable of
taking its dependence on H and Dy into account.
The model that is developed here is derived by
borrowing ideas and concepts which are well estab-
lished for G—S fluid beds (Davidson et al., 1977,
Van Swaaij, 1985) and relies on a proper descrip-
tion of bubble growth in the region above the
distributor. This approach is used as a basis of the
unified model for both G-8 and G-L systems,

A model for dilute phase gas hold-up in G-S fluid
beds

When a gas phase is injected into the grid of a
G-S fluid bed, the jets formed initially at the
distributor break up into bubbles; these bubbles
then grow in size due to coalescence with the
neighboring bubbles. For fast rcactions such as
combustion of coke on catalyst (as in the FCC
regenerator), this initial bubble growth zone above
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coalescence

Fig. 14. Model for bubble growth in a gas—solid fluid bed (Darton er ai., 1977).

the distributor is of great importance because of the
very high mass transfer coefficients obtained. There
is evidence in the literature to suggest that the
bubbles do not grow indefinitely but reach a
maximum “equilibrium” bubble size, dF (Geldart,
1986). The growth of bubbles therefore terminates
at a height A* above the distributor where the
equilibrium size d is attained; see Fig. 14 which is
an adaptation of the model developed by Darton et
al. (1977). The equilibrium bubble size df, and
consequently the equilibration height h*, are sys-
tem properties, i.e. they depend on the powder
used.

First, consider the zone h = 0 — A*. Darton et al.
(1977) suggested a bubble coalescence model de-
picted on the right of Fig. 14. In this model,
coalescence occurs between bubbles of neighboring
streams and the distance traveled by the bubbles
before coalescence is proportional to their horizon-
tal separatton from neighboring bubbles. Following
the Darton model, the diameter of a sphere having
the same volume as the actual bubble is given by
the relation:

dp = ay(U—Uyg)** (h + ho)¥5g~15 forh<h*.(8)

For dispersion heights exceeding #* the bubble size
remains constant and equals the equilibrium bubble
size:

di = a)(U— Uyg)*®(h* + ho)*°g™"° forh*<h=<H

)}
where a; is an empirical constant; this constant was
determined by Darton et al. (1977) by fitting
measured experimental data and they found its
value to be 0.54 for FCC powder. The parameter
ho characterizes the distributor; the initial bubble
size formed at the distributor is thus:

dbO - a](u_ Udf)2/5(h0)4/5g— 1/5. (10)

The value of kg can be estimated from

ho = 4V A, (11)

where A, represents the “catchment area” of the
bubble stream at the distributor plate and is usually
the area of the plate per orifice (nozzle). For
porous plate distributors, for example, Ag =
0.000056 m?, giving Ay = 0.03 m; this value is used
in all the model calculations and correlations to be
presented in this paper.

The hold-up of gas in the form of bubbles, i.c.
the dilute phase of a bubbling bed of height H, can
be calculated from the following relation

y: 4
6 = I W-Uy) 4 (12)
H b Vs

where the rise velocity of the bubbles is a function
of the bubble diameter, d,. Werther (1983) carried
out extensive measurements in beds of different
diameters and found that the rise velocity of a
bubble of a given size was dependent on the size of
the vessel Dr; a bubble tends to rise faster in a
larger diameter bed. The increase of V, with Dy is
due to the large-scale mixing patterns that have the
effect of accelerating the bubble swarms. These
large-scale mixing patterns are caused by eddies
whose size is limited by the vessel diameter.
Werther (1983) proposed the following correlation
for the bubble rise velocity:

Ve = ¢Vgd, (13)
where ¢ is an empirical constant that depends on
the column diameter. For A type powders, such as
fluidized cracking catalyst, ¢ was correlated by
Werther as:

for Dr=<0.1m
for0.1<Dr<1m
for Dy=1m.

& 0.4
SDy

14

oo
o
N
nnh O

For B type powders, such as sand, the Werther
correlation is:

¢ = 0.64 for Dy=<0.1m
¢ = 1.6D%* for0.1=Dy<1m (15)
=16 for Dyr=1m.
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For analysis and correlation of the experimental
data generated in this work, in columns of diameter
0.1, 0.19 and 0.38m, the following form was
adopted for the rise velocity constant ¢:

é = ¢y D% (16)
where the constant ¢, and the exponent »n are
experimentally determined parameters.

Combining eqs (8), (9), (12), (13) and (16) the
following expressions can be derived for the dilute
phase gas hold-up for, respectively, dispersion
heights H smaller and greater than the equilibra-
tion height A*:

J. ELLENBERGER and R. KrisHnA

yielded A* = 1.16(U — U,IU.-)O'33 which was only mar-
ginally worse than the linear fit reported above.
Figure 15 compares the obtained fit for the rise
velocity constant ¢ = 1.95D}3 with the Werther
correlation (1983); the correspondence is remark-
ably close. The fitted dependence of the equilibra-
tion height H* on (U — Uyy) is portrayed in Fig. 16.
The values of £* range between 0.4 and 1.2 m; this
is within the range of A* values assumed by
Werther (1983) to rationalize the observed mass
transfer data for a fluid bed reactor using silica
catalyst. Since the value of the equilibration height
h* increases with increasing values of (U — Uyg), we

1 [(H + h0)3/5 _ (hO)S/S] (U _ Udf)4/5
= for H < h* 17a
* T Var D18 35) H (172)
and
6 = 1 [(B* + ha)*” = (h)*°] (U = Ugr)*” +
* " Va; ¢ DS (3/5) H
1 * -y - (U= Ugp)¥® .
\/G—%Dngzﬁ (h* + hg) (H—h )—'H— for H> h*. (17b)
1 T

The model parameters in eq. (17), h*, a;, ¢pand n
can be determined by fitting with experimental
data.

Correlation of dilute phase hold-up data for
air—FCC fluid bed

There is no a priori reason to assume that the
equilibration height #* would be independent of
the superficial gas velocity through the dilute phase
(U — Ug); therefore, the experimental data were
fitted by assuming three different forms for the
dependence of h* on (U— Uy): (1) a linear de-
pendence: A* = by + b,(U~ Ug), (2) an exponen-
tial dependence: A* = boexp[b,(U — Uy)], and (3)
a power-law dependence: A* = bo(U — Uy)®!. The
linear and exponential fits for h* were equally
accurate and slightly superior to the power law.
Furthermore, the constant in the Darton bubble
growth model was fixed at the value «y = 0.54 for
the FCC powder used in the experiments. The few
hundred experimental data for g, obtained for
air-FCC in 0.1, 0.19 and 0.38 m diameter columns
with varying values for (U — Uys) and H were used
to find the best fit values for the model parameters
¢y, b, by and b, using a non-linear regression
routine. The results of the regression analysis yield
the following values for the various model para-
meters in eq. (17):

a; = 0.54; h* = 0.33+ 1.51(U — Uy);
¢ = 1.95D{* (air-FCC). (18)

The power-law fit for the equilibrium height

should expect the equilibration bubble size d§ to
also increase with increasing (U — Uy). Visual
observations in a two-dimensional column con-
firmed this trend.

The importance of taking bubble growth into
account is demonstrated by the calculations pre-
sented in Fig. 17, for (U~ Uy) = 0.3 m/s and three
column diameters Dr = 0.1, 0.5 and 1m. The
dilute phase hold-up g, decreases with increasing
bed dispersion H; this decrease is particularly
significant in the range 0.5-2m. Beyond about
H = 4 m there is practically no further influence on
bed dispersion height. For H>>h*, eq. (17b) yields
the asymptotic value for the dilute phase hold-up,
Ep:

1
Va, ¢oDrg**

Ep =

(h* + ho)—ZIS(U - Udf)4/5

for H>>h*. (17¢)

The dilute phase hold-up also decreases with
increasing column diameter; cf. Fig. 17. According
to the Werther correlations, eqs (14) and (15), the
column diameter dependence vanishes after
Dy = 1m; this aspect has not yet been verified
experimentally in the literature on G-S fluid beds.

In order to demonstrate the validity of the model
represented by eq. (17), and to test the goodness of
the fitted parameters given by eq. (18) a small
selection of the experimental data will be presented
in order to show the influence of the dispersion
height 4 on the hold-up of the dilute phase. In Fig.
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Fig. 15. The dependence of the rise velocity constant ¢ on the column diameter. Correlations for
air-FCC and air-liquids compared with the Werther correlation of eqs (14) and (15).

air-FCC:
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r fair—water: !
h™y 'h*—0018+1.05(U u,,,)-
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Fig. 16. The influence of (I/ ~ Uy) on the height at which the (large) bubbles reach their equilibrium
size. Fitted correlations for air-FCC, air~paraffin oil and air-water.
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0.1 L%, ' ) l [
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Fig. 17. Simulations of dilute phase hold-up for air-FCC using the model eq. (17). The results show
strong dependence on the bed dispersion height and on the column diameter.
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Dy=0.19m
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Eqgs (17, 18)
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0.3
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Fig. 18. The “dilute® phase hi)ld-up in air—FCC fluid beds in a 0.19 m diameter column and for two
different values of the unexpanded bed, Hp.
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air - FCC

0.3

L

A Dr=010m
0Dr=019m
© D;y=0.38m

Eqs (17, 18)

| 1

(U - Udf)4/5 /[m-1/5 s-4/5]
H
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Fig. 19. The “dilute” phase hold-up in air-FCC fluid beds showing dependence on the column
diameter.

18, data obtained in the 0.19 m column for unex-
panded bed heights of Hy = 0.8 and 1.5m are
compared. The plot of &, versus (U— Uy)¥/H is
motivated by the form of the expression (17). The
fitted curve represents the data very well. The
observed trend in each individual data series was
found to be well represented by eq. (17). When
compared at the same value of (U— Uy), the
dilute phase hold-up £, decreases with increasing
dispersion height; cf. Fig. 17.

The influence of column diameter on the dilute
phase hold-up is portrayed in Fig. 19. Here, data
for the 0.1, 0.19 and 0.38 m diameter columns
obtained with the same ungassed bed height
Hy = 1.1m are compared. The experimental re-
sults show the significant infleence of the column

diameter. Figure 19 also verifies the validity of the
experimental fit [eq. (18)].

Correlation of dilute phase hold-up data for
air-paraffin oil bubble column

Taking encouragement from the observed, albeit
superficial, similarities in the total gas voidage and
dense phase voidages obtained in G-S fluid beds
and G-L bubble columns (cf. Figs 8-10), it wiil be
assumned that the dilute phase gas hold-up (= large
bubble population), &, in the bubble column with
paraffin oil as the liquid phase, also conforms to the
model represented by Fig.14 and quantitatively by
eq. (17). Essentially, this implies that large bubbles
in G-L systems are formed by coalescence of small
bubbles and that this coalescence is restricted to
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Fig. 20. Simulations of dilute phase hold-up for air—paraffin oil using the model eq. (17). The results
show dependence on the bed dispersion height and on the column diameter.

within the equilibration height A* above the distri-
butor. This assumption will be confronted with
experimental data later to test its validity. The
analysis of Jamialahmadi and Miiller-Steinhagen
(1993) shows the applicability of eq. (13) to de-
scribe the rise velocity of the ‘‘large” bubbles.
Following an identical procedure, the several hun-
dred experimental data points were subjected to a
non-linear regression analysis to obtain values of
the model parameters h*, a;, ¢9 and n. An
additional complication arises for G-L systems
because, in contrast to the situation for FCC for
which the bubble growth parameter value
a; = 0.54, the value of «, is unknown. It is
therefore only possible to fit the parameter Va; ¢.
As with air—FCC, a linear dependence of A* on
(U—Uy) was found to yield the best results.
Arbitrarily assuming that a; = 1, the model para-
meters were found to be:

o = 1, h* = 0.73(U_ Udf); d) = 195D¥6

(air—paraffin oil). (19)

In Fig. 15, the rise velocity constant ¢ for
air-paraffin oil is compared with that found earlier
for air—-FCC; it can be observed that the diameter
dependence of the rise velocity of the dilute phase,
V, is weaker for paraffin oil. In Fig. 16, the
equilibration height obtained for air—paraffin oil is
compared to that obtained for air~FCC and it is
noted that the equilibration height for air—paraffin
oil is significantly lower. Therefore, the dilute
phase hold-up £, should be expected to show a
weaker dependence on the dispersion height than
for FCC. This is verified by the calculations shown
in Fig. 20. It is clear that influence of the dispersion
height on the bubble hold-up tends to disappear
only beyond H = 3m. Comparison of the analo-
gous Figs 17 and 20 provides justification for the
title of this paper; it is indeed possible to approach

the scale-up of G-S fluid beds and G-L bubble
columns using a unified approach based on the
physical model represented by Figs 7 and 14.

Figures 21 and 22 present the quantitative jus-
tification of the model represented by Fig. 14 and
eq- (17), and underline the analogies with the
air—-FCC; cf. Figs 18 and 19.

Correlation of dilute phase hold-up data for
air-water bubble column

The procedure followed for air-paraffin oil can
be repeated for air—water. The model parameters
are found to be:

ap = 1; h* = 0.018+ lOS(U— Udf);

¢ = 1.95DYS (air-water). (20)
The rise velocity constant ¢ and the equilibration
heights h* are compared with the corresponding
parameters obtained for air—FCC and air-paraffin
oil in Figs 15 and 16. The only difference between
air-water and air—paraffin oil appears to be the
slightly higher value for the equilibration height 2*;
otherwise the conclusions for the column diameter
and dispersion height dependencies are similar to
that portrayed in Fig. 20.

Figures 23 and 24 provided quantitative verifica-
tion of the goodness of fit of the model [eq. (17)] to
the measured experimental data.

Influence of gas density on bed voidage and dilute
phase hold-up

For G-S fluid bed of 0.1 m diameter with FCC as
powder, measurements were carried out with
helium, air and argon as fluidizing gas. Figure 25
compares the results obtained with these three
gases on the total gas voidage. The total gas
voidage increases with increasing gas density. The
influence of increased gas density is to delay
transition to the heterogeneous regime (Krishna et
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Fig. 21. The “dilute”” phase hold-up in air—paraffin oil bubble beds in a 0.19 m diameter column and
for two different values of the unexpanded bed, H,.

Hy=1.1m
air - paraffin oil

|

A Dr=010m
oDr=0.19m
o Dr=0.38m

Eqs (17, 19)

0.35

(U - Ud')4/5 Am-vs s-4/5]
H

Fig. 22. The “‘dilute” phase hold-up in air—paraffin oil bubble column showing dependence on column
diameter.

al., 1993), i.e. increased pg tends to increase gy,
(= &4r) and the increase in the total gas voidage is
to be attributed to increase in the gas voidage of
the dense phase. By implication, the influence of
gas density on the dilute phase hold-up g, would be
negligibly small; this expectation is confirmed in
Fig. 26. The continuous curve in Fig. 26 represents
the model prediction of eq. (17) with the para-
meters given in eq. (18). The convenient result
portrayed in Fig. 26 suggests that experiments
carried out at ambient pressure conditions could
provide a good basis for predicting the dilute phase
hold-up at high pressure.

In the 0.1 m diameter bubble column, experi-
ments were carried out with tetradecane as the

liquid phase and with helium, air, argon and sulfur
hexafluoride (SF) as the gas phase. The results for
the total gas voidage shows a pronounced increase
of the total gas voidage with increasing gas density,
in analogy with results obtained for FCC; compare
the results of Fig. 27 with those of Fig. 25. The
dilute phase hold-up &,, on the other hand, shows
no particular trend with the gas density; see Fig. 28
which is endogenous with Fig. 27. The rationaliza-
tion of the results in Fig. 27 and Fig. 28 is that
increased gas density tends to delay transition to
the heterogeneous flow regime and thus increase
the value of the dense phase gas voidage &4
(= Eyans); the dilute phase gas hold-up is un-
affected. This conclusion was reached earlier by
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Fig. 23. The “dilute’” phase hold-up in air-water bubble columns in a 0.19 m diameter column and for
two different values of the unexpanded bed, H,.
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Fig. 24. The “dilute’” phase hold-up in air—water bubble columns showing dependence on column

diameter.
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Fig. 25. Influence of varying gas density on the total gas voidage in a G-S fluid bed of 0.1 m diameter
with FCC as powder.

CES 49;24(B) -0



5408 J. ELLENBERGER and R. KRISHNA
© argon Eqgs (17, 18)
0.35r A helium
& |
-]
~ Ho = 1.1 m
Di=0.1m
0 1 1 1 |
0.25

’
U=0a)" fous g
H

Fig. 26. Demonstration of the independence of the dilute phase hold-up on the gas density in a 0.1 m
diameter fluid bed operation with FCC as powder.
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Fig. 27. Influence of varying gas density on the total gas voidage in a 0.1 m diameter G-L bubble
column with tetradecane as the liquid phase.

Krishna ez al. (1991) from an analysis of the data of
Wilkinson (1991). The two continuous curves
shown in Fig. 28 are drawn using the fitted para-
meters for the air—paraffin oil and air-water sys-
tems. The differences in the predictions are small,
suggesting that the liquid properties do not signi-
ficantly influence the dilute phase hold-up.

Influence of liquid properties on the dilute phase gas
hold-up in bubble colurnns

From Figs 9 and 10 it is observed that the total
gas voidage for the water and paraffin oil systems
are significantly different. However, if the dilute
phase hold-ups for these two systems are com-
pared, it can be seen that this parameter varies only
slightly; see Fig. 29. That the influence of liquid
phase properties has only a minor influence on the

dilute phase hold-up is confirmed by examination
of literature data published by Grund (1988) and
Krishna et al. (1991) for the water, methanol,
ligroin, toluene, turpentine, butanol and glycol
systems; see Fig. 30. Despite a wide variation in
viscosity and surface tension, the dilute phase
hold-up g, is only slightly affected. Figure 30 also
shows the calculations using eqs (17) and (19), and
eqs (17) and (20), derived for paraffin oil and
water, respectively, and confirms the ability of the
model developed in this paper to correlate litera-
ture data not used in the fitting of the model
parameters.

CONCLUSIONS
The results presented in this paper support the
authors’ contention that a unified approach to the
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Fig. 28. Demonstration of the independence of the dilute phase hold-up on the gas density in a 0.1 m
diameter bubble column with tetradecane as the liquid phase. The two continuous curves are drawn
using eqs (17) and (19), and eqgs (17) and (20).
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Fig. 29. Comparison of the dilute phase hold-up for paraffin oil and water in a 0.38 m diameter
column.

scale-up of G-S fluid beds and G-L bubble col-
umns is possible. This unified approach is based on
hydrodynamic analogies in the behavior of these
two systems. On the basis of extensive data gener-
ated for G-S fluid beds and G-L. bubble columns,
the following analogies between the hydrodynamic
behavior of these two columns have been estab-
lished.

(1) The hydrodynamic behavior of fluid beds and
bubble columns can be modeled using the
generalization of the two-phase model de-
veloped for fluid beds; see Fig. 7.

(2) For both fluid beds and bubble columns, the
dense phase gas voidage g4 is practically

independent of the column diameter. This
parameter shows an increasing trend with
increasing gas density.

(3) The dilute phase hold-up in both fluid beds
and bubble columns can be described by eq.
(17) which is derived from a coalescence
model put forward by Darton et al. (1977)
for gas—solid fluid beds.

(4) The rise velocity of the dilute phase V,, for
both fluid beds and bubble columns increases
with column diameter [cf. eq. (16)]; this
dependence is observed to be stronger for
air-FCC than for air-paraffin oil, air-water
and air—tetradecane.

(5) The dilute phase hold-up for G-S and G-L
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Fig. 30. Influence of liquid properties on the dilute phase hold-up.

systems tends to decrease with increasing
dispersion heights—a consequence of bubble
coalescence. The equilibration height A* is
found to be an increasing function of the
superficial gas velocity through the dilute
phase, (U — Ug). The values of A* for air-
FCC are significantly higher than for air—
paraffin oil and air—water. As a consequence,
the influence of the dispersion height 4 on
the dilute phase hold-up is stronger for
air-FCC than for air-liquids; compare the
results of Figs 17 and 20.

(6) The difference in the dilute phase hold-up
with liquid properties is very small. The
values of &, obtained with tetradecane agree
with that obtained with paraffin oil, even
though these two systems show widely diffe-
rent total gas voidages; see Figs 9, 10 and 29.
As an approximation, it may be assumed that
the influence of gas density and liquid prop-
erties on the hydrodynamics of G=L bubble
columns is only on the dense phase voidage
eqr and the dense phase superficial gas veloc-
ity Udf~

The extension of the unified approach to the
modeling of the hydrodynamics of G-S fluid beds
and G-L bubble columns to include interphase
mass transfer is the next research item in the
authors’ comprehensive agenda.
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NOTATION

Ag catchment area of single orifice, m?

bo fir parameter for equilibration height, m

b, fit parameter for equilibration height

dp bubble diameter of dilute phase, m

dpo initial bubble size formed at distributor,
m

ag equilibrium bubble size of dilute phase,
m

d, mean particle size, m

D, axial dispersion coefficient, m%s

Dy column diameter, m

g acceleration due to gravity, 9.81 m/s?

h height above the gas distributor, m

h* height above the gas distributor where
the bubbles reach their equilibrium size,
m

hq parameter determining the initial bubble
size at the gas distributor, m

H height of expanded bed, m

H, height of unexpanded bed, m

H, height of dispersion after escape of di-
lute phase, m

n power in the rise velocity correlation eq.
(16)

U superficial gas velocity, m/s

superficial gas velocity through the di-
lute phase, m/s

Uyr superficial velocity of gas thrugh the
dense phase, m/s
Uny minimum fluidization velocity for gas—

solid fluid bed, m/s
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Unp minimum “bubbling” velocity for gas—
solid fluid bed, m/s

Utrans superficial gas velocity at regime transi-
tion, m/s

Vs rise velocity of the dilute phase, m/s

Greek letters

oy constant in the bubble growth model,
eq. (8)

€ total gas voidage of G-S or G-L system

£ gas hold-up in “dilute” phase

Eaf gas hold-up in “dense” phase

Emnf voidage of G—S fluidized bed at mini-

mum fluidization conditions

Errans gas hold-up at the regime transition
point

PG gas viscosity, Pas

I3 liquid viscosity, Pas

Pouik bulk density of particles, kg/m?

PG density of gaseous phase, kg/m>

oL liquid density, kg/m?

IR particle density, kg/m?

a surface tension of liquid phase, N/m

@ rise velocity constant in eq. (13)

do constant defined in eq. (16)

Subscripts

b referring to “‘dilute’ phase

daf referring to ‘‘dense’ phase

G referring to gas phase

L referring to liquid phase

mf referring t0 minimum fluidization condi-
tions

p referring to particle phase

trans referring to the transition point

0 referring to conditions at the gas distri-
butor (h = 0)

Superscripts

*

referring to equilibrium value
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