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Two-phase flow hydrodynamics in vertical capillaries of circular and square cross sections were
experimentally studied, using air as the gas phase and water, ethanol, or an oil mixture as the
liquid phase. The capillary hydraulic diameters ranged from 0.9 mm to 3 mm, with the superficial
gas and liquid velocities covering a span of 0.008-1 m/s, which is typical of that obtained in
monolith reactors. Using a high-speed video camera, four distinct flow regimes were observed
within the range at which experiments were conducted: bubbly, slug-bubbly, Taylor, and churn
flows. Annular flow was observed at excessively high gas and low liquid flow rates, well beyond
those of interest to this study. Based on the definition of a two-class flow regime, the combination
of two parameterssthe slip ratio (S) and the ratio of the superficial gas velocity to two-phase
superficial velocity (UG/UTP)swas observed to be suitable for determining the transition from
homogeneous flow to nonhomogeneous flow. The influence of capillary geometry, capillary
hydraulic diameter, and fluid properties on bubble rise velocity (Vb) were investigated and
determined to be of little significance. Furthermore, a new and simplified correlation for
predicting Vb and, by implication, the gas holdup (εG) was proposed. Liquid slug lengths were
also experimentally studied, using a correlation that was developed to estimate them. Pressure
drop experiments were also performed, and the peculiar phenomenon of negative frictional
pressure drops was observed at very low liquid velocities. By defining a new dimensionless
quantitysthe pressure factor, FEsa flow-regime-dependent method for estimating the total
pressure drop in two-phase vertical capillary flows was developed.

1. Introduction

Monolith reactors are becoming increasingly signifi-
cant as multiphase reactors, considering the advantages
that they offer, in comparison to conventionally used
trickle beds and slurry bubble columns for a host of
processes.1-5 These advantages, which include low-
pressure drop, high gas-liquid mass-transfer rates, and
minimum axial dispersion, stem from the uniquely
structured multichannel configuration of monoliths.
Some studies have shown that the utilization of mono-
lith reactors, in lieu of trickle beds, results in higher
productivities and a very significant reduction in reactor
size for specified processes.6,7 Several other studies have
focused on the use of monolith reactors for hydrogena-
tion,8-10 hydrodesulfurization,11 and oxidation12,13 reac-
tions, as well as the Fischer-Tropsch synthesis.14,15

In essence, a monolith block is composed of an array
of uniformly structured parallel channels, often of
square or circular geometry, typically having hydraulic
diameters between 1 mm and 5 mm. Thus, the monolith
can be viewed as a structure that is comprised of many
repeating building blocks, where the basic building block
is a single channel. It can be argued that data obtained
from studies on a single channel, or what may be called
a capillary, can be used in scaling up a monolith reactor,

provided that a uniform gas and liquid distribution
(such as that obtained) occurs in the monolith bundle.16

Certain multiphase flow characteristics in capillaries
have been studied by several investigators, such as gas-
liquid flow hydrodynamics,2,17-20 mass transfer,2,21-24

and reaction rates.10,25 These studies were generally
performed in the Taylor flow regime, which has been
reported to be an effective regime for the operation of
monolith reactors. Taylor flow, which is also known as
slug flow or bubble train flow, is characterized by the
presence of elongated gas bubbles with lengths greater
than the capillary diameter, which rise along the
capillary separated from each other by liquid slugs. The
gas bubbles occupy most of capillary cross section,
separated from the channel wall by a thin liquid film.
This flow arrangement has been reported to yield
superior mass-transfer performance.17

Within the past decade, several two-phase capillary
studies have focused on one or more of flow regimes,
bubble velocity, and pressure drop. Many of these
investigations, which involved the use of horizontal
capillaries, were limited to air-water systems26-29 and
were geared toward a better understanding of two-phase
flow parameters for practical applications in compact
heat exchangers, as well as refrigeration and air con-
ditioning systems. Other flow regime, bubble velocity,
and pressure drop investigations have involved the use
of vertically positioned capillaries.30-32 Few investiga-
tors have used liquids other than water.2,17,19,33 Taking
stock of the various studies that have been undertaken,
one observes that limited data are available for capil-
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laries of varying geometry and for fluids with surface
tension and viscosity values that differ from those of
water. The objective of the present investigation is the
systematic study of the hydrodynamics of gas-liquid
flow in vertical capillaries of circular and square cross
sections and the development of correlations for the
prediction of related flow parameters such as bubble rise
velocity, liquid slug length, and pressure drop. Air was
used as the gas phase, with water, ethanol, or an oil
mixture being used as the liquid phase. The gas and
liquid superficial velocities were varied in the range of
0.008-1 m/s. Within this range, a broad spectrum of
flow regimes was encountered. However, particular
interest would be focused on the Taylor flow regime, in
view of understanding its significance to monolith
reactor applications.

2. Experimental Section

A schematic representation of the experimental setup
is depicted in Figure 1. It consists of (1) a capillary
setup, (2) an image recording and analysis system, and
(3) a pressure drop measurement system. The capillary
setup is composed of a vertically mounted, 1.4-m-long,
single Pyrex glass capillary. Gas and liquid were fed to
the bottom of the capillary through a 3-mm-diameter
polyvinyl chloride (PVC) tee connection, as shown in
Figure 2. Five different capillaries were used in the
experiments, and the capillary dimensions and an
overview of the experimental systems studied is shown
in Table 1. Air was used as the gas phase in all
experiments, with the liquid phase being demineralized
water, ethanol, or an oil mixture that was a miscible
blend of a light paraffin oil (viscosity of µL ) 2.9 mPa s,
surface tension of σ ) 28 mN/m) and a very viscous
hydrocarbon oil (µL ) 75 mPa s, σ ) 28 mN/m) in a
volume ratio of 1:2. All experiments were conducted at
room temperature and atmospheric pressure. Physical
properties of the liquids used are given in Table 2.

Liquid densities were determined using a density meter
(PAAR model DMA 35, Austria). Liquid viscosities and
surface tensions were measured with a Ubbelohde
viscosity meter and by the capillary method, respec-
tively. During experiments, compressed air was fed
through a precalibrated float-type gas flowmeter to the
tee connection. Two manually operated control valves
were used to regulate the gas flow rate. The first of these
valves was placed between the compressed air flow line
and the flowmeter and was set to give a constant gauge
pressure of 30 kPa. The second valve, which was placed
between the gas flowmeter and the tee connection, was
solely used to regulate the volumetric gas flow rate into
the capillary. Liquid was fed from an elevated 10-L
storage vessel into a precalibrated liquid flowmeter with
the flow rate also adjusted through the use of a
manually operated valve. Gravity provided the driving
force for the flow of liquid from the storage vessel into
the liquid flowmeter. The liquid flowmeter was a float-
type flowmeter that had been installed upstream of the
tee connection. The gas-liquid flow stream arrange-
ment allowed for an independent alteration of the gas
and liquid flow rates. Liquid was discharged from the
capillary into a 33-mm-wide, 40-mm-high disengage-

Figure 1. Schematic representation of the experimental setup.

Figure 2. Details of the tee connection.

Table 1. Experimental Systems Studied

gas-liquid
system

capillary
type

hydraulic
diameter (mm)

number of
experiments

air-water circular 0.91 11
air-water circular 2.00 24
air-water circular 3.02 44
air-water square 2.89 39

air-ethanol circular 0.91 17
air-ethanol circular 2.00 25
air-ethanol circular 3.02 17
air-ethanol square 0.99 27
air-ethanol square 2.89 41

air-oil mixture circular 3.02 37
air-oil mixture square 2.89 24

Table 2. Physical Properties of Liquids Used at 298 K
and 100 kPa

liquid
phase

density
(kg/m3)

viscosity
(mPa s)

surface tension
(mN/m)

water 998 0.95 72
ethanol 780 1.2 22
oil mixture 840 15.9 28
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ment zone. The height of liquid in the disengagement
zone was ∼8 mm.

The image recoding system consists of a Photron
model Fastcam-ultima 40K high-speed video camera, a
memory box, and a CRT monitor display. The high-
speed camera system was used for flow-regime observa-
tions and bubble rise velocity measurements. Video
movies captured by the high-speed camera were instan-
taneously stored in the memory box. The camera could
be set to capture movies at rates of 30-4500 frames per
second (fps) in full-frame mode and 9000-40 500 fps in
segmented-frame mode. The CRT display showed, in
real time, what was viewed through the high-speed
camera. Data from the memory box were transferred
to the personal computer (PC) for later analysis. During
the experiments, the high-speed camera was positioned
midway along the capillary height with its focus ad-
justed in such a way that it captured rising air bubbles
and liquid slugs within a distance of 0.035-0.2 m,
depending on the particular operating gas and liquid
velocities. After steady state was achieved, movies were
made for a certain time span, which varied with bubble
velocity, at capture rates of 250-4500 fps, depending
on the gas and liquid velocities, to obtain suitable movie
time intervals. By performing a frame-by-frame analysis
of each movie, the bubble frequency (fb), which is defined
as the number of bubbles that traverse a given point in
the capillary per unit time, was determined. The bubble
rise velocity (Vb) was also determined from the movies
by registering the time required for a gas bubble to rise
a known distance along the capillary height. Each Vb
value reported is an average of three to five values that
were taken. Nevertheless, hardly any of the values
differed from the mean value by >4%, indicating that
the flow was steady. With the bubble rise velocity
known, the gas holdup (εG) was determined as follows:

where UG is the superficial gas velocity.
In the Taylor flow regime of a vertical upflow capil-

lary, a gas bubble rises along the capillary height
sandwiched between liquid slugs. Between the gas
bubble and the wall of the capillary is a thin downflow-
ing liquid film. We define a unit cell as consisting of a
gas bubble and the accompanying liquid slug beneath
it. Furthermore, we assume that, on average, all unit
cells have the same length. The average unit cell length
(LUC) can then be estimated from

Assuming that the volume of liquid in the film between
the gas bubble and capillary wall is negligible, the
average liquid slug length (Lslug) can be estimated from
the relationship

The pressure drop in the capillary was measured
using a differential pressure transducer. Two liquid
taps, at the base and top of the capillary, were connected
to pressure ports on a Validyne model DP15 pressure
transducer, which was, in turn, connected to an analog-
to-digital converter card on a PC via a voltmeter (refer

to Figure 1). For each liquid used, a calibration curve
showing the linear relationship between pressure dif-
ference and the voltmeter readings was made. When the
capillary was full of a stationary liquid phase, the
pressure difference was zero (provided that the same
liquid as that used in the capillary also fills the tubes
that are connected to the pressure transducer) with a
zero voltage reading displayed on the voltmeter as well
as being fed to the PC. When only air was present in
the capillary, however, pressure difference became equal
to the 1.4-m height of the liquid in the tubes that were
connected to the pressure transducer. In this case, the
span of the voltmeter was set to 10 V. During experi-
ments, pressure drop measurements were performed for
a couple of minutes at a sampling frequency of 10 Hz.
The experimental system was tested by comparing
experimental liquid-only frictional pressure drop data
with theoretical frictional pressure drops for laminar
flow. For single-phase laminar flow in a vertical capil-
lary, the total pressure drop (∆PT) is composed of two
contributions: (1) the pressure drop due to frictional
effects of the liquid flow (∆Pf) and (2) the hydrostatic
pressure drop of the liquid. Experimental ∆Pf values
were obtained by subtracting the hydrostatic con-
tribution from the measured total pressure drop. The
theoretical ∆Pf value was computed, noting that, for
laminar flow, the Fanning friction factor (fL) is related
to the liquid-phase Reynolds number (ReL) by the
relation

where C is a constant that is dependent on channel
geometry and has values of 14.2 and 16 for square and
circular channels, respectively. The Fanning friction
factor is related to the frictional pressure drop by the
relation

where dc and Lc are the diameter and length of the
capillary, UL is the superficial liquid velocity, and FL is
the liquid density. Figure 3 shows the experimental
single-phase frictional pressure drop with predictions
obtained using the fL values for laminar flow. A very
good agreement is obtained, verifying the accuracy of
the setup and also helping to ascertain that inlet and
outlet effects are negligible.

All the measured experimental data for 11 different
campaigns with varying system properties and capillary
sizes, and configuration, have been tabulated and
presented in the Supporting Information accompanying
this publication.

3. Results and Discussion

3.1. Two-Phase Flow Regimes. Typical images of
flow regimes observed during experiments are shown
in Figure 4 for air-water, air-ethanol, and air-oil
mixture systems in the 3.02-mm-diameter circular
capillary. A total of five distinct flow patterns were
observed and are labeled bubbly flow, Taylor flow, slug-
bubbly flow, churn flow, and annular flow. A basic
description of each flow regime follows.

εG )
UG

Vb
(1)

LUC )
Vb

fb
(2)

Lslug ) LUC(1 - εG) (3)

fL ) C
ReL

(4)

fL )
∆Pf/Lc

1/2FLUL
2(4/dc)

(5)
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Bubbly Flow Regime: This flow pattern typically
occurs at relatively high liquid velocities and low gas
velocities. It is characterized by the presence of fast
rising bubbles with diameters less than or equal to the
capillary diameter. The bubbles are often spherical or
spheroidal in shape. Gas holdups are generally very low
in this regime.

Taylor Flow Regime: Also known as slug flow or
bubble train flow, Taylor flow consists of gas bubbles
with lengths greater than the tube diameter that move
along the capillary separated from each other by liquid
slugs. Depending on the gas and liquid flow rates and
properties, the bubbles often have hemispherically
shaped tops and flattened tails.

Slug-Bubbly Flow Regime: This is a transition regime
that occurs between bubbly and Taylor flows. Similar
to that observed in Taylor flow, bubble slugs are present,
separated from each other by liquid slugs. However, in
the slug-bubbly regime, small bubbles are also present

in the liquid slugs; this is a feature that is not observed
in Taylor flow. The transition from Taylor flow to slug-
bubbly flow occurs by increasing the liquid flow rate
with the gas flow rate being kept constant.

Churn Flow Regime: Churn flow occurs at very high
gas velocities. It consists of very long gas bubbles and
relatively small liquid slugs. Because of the high gas
velocity, a wave or ripple motion is often observed at
the bubble tail with tiny gas bubbles entrained in the
liquid slug. Further increases in the gas flow rate result
in annular flow.

Annular Flow Regime: At excessively high gas veloci-
ties and very low liquid velocities, annular flow results.
Here, a continuous gas phase is present in the central
core of the capillary with the liquid phase being dis-
placed to form an annulus between the capillary wall
and the gas phase.

These flow regimes are what may be called “clear-
cut” regimes, because they are easily identifiable. Other
investigators have also observed somewhat similar
patterns in vertical and horizontal capillaries.26,30,32,34

A degree of complexity becomes involved when identify-
ing flow patterns that fail to fall into any of the typical
regimes depicted in Figure 4. Such patterns can be
expected to occur when transitioning from one regime
to another, and, in such cases, the discretion of the
investigator is heavily relied upon. The slug-bubbly flow
regime was not observed for the viscous oil mixture used
in this study. Annular flow was not encountered within
the range of gas and liquid superficial velocities for
which experimental data are presented. Also, all ex-
perimental liquid slug lengths reported in this work
are for the Taylor flow regime. Movies of the flow
regimes depicted in Figure 4 can be viewed on our
website.35

The flow regime map for the 3.02-mm-diameter
circular capillary air-water system obtained from the
experiments that have been performed is shown in
Figure 5, with the superficial gas and superficial liquid
velocities as the x- and y-axes. Furthermore, compari-
sons are made with some flow regime maps available
in the literature. Zhao and Bi32 studied flow regimes in
vertical triangular capillaries for co-current upward
air-water two-phase flow. Their experimental data for
a 2.886-mm hydraulic diameter capillary is presented
for comparison of the bubbly-slug and slug-churn tran-
sitions. As can be seen, the slug-churn transition occurs
at very close superficial gas and liquid velocities in both
capillaries. However, a significant difference exists in

Figure 3. Experimental and theoretical single-phase frictional pressure drop for the (a) 2.89-mm square capillary (water), (b) 2-mm
circular capillary (ethanol), and (c) 0.99-mm square capillary (ethanol).

Figure 4. Flow regimes encountered during the experiments
performed for air-water, air-ethanol, and air-oil mixtures.
Regimes shown are (i) bubbly, (ii) slug-bubbly, (iii) Taylor, (iv)
churn, and (v) annular flow. High-speed video recordings of the
various flow regimes can be viewed on our website.35
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the bubbly-slug transition, a discrepancy that could
largely be due to the different gas-liquid distri-
butors used. Although a tee gas-liquid inlet was used
in this study, they used a fine-plastic-packed porous
mixer to ensure that gas and liquid were well-mixed
before entering the capillary. Correlations provided by
Mishima and Ishii36 for predicting flow-regime transi-
tions for upward two-phase flow in vertical capillaries
are also compared with our experimental data in Figure
5. Neither the bubbly-slug transition nor slug-churn
transition correlations predict our experimental data
satisfactorily, with the former showing much larger
deviation. Interestingly, they also found that, although
these correlations predicted the experimental data of a
few investigators, they were not suitable at all for
predicting the experimental data of other investigators,
partially attributing this to different methods of obser-
vations and definitions of flow regimes as well as the
fact that transition phenomena develop gradually. The
bubbly-slug transition line, based on the correlation of
Suo37 from studies in a horizontally positioned capillary
for air-water flow, is also depicted in Figure 5. It
qualitatively predicts the trend for transition from the
bubbly to slug (Taylor) flow regime.

3.2. Gas Holdup and Bubble Rise Velocity. 3.2.1.
Variation of Gas Holdup and Bubble Rise Velocity.
The variation of gas holdup εG with superficial gas
velocity UG for varying superficial liquid velocities UL
is shown in Figure 6a for the 2.89-mm square-capillary
air-ethanol system. An increase in εG results from an
increase in UG and a decrease in UL. At lower values of
UL, local maximums in εG are observed. This behavior
is often observed in bubble columns and is generally
associated with a flow regime transition. A parameter
that is often used in two-phase flow analysisscalled the
slip ratio, Sshelps to provide some insight into the
relationship between the observed trends in εG and flow
regime transition. The slip ratio S, which is defined as

is a measure of the relative velocity between the gas
and liquid phases (where VL is the liquid-phase velocity).
At this point, we can speak of two main classes of flow:
homogeneous and nonhomogeneous. Based on the five
different flow regimes previously discussed, it can be
expected that bubbly flows are typically homogeneous,
because discrete gas bubbles are entrained in a continu-

ous liquid phase, which, provided that the liquid velocity
is not too high, maintains a Hagen-Poiseuille flow
pattern. On the other hand, Taylor, churn, and annular
flows are generally nonhomogeneous, with slug-bubbly
flow bordering the homogeneous and nonhomogeneous
regimes. From eq 6, we note that, if S ≈ 1, homogeneous
flow is obtained, because, under this condition, Vb ≈ VL,
which is a situation that can only occur when gas and
liquid rise uniformly in the capillary with no down flow
of the liquid phase. When S > 1, bubbles rise with
higher velocities than the liquid phase. This can be
expected when down flow of the liquid phase occurs in
the liquid film surrounding the bubbles, such as that
observed in the Taylor and churn flow regimes. In a
nutshell, S can serve as an indication of when a two-
phase flow deviates from the homogeneous flow regime.
To buttress this point, Figure 6a was re-plotted using
UG/UTP and εG as coordinates in Figure 6b and UG/UTP
and S as coordinates in Figure 6c. UTP is the two-phase
superficial velocity, which is defined as

From these plots, it is seen that, for UL ) 0.012 m/s
and UL ) 0.043 m/s, both of which belong to the Taylor
flow regime, deviation from homogeneous flow is most
significant, judging by the great increase in S. At higher
liquid velocities, the flows gradually approach homoge-
neous flow, with S values approaching unity. Another
characteristic of the large deviation from homogeneous
flow is that it occurs at high gas holdups (εG > 0.5), as
observed from a comparison of Figure 6b and 6c. For εG
) 0.1-0.5, the mean S value is ∼1.4. Also, the local
maximums in εG shown in Figure 6a can be attributed
to the significant increase in slip between phases. In
Figure 6d, the flow regime map for the system is shown;
lines that correspond to UG/UTP values of 0.2, 0.5, and
0.8 also are depicted. From this map, it is clear that
the increase in S occurs near the churn flow regime and
in the Taylor flow regime. The high S operation is
predominantly in the Taylor flow regime, whereas a
constant S value is observed for the bubbly and slug-
bubbly flow regimes.

Plots of the two-phase superficial velocity versus the
bubble rise velocity are shown in Figure 7, to demon-
strate the effect of certain operating parameters and
conditions on the bubble rise velocity. Figure 7a shows
that a linear dependence exists between UTP and Vb.
Moreover, although Vb shows a strong dependence on
UTP (i.e., the combined gas and liquid superficial veloci-

Figure 5. Flow-regime map for the 3.02-mm circular capillary air-water system.

UTP ) UG + UL (7)

S )
Vb

VL
)

UG/εG

UL/(1 - εG)
(6)
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ties), it shows no dependence on the individual gas and
liquid superficial velocities. The effect of capillary
geometry on bubble rise velocity is shown in Figure 7b,
using air-water data for the 2.89-mm square and 3.02-
mm circular capillaries. All data points seem to collapse
to a single line, indicating the negligible effect of
capillary geometry on bubble rise velocity. Data from
the 0.91-mm and 3.02-mm circular capillaries for the
air-ethanol system are plotted in Figure 7c, to under-
stand the effect of capillary scale on bubble rise velocity.
From this plot, bubbles seem to rise more slowly in the
smaller-diameter capillary. This is likely due to an
increase in surface tension effect with a decrease in
capillary size. In Figure 7d, the effect of liquid viscosity
on bubble rise velocity is explored using data from the
3.02-mm circular capillary for air-ethanol and air-oil
mixture systems. The oil mixture has a viscosity that
is 13 times greater than that of ethanol, whereas the
two liquids have similar surface tension values (refer
to Table 2). The higher the liquid viscosity, the higher
the bubble rise velocity for the same UTP. A similar
result was reported by Kreutzer2 for a 2.3-mm-diameter
circular capillary with air and tetradecane as the gas
and liquid phases. Tetradecane has a viscosity that is
3 times greater than that of water. The effect of surface
tension is depicted in Figure 7e for air-ethanol and air-
water systems in the 2-mm-diameter circular capillary.
Ethanol has a surface tension that is approximately a
third of that for water, whereas both liquids have
approximately the same viscosity (refer to Table 2). This
plot shows that the surface tension effect only seems

noticeable for UTP > 0.6 m/s, where the higher surface
tension liquid results in a lower bubble rise velocity,
although this effect seems to be only slightly pro-
nounced.

3.2.2. Correlating the Taylor Bubble Rise Veloc-
ity. Many approaches have been proposed in the
literature for estimating bubble rise velocities in a
capillary tube. One of these, which is similar to the drift
flux model used for studies in larger channels, involves
relating the bubble rise velocity to the two-phase
superficial velocity:30,38

where C1 and C2 are arbitrary constants. However,
these arbitrary constants are dependent on such pa-
rameters as the tube diameter and liquid proper-
ties, serving as a drawback to this method. Another
method for estimating the bubble rise velocity involves
conducting a mass balance about a unit cell for a fully
developed steady Taylor flow, resulting in the relation-
ship

where εLf and Vf are the liquid film holdup and liquid
film velocity, respectively. Based on the works of
Thulasidas et al.17 and Barnea,39 independent estima-
tions of εLf and Vf can be made from which the bubble
rise velocity can, in turn, be determined. However,
this approach is cumbersome, because it requires that

Figure 6. (a) Variation of gas holdup (εG) with superficial gas velocity (UG) and superficial liquid velocity (UL) in the 2.89-mm square
capillary air-ethanol system. (b) UG/UTP versus εG for the 2.89-mm square capillary air-ethanol system at different liquid velocities. (c)
Variation of the slip ratio (S) with UG/UTP for the 2.89-mm square capillary air-ethanol system at different liquid velocities. (d) Flow-
regime map for the 2.89-mm square capillary air-ethanol system.

Vb ) C1UTP
C2 (8)

εLf(Vb - Vf) ) Vb - UTP (9)
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the bubble diameter, which is a very difficult hydro-
dynamic parameter to measure, be estimated. Further
discussion on the application of this method for estimat-
ing the bubble rise velocity and comparison with the
experimental results of this study is available in Ap-
pendix II of the Supporting Information accompanying
this paper.

To overcome difficulties associated with estimating
the bubble diameter, as well as accounting for the effect
of liquid properties on bubble rise velocity, the following
practical relationship was derived from the correlation
of all our experimental data:

Ca is the capillary number, which is defined as µLUTP/
σ. Figure 8 shows plots of experimental bubble rise
velocities, as well as predictions obtained using eq 10
for capillaries of circular and square geometries and
different liquids. The fits seem to be very good. The
correlation given by eq 10 is valid for predicting Vb in a
Ca range of 0.0002-0.39.

3.3. Liquid Slug Length. The liquid slug length is
an important hydrodynamic parameter that has been
reported to have a very significant effect on gas-liquid
mass transfer in capillaries.21 It has a very complicated
relationship to system parameters such as the super-
ficial gas and liquid velocities and fluid properties. To
date, only a few experimental correlations for evaluating
liquid slug lengths in Taylor flow are available in the
literature. One of these, as suggested by Kreutzer2 and

based on the experimental work of Heiszwolf et al.40 in
a 200 cpsi monolith reactor, is

where Ψslug is the dimensionless liquid slug length (Ψslug
) Lslug/dc) and εL is the liquid holdup. Laborie et al.19

studied gas-liquid flow in vertical capillaries and
correlated liquid slug length data using the following
formula:

where Re′G is a gas-phase Reynolds number and Eö is
the Eötvös number. From observations made during
this study, as well as information available in the
literature,2 the liquid slug length would also seem to
be influenced by the gas-liquid feed system used. That
is to say, for a given superficial gas and liquid velocity,
variation in the configuration of the gas-liquid nozzle
results in a change in liquid slug length on the same
setup. Such complexity makes the development of a
generally applicable theoretical model for the predic-
tion of the liquid slug length difficult. However, a
correlation would be developed based on the Taylor-flow-
regime experimental data obtained in this study and
comparisons made with the literature correlations of eqs
11 and 12. As a first step in doing this, reference is made
to the vertical capillary mass-transfer study of Bercic
et al.,21 in which the gas-liquid mass-transfer

Figure 7. (a) Two-phase superficial velocity (UTP) versus bubble rise velocity (Vb) for the 2.89-mm square capillary air-ethanol system.
(b) Influence of capillary geometry on Vb, using air-water data. (c) Influence of capillary scale on Vb, using air-ethanol data. (d) Influence
of liquid viscosity on Vb in the 3.02-mm circular capillary. (e) Influence of surface tension on Vb in the 2-mm circular capillary.

Vb

UTP
) 1

1 - 0.61Ca0.33
(10)

Ψslug )
εL

-0.00141 - 1.556εL
2 ln(εL)

(11)

Ψslug ) 3451( 1
Re′GEö)1.2688

(12)
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coefficient (kLa) is expressed as

Inspection of eq 13 reveals that the relationship between
kLa, UTP, and Lslug can approximately be expressed as

kLa can, in turn, be correlated to the gas-phase and
liquid-phase Reynolds numbers. By replacing kLa with
the right-hand term in eq 14, and based on the regres-
sion of experimental data, the following correlation was
obtained:

Figure 9 shows plots of experimentally determined
liquid slug lengths at varying gas and liquid superficial
velocities, as well as predicted slug lengths using eq 15.
The predictions seem to be good, although noticeable
deviations can be observed in a few cases. Notwith-
standing, the predicted slug lengths generally follow the
same trends as the experimentally measured values. In
Figure 10, experimental dimensionless liquid slug lengths
in the Taylor flow regime are compared with predicted
values, based on the present study and literature

correlations of Laborie et al.19 (eq 12) and Kreutzer2 and
Heiszwolf et al.40 (eq 11). Remarkably, an enormous
amount of scatter is observed for the literature correla-
tions. The Laborie et al. correlation results in a large
scatter distributed above and below the parity line,
whereas the Kreutzer-Heiszwolf et al. correlation
largely underestimates the experimental data. A pos-
sible reason for the latter could be that the gas-liquid
flow patterns in the monolith reactor that was used
differed greatly from those in the capillary setup used
in this study. Besides, the complexity of the liquid slug
length and its dependence on such parameters as the
configuration of the nozzle likely have a large role in
this discrepancy. Further research is thus needed to
understand the effect of the gas-liquid feed system on
liquid slug length.

3.4. Two-Phase Pressure Drop. Many methods
have been proposed for estimating the two-phase fric-
tional pressure drop (∆Pf) in capillaries. One of these is
the Lockhart-Martinelli multiplier method. First pro-
posed by Lockhart and Martinelli,41 it involves the
definition of a two-phase multiplier and a Lockhart-
Martinelli parameter. To estimate the frictional pres-
sure drop using this method, a flow-regime-dependent
constant that is often called the Chisholm parameter
also must be evaluated. From studies in a vertical
capillary, Mishima and Hibiki30 reported that this
constant shows a capillary diameter dependence that
must be taken into consideration. Furthermore, many
investigators have reported on the inability of the
Lockhart-Martinelli correlation to predict experimental

Figure 8. Experimental and predicted bubble rise velocity (Vb) values for different capillary geometries and liquids used: (a) 2-mm
circular capillary, air-water; (b) 3.02-mm circular capillary, air-water; (c) 2.89-mm square capillary, air-water; (d) 3.02-mm circular
capillary, air-ethanol; (e) 2.89-mm square capillary, air-ethanol; and (f) 2.89-mm square capillary, air-oil mixture.

kLa ) 0.111
UTP
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pressure drop data, especially at low liquid flow rates.29,42

Triplett et al.27 used the homogeneous pressure drop
model to calculate ∆Pf, stating that predictions were
good in the bubbly and Taylor flow regimes at high ReL,
where, as claimed, the homogeneous flow assumption
is applicable. However, significant deviations were
reported for slug-annular flow, annular flow, and Taylor
flow at relatively low ReL. One drawback of the Lock-
hart-Martinelli and homogeneous pressure drop models

is the fact that they are flow-regime-independent cor-
relations. This could, to a large extent, account for why
they have generally been observed to fail at low liquid
flow rates, where, provided an appreciable gas flow
ensues (such as in Taylor flow), significant deviation
from homogeneous flow occurs. Interestingly, however,
it is often at these low liquid flow rates that monolith
reactors would typically be operated, i.e., 0.05 < UG <
0.4 m/s, depending on the process in question. In view
of this, a flow-regime-dependent pressure drop model
would be developed based on data obtained from the
experimental study undertaken, beginning with a dis-
cussion of ∆Pf.

3.4.1. General Observations of Frictional Pres-
sure Drop. For co-current upward two-phase flow in a
vertical capillary, the frictional pressure drop can be
calculated from the measured total pressure drop, given
by

Figure 11a depicts the frictional pressure drop over
the 1.4 m length of the 3.02-mm circular capillary for
air-water system at different gas and liquid superficial
velocities. Two notable features can be observed from
the figure: (1) pressure drop values are negative at
lower liquid flow rates, which correspond to the Taylor
flow regime; and (2) at higher liquid flow rates, the two-
phase frictional pressure drop increases as UG and UL

Figure 9. Experimental and predicted liquid slug length (Lslug), as a function of superficial gas and liquid velocities: (a) 2-mm circular
capillary, air-water; (b) 3.02-mm circular capillary, air-water; (c) 2.89-mm square capillary, air-water; (d) 0.91-mm circular capillary,
air-ethanol; (e) 2-mm circular capillary, air-ethanol; and (f) 0.99-mm square capillary, air-ethanol. The closed shapes are experimental
data points, whereas the lines represent predicted values using eq 15.

Figure 10. Comparison of experimental dimensionless liquid slug
length (Ψslug,expt) with predicted values by various correlations
(Ψslug,pred). ∆PT ) ∆Pf + εLFLgLc (16)
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increase, but, in the lower-liquid-flow-rate region, changes
in the pressure drop do not seem to be regular. Similar
trends were observed for other systems that have been
investigated. Negative frictional pressure drops in two-
phase flows have scarcely been reported in open litera-
ture. As can be seen in Appendix I of the Supporting
Information accompanying this paper, a negative fric-
tional pressure drop was observed for the bulk of
experimental data at very low liquid velocities. In an
attempt to understand this phenomenon, experiments
were conducted under a zero net liquid flow condition,
i.e., liquid was fed batchwise into the capillary while
the gas feed was continuous. The result is shown in
Figure 11b for an air-oil mixture in the 3.02-mm
circular capillary. Observe that, over the range inves-
tigated, all frictional pressure drops are negative. As
noted by Nicklin,43 a negative frictional pressure drop
means that the total pressure drop is less than the
hydrostatic pressure drop, because slip between phases
can result in local down flows of liquid, resulting in wall
shear stresses that act opposite to the usual sense.

3.4.2. Theoretical Considerations. The apparently
complicated behavior of frictional pressure drop, as
evidenced previously, requires that, in the development
of a correlation for predicting the total pressure drop
∆PT, negative frictional pressure drop data is taken into
account. The extent to which two-phase pressure drops
are influenced by flow regimes, fluid properties, and
channel geometries also must be considered. With these
in mind, the following analysis is provided. Consider,
for example, a single-phase vertical tube with liquid
flowing in the laminar regime. The total pressure drop
is the sum of frictional and static components and can
be represented as

In this situation, the frictional pressure drop is given
by the Hagen-Poiseuille equation:

Substitution of eq 18 into eq 17 and rearranging yields

By comparing eqs 18 and 19, an equivalent velocity,
with respect to the total pressure drop, may be defined
as

In subsequent discussions, this velocity will be called
the gravity-equivalent velocity. It can be considered as
the liquid velocity in the capillary that would result in
a pressure loss equivalent to the hydrostatic pressure
exerted by the liquid phase. Assuming laminar flow for
both the gas and liquid phases, the two-phase gravity-
equivalent velocity becomes

and a two-phase mixture velocity UE, which is defined
as the sum of the two-phase superficial velocity (UTP)
and the gravity equivalent velocity, is

A dimensionless two-phase pressure factor FE can
further be defined, analogous to the Fanning friction
factor of eq 5:

3.4.3. Correlation of Pressure Drop Data. In a
situation where both the gas and liquid-phase flows are
laminar, the pressure factor can be expected to take on
a form similar to the Fanning friction factor, i.e.,

where ReE, which is the modified Reynolds number, is
defined as

Under this condition, the gas and liquid phases can be
viewed as a homogeneous mixture. Based on the discus-

Figure 11. (a) Effect of superficial gas and liquid velocities on frictional pressure drop for the air-water system in the 3.02-mm circular
capillary. (b) Frictional pressure drop at zero net liquid flow condition for the air-oil mixture system in the 3.02-mm circular capillary.
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sion of the slip ratio S presented previously, it was
shown that homogeneous flow generally occurs when
UG/UTP < 0.5, which is characterized by a slip ratio S
close to unity. A slip ratio of S > 1 was shown to indicate
deviation from homogeneous flow. Therefore, it can be
postulated that a relation between FE/(C/ReE) and UG/
UTP (or, equivalently, UG/UL) could allow for determi-
nation of the transition from homogeneous to non-
homogeneous flow for pressure drop computations. The
plot in Figure 12 shows such a relationship, from which
the following observations can be made:

(1) For UG/UL < 0.5, FE/(C/ReE) data approach a single
line that approximately corresponds to FE/(16/ReE) ) 1
and FE/(14.2/ReE) ) 1 for the circular and square
capillaries, respectively, with an uncertainty of ap-
proximately (9%, indicating that the gas and liquid
phases can be approximately viewed as a homogeneous
mixture. The converse is the case for UG/UL > 0.5, where
significant deviation from homogeneous flow can be
observed.

(2) The capillary diameter and liquid viscosity were
observed to influence the parameter FE/(C/ReE) signifi-
cantly for UG/UL > 0.5. This is evidenced by comparing
the data of the 0.91-mm, 2-mm, and 3.02-mm circular
capillaries for air-ethanol, as well as the data of the
3.02-mm circular and 2.89-mm square capillaries for
both the air-oil mixture and air-water system.

Therefore, for homogeneous flow (UG/UL < 0.5), the
total pressure drop can be predicted using eq 24 to first
estimate the pressure factor and eq 23 for computing
the pressure drop. To predict the total pressure drop
when UG/UL > 0.5, wherein flows deviate from the

homogeneous regime, the following analysis was per-
formed. A plot of S versus FE/(C/ReE) for UG/UL > 0.5 is
shown in Figure 13a, from which the following depend-
ence was deduced:

Through further data analysis, utilizing the parameter
FES0.5/(C/ReE) as shown in Figure 13b, the following
correlation was obtained:

Equation 27 provides a convenient way of estimating
the nonhomogeneous regime pressure factor, which,
when combined with eq 23, allows for the prediction of
the total pressure drop. Figure 13c illustrates the
comparison of the experimental and correlation-pre-
dicted pressure factors, utilizing all experimental data.
Note that the predicted pressure factors for UG/UL <
0.5 were computed with eq 24, whereas eq 27 was used
to compute the predicted pressure factors for UG/UL >
0.5. Figure 14 shows typical experimental and predicted
total pressure drop values. The predictions seem to be
very good, especially at low and moderate liquid veloci-
ties, where Taylor flow occurs. It is also worthy to note
that it is at such low liquid velocities that the Lockhart-
Martinelli and homogeneous pressure drop models fail
to predict the pressure drop, verifying the need for a
flow-regime-dependence approach to pressure drop es-
timation.

4. Conclusions

Two-phase flow hydrodynamics in vertical capillaries
with circular and square cross sections that have
hydraulic diameters from 0.9 mm to 3 mm were experi-
mentally studied, using air as the gas phase and water,
ethanol, or an oil mixture as the liquid phase. Flow
regimes, bubble rise velocity, liquid slug length, and
pressure drop were investigated, with the gas and liquid
superficial velocities being varied in the range of
0.008-1 m/s. Based on the work performed and the
discussions presented, the following major conclusions
can be drawn:

Figure 12. UG/UL versus FE/(C/ReE), showing that, when UG/UL
> 0.5, the two-phase flow deviates from the homogeneous regime.

Figure 13. (a) Relationship between the slip ratio S and FE/(C/ReE) for UG/UL>0.5. (b) Correlation of experimental data for UG/UL > 0.5
for predicting the pressure factor (FE). (c) Comparison of pressure factors calculated from experimental pressure drop (FE,expt) data with
predicted pressure factors (FE,pred).
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(1) Within the gas and liquid velocity range under
which experiments were conducted, four distinct flow
regimes were observed: bubbly, slug-bubbly, Taylor,
and churn. A fifth regime, the annular flow regime,
occurred at excessively high gas and low liquid veloci-
ties.

(2) The slip ratio S was determined to be a useful
parameter for gauging the transition from homogeneous
to nonhomogeneous flow. It was demonstrated that,
when UG/UTP < 0.5, S approaches a value of unity,
indicating homogeneous flow. For UG/UTP g 0.5, a
significant increase in S was observed, indicating
significant deviation from homogeneous flow. Moreover,
high S values occurred predominantly in the Taylor flow
regime.

(3) The influences of capillary geometry, capillary
hydraulic diameter, and fluid properties on bubble rise
velocity were determined to be of little significance.

(4) A new and simplified correlation for predicting
bubble rise velocity and, by implication, the gas holdup
in vertical-capillary two-phase flow was proposed.

(5) A correlation for estimating the liquid slug length
was developed and was satisfactorily able to predict the
experimental liquid slug lengths obtained in this study.
However, the fact that existing literature correlations
showed an enormous amount of scatter and deviation,
when compared to the correlation proposed in this
study, leaves open the question as to what extent the
configuration of the gas-liquid nozzle (an experimental
setup dependent parameter) affects liquid slug lengths
in a given setup.

(6) For the prediction of the total pressure drop in a
vertical-capillary two-phase flow, a method was pro-

posed based on the definition of the dimensionless
pressure factor. Two pressure factor correlations were
presented: one for homogeneous flow and the other for
nonhomogeneous flow. Based on the analysis of experi-
mental data, a value of UG/UL ) 0.5 was determined to
indicate the transition point from homogeneous to
nonhomogeneous flow for pressure drop computation.
Very good pressure drop predictions were obtained as
shown.
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Notation

C ) constant relating the Fanning friction factor to laminar
flow Reynolds number (also relates the pressure factor
to the modified Reynolds number)

dc ) capillary hydraulic diameter (m)

Figure 14. Variation of the experimental and predicted total pressure drop (∆PT) with varying superficial gas and liquid velocities: (a)
2-mm circular capillary, air-water; (b) 3.02-mm circular capillary, air-water; (c) 2-mm circular capillary, air-ethanol; and (d) 2.89-mm
square capillary, air-ethanol. The closed shapes are experimental data points, whereas the lines represent predicted values.
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fb ) bubble frequency (s-1)
g ) gravitational constant (m/s2)
kLa ) gas-liquid mass transfer coefficient (s-1)
Lc ) length of capillary (m)
Lslug ) liquid slug length (m)
LUC ) unit cell length (m)
Pf ) frictional pressure (Pa)
PT ) total pressure (Pa)
S ) slip ratio
Ue ) gravity-equivalent velocity (m/s)
UE ) two-phase mixture velocity, UTP + Ue (m/s)
UG ) superficial gas velocity (m/s)
UL ) superficial liquid velocity (m/s)
UTP ) two-phase superficial velocity, UG + UL (m/s)
Vb ) bubble rise velocity (m/s)
Vf ) liquid film velocity (m/s)
VL ) liquid-phase velocity (m/s)

Greek Symbols

εL ) liquid holdup
εLf ) film liquid holdup
εG ) gas holdup
µG ) gas viscosity (Pa s)
µL ) liquid viscosity (Pa s)
FG ) gas density (kg/m3)
FL ) liquid density (kg/m3)
σ ) surface tension (N/m)
Ψslug ) dimensionless liquid slug length

Dimensionless Groups

Ca ) capillary number, µLUTP/σ
Eö ) Eötvös number, (FL - FG)dc

2g/σ
FE ) pressure factor, ∆PTdc/(2LcFLUE

2)
fL ) Fanning friction factor, ∆Pfdc/(2LcFLUL

2)
ReE ) modified Reynolds number, FLUEdc/µL
ReG ) gas-phase Reynolds number, FGUGdc/µG
Re′G ) gas-phase Reynolds number of Laborie et al.,19

FLUGdc/µL
ReL ) liquid-phase Reynolds number, FLULdc/µL

Subscripts

expt )experimental
pred ) predicted
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APPENDIX I: Raw Experimental Data 
 
 
Campaign 1 (0.91 mm circular capillary; air-water system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.089 0.028 0.112 32.6 12236 0.796 0.0034 0.0007 9446 Taylor 
0.086 0.061 0.141 44.9 19378 0.609 0.0031 0.0012 14022 Taylor 

0.157 0.061 0.218 50.5 15411 0.720 0.0043 0.0012 11578 Taylor 

0.157 0.061 0.200 53.9 15600 0.785 0.0037 0.0008 12655 Taylor 
0.103 0.127 0.248 8.1 17182 0.415 0.0306 0.0179 9169 Taylor 

0.150 0.127 0.288 13.4 16308 0.522 0.0215 0.0103 9750 Taylor 

0.087 0.143 0.240 7.7 18210 0.361 0.0312 0.0199 9451 Taylor 
0.086 0.308 0.411 7.8 27390 0.209 0.0529 0.0419 16542 Taylor 

0.086 0.308 0.356 8.9 27394 0.241 0.0402 0.0305 16989 Taylor 

0.106 0.308 0.436 8.3 27389 0.243 0.0528 0.0400 17020 Taylor 
0.156 0.308 0.480 10.8 27275 0.325 0.0446 0.0301 18019 Taylor 
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Campaign 2 (2 mm circular capillary; air-water system)     
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.022 0.029 0.052 1.5 8337 0.428 0.0341 0.0195 494 Taylor 
0.044 0.029 0.077 2.2 6358 0.568 0.0352 0.0152 441 Taylor 

0.069 0.029 0.102 2.8 4336 0.684 0.0369 0.0117 0 Taylor 

0.103 0.029 0.143 3.0 3648 0.721 0.0478 0.0133 -171 Taylor 
0.167 0.029 0.207 3.4 2606 0.805 0.0604 0.0118 -66 Taylor 

0.022 0.069 0.086 1.4 11295 0.258 0.0611 0.0454 1120 Taylor 

0.022 0.069 0.091 1.4 11279 0.244 0.0664 0.0502 918 Taylor 
0.022 0.138 0.157 1.2 13548 0.140 0.1259 0.1082 1763 Taylor 

0.041 0.138 0.168 2.4 11624 0.245 0.0711 0.0536 1282 Taylor 

0.068 0.138 0.203 3.6 10504 0.334 0.0558 0.0371 1381 Taylor 
0.101 0.138 0.247 4.7 9556 0.411 0.0526 0.0310 1481 Taylor 

0.164 0.138 0.313 6.4 7964 0.523 0.0489 0.0233 1422 Taylor 

0.041 0.309 0.368 3.8 15796 0.111 0.0956 0.0850 3614 Taylor 
0.067 0.309 0.386 5.8 15072 0.174 0.0672 0.0555 3753 Taylor 

0.100 0.309 0.429 8.9 14701 0.234 0.0481 0.0369 4196 Taylor 

0.162 0.309 0.527 11.1 13944 0.307 0.0476 0.0330 4442 Taylor 
0.041 0.492 0.552 6.5 18866 0.074 0.0846 0.0783 6174 Taylor 

0.067 0.492 0.594 8.7 18678 0.113 0.0680 0.0603 6518 Taylor 

0.100 0.492 0.644 14.2 18622 0.155 0.0455 0.0384 7039 Slug-bubbly 
0.161 0.492 0.724 18.1 18705 0.222 0.0400 0.0311 8041 Taylor 

0.041 0.664 0.773 11.3 21698 0.053 0.0683 0.0647 8715 Slug-bubbly 

0.067 0.664 0.483 11.0 14264 0.139 0.0438 0.0377 2464 Taylor 
0.100 0.664 0.773 21.9 22623 0.129 0.0353 0.0308 10683 Slug-bubbly 

0.160 0.664 0.927 n/a 23596 0.173 n/a n/a 12259 Slug-bubbly 
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Campaign 3 (3.02 mm circular capillary; air-water system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.010 0.009 0.023 1.7 8458 0.414 0.0136 0.0080 427 Taylor 
0.018 0.009 0.033 1.6 6000 0.532 0.0204 0.0096 -418 Taylor 

0.059 0.009 0.081 2.5 3014 0.735 0.0321 0.0085 -624 Taylor 

0.118 0.009 0.134 3.2 1834 0.883 0.0415 0.0048 234 Taylor 
0.236 0.009 0.268 6.2 1546 0.879 0.0433 0.0052 -111 Taylor 

0.448 0.009 0.536 8.3 1513 0.836 0.0643 0.0105 -735 Taylor 

0.676 0.009 0.833 14.9 1943 0.811 0.0558 0.0105 -645 Churn 
0.009 0.054 0.062 1.2 12102 0.151 0.0502 0.0426 467 Taylor 

0.017 0.054 0.119 2.1 10359 0.145 0.0556 0.0475 -1359 Taylor 

0.058 0.054 0.119 5.1 6703 0.490 0.0233 0.0119 -292 Taylor 
0.116 0.054 0.176 8.0 5134 0.662 0.0219 0.0074 500 Taylor 

0.234 0.054 0.305 11.2 3655 0.766 0.0273 0.0064 450 Taylor 

0.446 0.054 0.577 33.9 4438 0.772 0.0170 0.0039 1319 Taylor 
0.675 0.054 0.874 21.0 3764 0.772 0.0416 0.0095 643 Churn 

0.009 0.159 0.185 2.3 13750 0.051 0.0803 0.0763 736 Taylor 

0.017 0.159 0.191 3.8 13391 0.090 0.0499 0.0454 920 Slug-bubbly 
0.057 0.159 0.242 11.4 11563 0.237 0.0212 0.0162 1106 Slug-bubbly 

0.115 0.159 0.294 15.0 10465 0.389 0.0196 0.0120 2096 Taylor 

0.231 0.159 0.423 29.3 9325 0.546 0.0144 0.0066 3096 Taylor 
0.442 0.159 0.687 75.5 10392 0.644 0.0091 0.0032 5507 Taylor 

0.671 0.159 0.989 72.5 10508 0.679 0.0136 0.0044 6103 Churn 

0.009 0.268 0.300 3.0 14568 0.031 0.1004 0.0972 1288 Slug-bubbly 
0.017 0.268 0.313 5.1 13696 0.055 0.0617 0.0583 743 Bubbly 

0.057 0.268 0.357 15.1 13774 0.160 0.0236 0.0199 2258 Slug-bubbly 

0.057 0.268 0.369 16.3 13712 0.155 0.0226 0.0191 2128 Slug-bubbly 
0.114 0.268 0.425 25.4 13676 0.268 0.0167 0.0123 3641 Slug-bubbly 

0.229 0.268 0.556 49.5 13391 0.412 0.0112 0.0066 5325 Slug-bubbly 

0.443 0.268 0.826 85.4 12834 0.537 0.0097 0.0045 6481 Slug-bubbly 
0.669 0.268 1.084 98.1 13450 0.617 0.0111 0.0042 8198 Churn 

0.009 0.363 0.417 5.1 15669 0.022 0.0810 0.0792 2270 Slug-bubbly 

0.017 0.363 0.455 6.8 15635 0.038 0.0667 0.0642 2446 Bubbly 
0.057 0.363 0.479 20.2 15287 0.119 0.0237 0.0209 3211 Bubbly 

0.113 0.363 0.523 35.3 15050 0.217 0.0148 0.0116 4311 Slug-bubbly 

0.228 0.363 0.652 75.4 15013 0.349 0.0087 0.0056 6093 Bubbly 
0.441 0.363 0.947 69.3 15187 0.466 0.0137 0.0073 7862 Slug-bubbly 

0.666 0.363 1.169 121.4 16413 0.570 0.0096 0.0041 10519 Churn 

0.009 0.455 0.549 11.2 16175 0.017 0.0490 0.0481 2701 Bubbly 
0.017 0.455 0.542 14.1 16440 0.032 0.0384 0.0372 3167 Bubbly 

0.057 0.455 0.592 30.6 16706 0.096 0.0193 0.0175 4315 Bubbly 

0.113 0.455 0.652 52.9 16737 0.173 0.0123 0.0102 5406 Bubbly 
0.227 0.455 0.783 86.9 16909 0.290 0.0090 0.0064 7176 Bubbly 

0.440 0.455 1.047 96.0 18319 0.420 0.0109 0.0063 10373 Slug-bubbly 

0.441 0.455 1.034 123.9 18286 0.426 0.0083 0.0048 10417 Slug-bubbly 
0.664 0.455 1.304 171.2 19968 0.509 0.0076 0.0037 13241 Churn 
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Campaign 4 (2.89 mm square capillary; air-water system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.008 0.008 0.026 1.2 9037 0.322 0.0206 0.0140 -260 Taylor 
0.015 0.008 0.038 1.9 7604 0.397 0.0197 0.0119 -658 Taylor 

0.029 0.008 0.048 2.4 4918 0.597 0.0201 0.0081 -605 Taylor 

0.051 0.008 0.074 2.9 3389 0.694 0.0251 0.0077 -801 Taylor 
0.103 0.008 0.118 3.4 2409 0.874 0.0352 0.0044 685 Taylor 

0.206 0.008 0.227 5.0 1725 0.906 0.0458 0.0043 442 Taylor 

0.391 0.008 0.469 6.0 1630 0.834 0.0787 0.0130 -639 Taylor 
0.008 0.046 0.061 1.4 12045 0.134 0.0437 0.0379 172 Taylor 

0.015 0.046 0.066 2.3 11059 0.228 0.0291 0.0224 481 Taylor 

0.050 0.046 0.108 5.6 7073 0.469 0.0193 0.0103 -206 Taylor 
0.101 0.046 0.177 10.2 6755 0.572 0.0173 0.0074 887 Taylor 

0.204 0.046 0.280 15.1 4937 0.729 0.0186 0.0050 1220 Taylor 

0.391 0.046 0.506 7.3 3107 0.773 0.0693 0.0157 -10 Taylor 
0.008 0.136 0.161 2.4 13730 0.050 0.0685 0.0651 711 Slug-bubbly 

0.015 0.136 0.170 3.9 13388 0.087 0.0432 0.0394 879 Taylor 

0.050 0.136 0.214 10.9 11459 0.232 0.0197 0.0151 932 Taylor 
0.100 0.136 0.294 19.2 11213 0.340 0.0153 0.0101 2163 Taylor 

0.202 0.136 0.377 27.3 8710 0.536 0.0138 0.0064 2350 Taylor 

0.387 0.136 0.629 23.4 7495 0.615 0.0269 0.0104 2219 Slug-bubbly 
0.387 0.136 0.621 21.4 7532 0.624 0.0290 0.0109 2378 Slug-bubbly 

0.008 0.230 0.254 3.1 14468 0.032 0.0817 0.0791 1197 Bubbly 

0.015 0.230 0.278 5.9 14259 0.054 0.0473 0.0448 1286 Bubbly 
0.050 0.230 0.300 13.6 13292 0.165 0.0220 0.0184 1847 Slug-bubbly 

0.099 0.230 0.395 21.5 13321 0.252 0.0183 0.0137 3067 Slug-bubbly 

0.200 0.230 0.508 40.0 12661 0.394 0.0127 0.0077 4354 Slug-bubbly 
0.385 0.230 0.720 34.6 10534 0.535 0.0208 0.0097 4162 Slug-bubbly 

0.008 0.311 0.363 6.3 15140 0.022 0.0573 0.0560 1739 Bubbly 

0.015 0.311 0.363 5.5 15119 0.041 0.0658 0.0631 1974 Bubbly 
0.049 0.311 0.409 15.0 14495 0.121 0.0273 0.0240 2443 Slug-bubbly 

0.099 0.311 0.464 23.5 14317 0.214 0.0198 0.0155 3538 Slug-bubbly 

0.200 0.311 0.573 47.1 14039 0.349 0.0122 0.0079 5109 Slug-bubbly 
0.384 0.311 0.818 39.4 13053 0.469 0.0208 0.0110 5774 Slug-bubbly 

0.008 0.390 0.469 9.5 15738 0.017 0.0496 0.0487 2268 Bubbly 

0.015 0.390 0.459 13.0 15808 0.032 0.0352 0.0341 2545 Bubbly 
0.049 0.390 0.506 21.7 15669 0.098 0.0233 0.0210 3299 Bubbly 

0.099 0.390 0.563 28.6 15758 0.176 0.0197 0.0162 4461 Slug-bubbly 

0.199 0.390 0.662 56.6 15987 0.301 0.0117 0.0082 6403 Bubbly 
0.383 0.390 0.909 60.8 15662 0.421 0.0149 0.0087 7724 Slug-bubbly 

0.383 0.390 0.900 63.3 15863 0.425 0.0142 0.0082 7986 Slug-bubbly 
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Campaign 5 (0.91 mm circular capillary; air-ethanol system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.085 0.036 0.160 0.9 5641 0.534 0.1808 0.0843 647 Taylor 
0.103 0.036 0.150 1.0 4899 0.688 0.1540 0.0481 1555 Taylor 

0.148 0.036 0.240 1.2 3302 0.617 0.2032 0.0778 -798 Taylor 

0.201 0.036 0.267 1.4 3372 0.754 0.1840 0.0453 736 Taylor 
0.262 0.036 0.327 1.8 4104 0.800 0.1833 0.0367 1957 Taylor 

0.085 0.093 0.150 0.9 9995 0.569 0.1605 0.0693 5373 Taylor 

0.103 0.093 0.189 1.1 9503 0.544 0.1785 0.0813 4623 Taylor 
0.148 0.093 0.240 1.3 8334 0.617 0.1784 0.0683 4231 Taylor 

0.201 0.093 0.300 1.7 8882 0.670 0.1768 0.0584 5344 Taylor 

0.262 0.093 0.343 2.0 8648 0.763 0.1730 0.0410 6107 Taylor 
0.085 0.167 0.240 0.9 17530 0.355 0.2739 0.1768 10616 Taylor 

0.103 0.167 0.257 1.1 17244 0.400 0.2434 0.1460 10819 Taylor 

0.148 0.167 0.313 1.4 16437 0.473 0.2233 0.1177 10792 Taylor 
0.201 0.167 0.360 1.5 15866 0.558 0.2400 0.1060 11136 Taylor 

0.262 0.167 0.400 1.9 14155 0.654 0.2107 0.0729 10449 Taylor 

0.406 0.167 0.600 6.0 13140 0.676 0.1000 0.0324 9674 Taylor 
0.580 0.167 0.900 n/a 15017 0.645 n/a n/a 11214 Slug-bubbly 
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Campaign 6 (2 mm circular capillary; air-ethanol system)     
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.022 0.021 0.048 1.1 4878 0.453 0.0435 0.0238 -980 Taylor 
0.042 0.021 0.072 1.8 3592 0.589 0.0411 0.0169 -815 Taylor 

0.070 0.021 0.105 2.4 2375 0.664 0.0445 0.0150 -1223 Taylor 

0.104 0.021 0.143 3.2 1881 0.724 0.0450 0.0124 -1079 Taylor 
0.166 0.021 0.227 4.8 1471 0.731 0.0475 0.0128 -1406 Taylor 

0.239 0.021 0.644 7.7 1449 0.372 0.0833 0.0524 -5284 Taylor 

0.021 0.058 0.084 1.5 8231 0.255 0.0569 0.0424 251 Taylor 
0.021 0.124 0.157 2.0 10749 0.136 0.0793 0.0685 1494 Taylor 

0.042 0.124 0.184 3.3 9907 0.227 0.0563 0.0435 1622 Taylor 

0.069 0.124 0.219 5.3 8448 0.314 0.0413 0.0284 1099 Taylor 
0.102 0.124 0.247 6.7 7537 0.414 0.0366 0.0214 1261 Taylor 

0.164 0.124 0.362 9.4 6629 0.454 0.0386 0.0211 780 Taylor 

0.241 0.124 0.483 11.6 6023 0.499 0.0417 0.0209 656 Taylor 
0.021 0.343 0.400 n/a 15050 0.053 n/a n/a 4908 Bubbly 

0.041 0.343 0.437 n/a 14803 0.095 n/a n/a 5107 Slug-bubbly 

0.068 0.343 0.464 n/a 14285 0.147 n/a n/a 5147 Slug-bubbly 
0.101 0.343 0.504 n/a 14105 0.201 n/a n/a 5544 Slug-bubbly 

0.163 0.343 0.579 n/a 13419 0.281 n/a n/a 5717 Slug-bubbly 

0.239 0.343 0.773 n/a 13241 0.309 n/a n/a 5843 Slug-bubbly 
0.021 0.537 0.702 n/a 18173 0.030 n/a n/a 7785 Bubbly 

0.041 0.537 0.724 n/a 18353 0.057 n/a n/a 8253 Bubbly 

0.068 0.537 0.773 n/a 18541 0.088 n/a n/a 8771 Bubbly 
0.101 0.537 0.773 n/a 18661 0.131 n/a n/a 9348 Bubbly 

0.162 0.537 0.927 n/a 18856 0.175 n/a n/a 10018 Slug-bubbly 

0.238 0.537 1.008 n/a 19027 0.236 n/a n/a 10848 Slug-bubbly 
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Campaign 7 (3.02 mm circular capillary; air-ethanol system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.010 0.000 0.012 0.1 209 0.800 0.0853 0.0170 -1929 Taylor 
0.018 0.000 0.023 0.3 261 0.769 0.0683 0.0158 -2215 Taylor 

0.059 0.000 0.075 1.1 336 0.785 0.0678 0.0146 -1966 Taylor 

0.118 0.000 0.146 1.9 373 0.811 0.0777 0.0147 -1654 Taylor 
0.235 0.000 0.295 3.0 536 0.796 0.0993 0.0202 -1649 Churn 

0.339 0.000 0.409 n/a 783 0.829 n/a n/a -1050 Churn 

0.442 0.000 0.631 n/a 831 0.700 n/a n/a -2378 Churn 
0.673 0.000 0.842 n/a 781 0.800 n/a n/a -1359 Churn 

0.018 0.014 0.038 1.9 4701 0.464 0.0198 0.0106 -1040 Taylor 

0.059 0.014 0.090 4.5 2437 0.651 0.0198 0.0069 -1303 Taylor 
0.117 0.014 0.156 8.2 1713 0.755 0.0190 0.0046 -914 Taylor 

0.234 0.014 0.299 15.9 1687 0.784 0.0188 0.0041 -626 Taylor 

0.446 0.014 0.668 2.6 1342 0.667 0.2614 0.0871 -2228 Churn 
0.017 0.050 0.081 4.1 8420 0.214 0.0198 0.0155 3 Taylor 

0.017 0.169 0.214 6.1 10783 0.081 0.0349 0.0321 937 Slug-bubbly 

0.017 0.288 0.385 n/a 12279 0.045 n/a n/a 2049 Bubbly 
0.017 0.403 0.532 n/a 13263 0.033 n/a n/a 2899 Bubbly 
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Campaign 8 (0.99 mm square capillary; air-ethanol system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.070 0.035 0.133 1.1 4508 0.528 0.1213 0.0573 -551 Taylor 
0.102 0.035 0.144 1.0 4221 0.710 0.1421 0.0411 1119 Taylor 

0.136 0.035 0.200 1.7 n/a 0.678 0.1211 0.0391 n/a Taylor 

0.220 0.035 0.327 2.4 n/a 0.671 0.1365 0.0449 n/a Taylor 
0.326 0.035 n/a 14.7 n/a n/a n/a n/a n/a Taylor 

0.337 0.035 0.352 12.0 16115 0.957 0.0292 0.0013 15656 Taylor 

0.451 0.035 0.320 n/a n/a 1.410 n/a n/a n/a Taylor-churn 
0.458 0.035 n/a n/a 5344 n/a n/a n/a n/a Taylor-churn 

0.938 0.035 n/a n/a 7121 n/a n/a n/a n/a Churn 

1.792 0.035 n/a n/a 9431 n/a n/a n/a n/a Churn 
2.808 0.035 n/a n/a 10469 n/a n/a n/a n/a Churn 

3.572 0.035 n/a n/a 11014 n/a n/a n/a n/a Churn 

0.071 0.102 0.178 1.2 10587 0.401 0.1470 0.0880 4173 Taylor 
0.103 0.102 0.218 1.7 10267 0.470 0.1315 0.0697 4589 Taylor 

0.137 0.102 0.267 2.1 9593 0.516 0.1270 0.0615 4404 Taylor 

0.223 0.102 0.400 2.9 8245 0.557 0.1387 0.0614 3503 Taylor 
0.329 0.102 0.497 3.8 7969 0.663 0.1313 0.0442 4361 Taylor 

0.455 0.102 0.579 13.2 9187 0.786 0.0440 0.0094 6893 Taylor-churn 

0.070 0.219 0.277 1.5 17577 0.254 0.1908 0.1423 9589 Taylor 
0.103 0.219 0.351 2.0 17375 0.292 0.1748 0.1238 9792 Taylor 

0.136 0.219 0.400 2.5 16736 0.339 0.1580 0.1044 9659 Taylor 

0.139 0.219 0.400 2.5 n/a 0.347 0.1592 0.1039 n/a Taylor 
0.222 0.219 0.480 3.7 16058 0.462 0.1306 0.0703 10291 Taylor 

0.328 0.219 0.686 4.7 15472 0.478 0.1456 0.0760 9881 Taylor 

0.454 0.219 0.835 6.0 15092 0.544 0.1398 0.0638 10207 Taylor 
0.460 0.219 0.960 5.7 14891 0.479 0.1688 0.0879 9313 Slug-bubbly 

0.958 0.219 n/a n/a 18870 n/a n/a n/a n/a Slug-bubbly 
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Campaign 9 (2.89 mm square capillary; air-ethanol system)    
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.008 0.000 n/a 0.8 4458 n/a n/a n/a n/a Taylor 
0.015 0.000 n/a 1.3 n/a n/a n/a n/a n/a Taylor 

0.050 0.000 n/a 1.6 n/a n/a n/a n/a n/a Taylor 

0.100 0.000 n/a 1.4 n/a n/a n/a n/a n/a Taylor 
0.199 0.000 n/a 1.6 n/a n/a n/a n/a n/a Taylor 

0.288 0.000 n/a 1.2 n/a n/a n/a n/a n/a Taylor 

0.378 0.000 n/a 1.9 n/a n/a n/a n/a n/a Taylor 
0.572 0.000 n/a 1.3 n/a n/a n/a n/a n/a Taylor 

0.579 0.000 n/a 1.3 n/a n/a n/a n/a n/a Taylor 

0.008 0.012 0.030 1.3 6810 0.272 0.0237 0.0172 -990 Taylor 
0.015 0.012 0.042 2.1 5525 0.360 0.0201 0.0129 -1333 Taylor 

0.051 0.012 0.087 4.3 n/a 0.584 0.0200 0.0083 n/a Taylor 

0.102 0.012 0.136 3.7 n/a 0.750 0.0369 0.0092 n/a Taylor 
0.204 0.012 0.274 2.1 n/a 0.744 0.1314 0.0336 n/a Taylor 

0.387 0.012 0.571 2.4 n/a 0.678 0.2397 0.0772 n/a Taylor 

0.576 0.012 0.807 1.9 n/a 0.714 0.4339 0.1241 n/a Churn 
0.008 0.043 0.063 2.4 9265 0.128 0.0261 0.0228 -81 Slug-bubbly 

0.015 0.043 0.074 4.1 8138 0.203 0.0178 0.0142 -396 Taylor 

0.050 0.043 0.119 8.7 6456 0.417 0.0137 0.0080 212 Taylor 
0.100 0.043 0.173 5.4 4033 0.578 0.0321 0.0136 -490 Taylor 

0.201 0.043 0.314 4.5 n/a 0.641 0.0704 0.0252 n/a Taylor 

0.384 0.043 0.616 3.5 n/a 0.624 0.1773 0.0667 n/a Taylor 
0.008 0.145 0.173 3.5 11081 0.047 0.0490 0.0467 867 Bubbly 

0.008 0.145 0.181 3.6 n/a 0.046 0.0508 0.0485 n/a Bubbly 

0.015 0.145 0.200 5.4 10712 0.074 0.0368 0.0341 795 Bubbly 
0.049 0.145 0.248 11.6 9381 0.199 0.0213 0.0170 799 Taylor 

0.099 0.145 0.306 11.1 8329 0.324 0.0276 0.0186 1085 Taylor 

0.199 0.145 0.433 n/a 6742 0.460 n/a n/a 956 Slug-bubbly 
0.382 0.145 0.743 7.2 5582 0.514 0.1035 0.0503 379 Churn 

0.008 0.247 0.312 n/a 12077 0.026 n/a n/a 1641 Bubbly 

0.015 0.247 0.336 n/a 11938 0.044 n/a n/a 1698 Bubbly 
0.049 0.247 0.371 12.4 11148 0.132 0.0300 0.0260 1852 Slug-bubbly 

0.099 0.247 0.462 n/a 10297 0.213 n/a n/a 1871 Slug-bubbly  

0.198 0.247 0.582 n/a 9502 0.340 n/a n/a 2430 Slug-bubbly 
0.380 0.247 0.848 n/a 9159 0.449 n/a n/a 3254 Churn 

0.008 0.346 0.433 n/a 12811 0.019 n/a n/a 2298 Bubbly 

0.015 0.346 0.468 n/a 12812 0.032 n/a n/a 2438 Bubbly 
0.049 0.346 0.529 n/a 12468 0.093 n/a n/a 2748 Slug-bubbly 

0.098 0.346 0.596 n/a 11953 0.165 n/a n/a 3010 Slug-bubbly  

0.198 0.346 0.717 n/a 10056 0.276 n/a n/a 2296 Slug-bubbly 
0.379 0.346 n/a n/a 11263 n/a n/a n/a n/a Churn 
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Campaign 10 (3.02 mm circular capillary; air-oil system)     
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.010 0.000 0.012 0.1 247 0.814 0.1010 0.0188 -1904 Taylor 
0.018 0.000 0.024 0.4 562 0.742 0.0638 0.0165 -2417 Taylor 

0.059 0.000 0.084 1.3 763 0.701 0.0651 0.0194 -2681 Taylor 

0.118 0.000 0.165 2.5 640 0.717 0.0665 0.0188 -2626 Taylor 
0.235 0.000 0.339 4.8 826 0.692 0.0703 0.0216 -2723 Taylor 

0.339 0.000 0.514 4.5 1058 0.661 0.1130 0.0383 -2853 Taylor 

0.446 0.000 0.721 n/a 1333 0.619 n/a n/a -3067 Churn 
0.010 0.002 0.014 0.5 1570 0.718 0.0266 0.0075 -1687 Taylor 

0.010 0.008 0.024 1.5 5938 0.403 0.0159 0.0095 -952 Taylor 

0.018 0.008 0.035 2.3 4779 0.506 0.0149 0.0074 -922 Taylor 
0.018 0.008 0.035 2.0 4618 0.505 0.0178 0.0088 -1093 Taylor 

0.059 0.008 0.095 4.1 2731 0.616 0.0231 0.0089 -1696 Taylor 

0.059 0.008 0.097 4.4 3071 0.605 0.0221 0.0087 -1483 Taylor 
0.118 0.008 0.167 7.1 2731 0.707 0.0235 0.0069 -655 Taylor 

0.234 0.008 0.355 10.3 2608 0.660 0.0345 0.0117 -1314 Taylor 

0.445 0.008 0.745 2.9 2274 0.598 0.2566 0.1032 -2365 Taylor 
0.641 0.008 1.165 n/a 2143 0.550 n/a n/a -3046 Churn 

0.009 0.027 0.041 2.7 9698 0.232 0.0149 0.0115 841 Taylor 

0.017 0.027 0.058 3.4 10463 0.300 0.0174 0.0122 2386 Taylor 
0.058 0.027 0.123 10.0 6699 0.474 0.0123 0.0065 634 Taylor 

0.117 0.027 0.212 17.0 6122 0.551 0.0125 0.0056 941 Taylor 

0.234 0.027 0.376 27.5 6179 0.623 0.0137 0.0051 1835 Taylor 
0.445 0.027 0.797 5.4 4473 0.558 0.1488 0.0658 -627 Taylor 

0.009 0.044 0.070 3.9 12884 0.134 0.0182 0.0158 2894 Taylor 

0.017 0.044 0.086 6.2 11628 0.203 0.0138 0.0110 2430 Taylor 
0.058 0.044 0.152 14.0 9793 0.381 0.0108 0.0067 2653 Taylor 

0.117 0.044 0.234 23.6 9053 0.498 0.0099 0.0050 3260 Taylor 

0.233 0.044 0.409 34.3 8792 0.570 0.0119 0.0051 3833 Taylor 
0.445 0.044 0.797 8.8 6531 0.558 0.0911 0.0403 1430 Taylor 

0.642 0.044 1.109 9.0 5700 0.579 0.1235 0.0520 847 Taylor 

0.009 0.078 0.119 5.9 16208 0.079 0.0202 0.0186 5579 Bubbly 
0.009 0.104 0.159 7.2 18098 0.059 0.0221 0.0208 7242 Bubbly 

0.017 0.104 0.344 24.4 17898 0.050 0.0141 0.0134 6940 Bubbly 

0.057 0.104 0.248 31.1 17684 0.231 0.0080 0.0061 8808 Bubbly 
0.116 0.104 0.320 50.0 17778 0.362 0.0064 0.0041 10415 Taylor 

0.232 0.104 0.541 62.1 17154 0.428 0.0087 0.0050 10556 Taylor 

0.443 0.104 0.874 21.7 12933 0.507 0.0403 0.0198 7248 Taylor 
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Campaign 11 (2.89 mm square capillary; air-oil system)     
          

UG /[m/s] UL /[m/s] Vb /[m/s] fb /[s-1] ∆PT /[Pa] εG /[-] LUC /[m] Lslug /[m] ∆Pf /[Pa] Flow regime 
0.008 0.000 0.012 0.4 1583 0.714 0.0320 0.0092 -1718 Taylor 
0.008 0.000 0.011 0.3 1823 0.758 0.0321 0.0078 -972 Taylor 

0.015 0.000 0.021 0.5 1330 0.726 0.0393 0.0108 -1826 Taylor 

0.051 0.000 0.074 1.5 1343 0.680 0.0509 0.0163 -2344 Taylor 
0.051 0.000 0.073 1.5 1343 0.694 0.0499 0.0153 -2184 Taylor 

0.101 0.000 0.146 3.5 1218 0.694 0.0420 0.0128 -2311 Taylor 

0.201 0.000 0.303 6.8 1399 0.664 0.0444 0.0150 -2483 Taylor 
0.291 0.000 0.459 10.3 1916 0.633 0.0444 0.0163 -2319 Taylor 

0.008 0.007 0.020 1.5 6860 0.406 0.0139 0.0083 4 Taylor 

0.015 0.007 0.030 2.1 5164 0.502 0.0142 0.0071 -583 Taylor 
0.050 0.007 0.083 4.5 3361 0.609 0.0184 0.0072 -1154 Taylor 

0.201 0.007 0.303 13.8 2980 0.664 0.0220 0.0074 -900 Taylor 

0.008 0.023 0.043 3.0 10999 0.190 0.0143 0.0116 1655 Bubbly 
0.015 0.023 0.053 4.3 9398 0.282 0.0124 0.0089 1110 Taylor 

0.050 0.023 0.108 10.2 6931 0.463 0.0106 0.0057 731 Taylor 

0.200 0.023 0.334 27.3 6189 0.599 0.0123 0.0049 1568 Taylor 
0.008 0.037 0.064 3.7 12414 0.126 0.0173 0.0151 2333 Bubbly 

0.015 0.037 0.077 6.1 11702 0.195 0.0124 0.0100 2420 Taylor 

0.050 0.037 0.133 14.2 9745 0.375 0.0094 0.0059 2534 Taylor 
0.200 0.037 0.367 35.2 8250 0.545 0.0104 0.0047 3000 Taylor 

0.008 0.089 0.165 7.3 16609 0.049 0.0227 0.0216 5637 Taylor 

0.015 0.089 0.168 12.8 16574 0.088 0.0132 0.0120 6057 Bubbly 
0.049 0.089 0.213 32.9 16022 0.232 0.0065 0.0050 7158 Bubbly 

0.199 0.089 0.446 63.8 15581 0.446 0.0070 0.0039 9188 Taylor 
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APPENDIX II: Discussion on the Bubble Rise Velocity 
 
Figure 1 below shows a unit cell consisting of a pair of bubbles and a liquid slug sandwiched between 

them.  

 
 

 

 

 

 

 

 

 

 

 

 

Figure 1. Representation of a unit cell 
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For a fully developed steady slug flow, a mass balance over half of the unit cell (indicated by ABCD) as 

shown in Figure 1 relative to a reference system moving with the bubble velocity yields: 

( ) TPbfbLf UVVV −=−ε  (1) 

As seen from eq 1, the bubble rise velocity, Vb can be predicted if the liquid film velocity, Vf and the 

film liquid holdup, εLf are known. Additional assumptions to eq 1 are: (1) the velocity of the liquid slug 

is equal to the two-phase superficial velocity, UTP (2) the film flow is fully developed and (3) the effect 

of capillary configuration is negligibly small. Based on similar assumptions, Thulasidas et al.1 derived 

the following relation for the average liquid velocity in the film of a circular capillary 
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eq 2 is the analytical form of a fully developed, gravity-driven film flow in the annulus of a round tube. 

db and dc are the bubble and capillary diameters respectively. The average liquid holdup in the film is 

related to the bubble diameter via the relationship 
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Kreutzer et al.2 have derived a correlation for estimating the Taylor bubble diameter based on the data of 

Thulasidas et al.1, which for a circular capillary is given by 

( 52.013.2exp36.064.0 Ca
d
d

c

b −+= ) (4) 

In analyzing slug flows in larger diameter tubes, Barnea3 adopted the following bubble diameter 

equation 
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where δ is the liquid film thickness, related to the capillary diameter by 
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The holdup of liquid in the film was estimated by 
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Lf dd

δδε  (7) 

Therefore, Vf and εLf can be estimated separately from these two independent studies: (1) Using eqs  2, 3 

and 4. (2) Using eqs 4, 5, 6 and 7. We refer to the first and second methods as Methods 1 and 2 

respectively. Figure 2a shows the parity plot for the experimental and predicted bubble rise velocities 

obtained using both methods. We however developed a simple approach of estimating the bubble rise 

velocity that eliminates the need to estimate the bubble diameter or liquid film flow rate given by the 

relationship 

33.061.01
1

CaU
V

TP

b

−
=  (8) 

The parity plot based on the use of eq 8 is shown in Figure 2b, referred to as Method 3. A very good 

agreement is also achieved. 
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Figure 2. (a) Comparison of the experimentally observed and predicted bubble rise velocities using 

Methods 1 and 2 (b). Comparison of the experimentally observed and predicted bubble rise velocities 

using Method 3. 

 

 

Notation 

db  Taylor bubble diameter, m  

dc  capillary hydraulic diameter, m 

fb  bubble frequency, s-1

g  gravitational constant, m/s2 

Lslug   liquid slug length, m 

LUC  unit cell length, m 

Pf  frictional pressure, Pa 

PT  total pressure, Pa 

UG  superficial gas velocity, m/s 

UL  superficial liquid velocity, m/s 

UTP  two-phase superficial velocity (UG+UL), m/s 

Vb  bubble rise velocity, m/s 
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Vf  liquid film velocity, m/s 

 
Greek symbols 

δ  liquid film thickness, m 

εG  gas holdup, dimensionless 

εLf  film liquid holdup, dimensionless 

µL  liquid viscosity, Pa s  

ρG  gas density, kg/m3

ρL  liquid density, kg/m3 

 

Dimensionless groups 

Ca  capillary number (µLUTP/σ) 

  
Subscripts 

expt  refers to experimental data 

pred  refers to model or correlation predicted data 
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