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Abstract

This work deals with the simulation of a commercial size slurry bubble column reactor for catalytic conversion of syngas

(CO�H2) to liquid hydrocarbons (Fischer±Tropsch synthesis). The reactor was assumed to operate in the heterogeneous or

churn-turbulent ¯ow regime and the complex hydrodynamics of the slurry bubble column was described by means of a model,

based on an extended experimental program, which takes into account the effect of column diameter, slurry concentration,

system properties and pressure on the gas holdup. The reactor model was developed adopting two different classes of bubbles:

large bubbles (20±70 mm) which rise through the column virtually in plug-¯ow, and small bubbles (1±10 mm) which are

entrained in the slurry phase (liquid�solid catalyst particles). The slurry phase, together with the entrained small bubbles, was

considered completely mixed due to the upward motion of the fast-rising large bubbles. The reaction kinetics was chosen from

the literature and referred to a cobalt based catalyst. Design calculations have been carried out for a plant with a 5000 t/day

capacity for producing middle distillates. Operating conditions with respect to super®cial gas velocity and slurry concentration

are suggested so as to achieve the optimum reactor performance. # 1999 Elsevier Science B.V. All rights reserved.
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1. Introduction

There is a need from the natural gas and energy

industries to seek for an economically attractive way

of converting remote gas reserves into transportable

products, such as high quality fuels or petrochemicals.

A possible way for the conversion of natural gas to

middle distillates is based on a three-step process.

Firstly, production of syngas from natural gas (cata-

lytic partial oxidation, steam reforming or autothermal

reforming). Secondly, catalytic conversion of syngas

into hydrocarbons, mostly paraf®ns from C5 to C100�
(Fischer±Tropsch (F±T) synthesis). Thirdly, hydro-

cracking of the heavy paraf®nic hydrocarbons to

middle distillates. The F±T synthesis step is highly

exothermic. In order to control the temperature within

the reactor, when considering high capacity plants (e.g.

5000 t/day of middle distillates), the bubble column

slurry reactor is the preferred choice when compared

to a ®xed bed reactor [1,2], because of the possibility in

the slurry type reactor to achieve almost isothermal

conditions (heat transfer coef®cient on the slurry side

is much higher compared to that of a ®xed bed).
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Slurry bubble column hydrodynamics is very com-

plex and signi®cantly in¯uenced by the size of the

column. Hence, it becomes essential to study the

in¯uence of scale on relatively large cold-¯ow experi-

mental equipment, in order to predict the hydrody-

namic parameters for industrial size bubble column

reactors (5±8 m diameter). Scale-up information on

slurry bubble column hydrodynamics was obtained by

means of an extensive experimental program carried

out at the University of Amsterdam [3±7]. Different

liquids (water, paraf®n oil, ethanol and tetradecane)

and slurries of paraf®n oil and silica particles at

concentrations up to 37% in volume were used in

columns of 0.05, 0.10, 0.174, 0.19, 0.38 and 0.63 m

diameter. The silica particles used had a size distribu-

tion, dp: 10%<27 mm; 50%<38 mm; 90%<47 mm.

The hydrodynamic model resulting from these stu-

dies was used to develop a model for performing slurry

reactor design and optimisation, applied to the

Fischer±Tropsch synthesis process. As regards F±T

kinetics, which is scale independent, a reaction

scheme from published literature [8] was chosen.

Simulations of the slurry reactor were carried out in

order to study the in¯uence of the inlet super®cial gas

velocity and the catalyst loading on conversion, reac-

tor productivity and the number of internal cooling

tubes. A sensitivity analysis was also carried out to

check the dependence of the reactor productivity on

mass transfer and kinetic parameters.

2. Catalysis and reaction kinetics

The Fischer±Tropsch synthesis can be described by

the following, simple reaction:

CO� 2H2 !ÿ�CH2�ÿ�H2O

where ±(CH2)± is the methylene group, which poly-

merises into a hydrocarbon chain. Water, formed as

primary product can react with CO to form CO2, as a

side reaction:

H2O� CO$ CO2 � H2 �water gas shift�
Commonly used catalysts for F±T synthesis are

based on supported iron or cobalt, with or without

the presence of other metals as promoters (e.g. Cu,

Mn, Zr, K, Na, Sc, Mo, W, Ru, Ti, Re, etc.). The

catalyst support can be titania (TiO2), silica (SiO2) or

alumina (Al2O3). The effect of promoters is to

increase reaction rate and selectivity to heavy hydro-

carbons and to reduce catalyst deactivation. Iron based

catalysts are cheap and exhibit a high selectivity to

ole®ns and light hydrocarbons. They are active with

respect to water gas shift function and produce large

amounts of oxygenates. However, iron catalyst deac-

tivates rapidly due to coke deposition on catalyst

surface and oxidative reactions. Cobalt based catalysts

generate higher molecular weight hydrocarbons

(paraf®nic waxes) and promote hydrogenation. They

deactivate much less in comparison with iron catalysts

and produce limited amounts of oxygenates. Gener-

ally speaking, the water gas shift activity of cobalt

catalyst is negligible. The above mentioned character-

istics make the cobalt based catalysts the more attrac-

tive ones for natural gas conversion to middle

distillates.

The intrinsic kinetic equation for the consumption

rate of syngas, chosen in the literature, was that

proposed by Yates and Satter®eld [8], which is a

Langmuir±Hinshelwood type

ÿRCO�H2
� a � pH2

� pCO

�1� b � pCO�2
: (1)

The rate of the synthesis gas consumption was

measured in a continuous, mechanically stirred, 1 l

slurry autoclave. The catalyst was Co/MgO on SiO2

support. The range of operating conditions used were:

220±2408C, 5±15 bar, 1.5±3.5 as H2/CO feed ratios.

The achieved H2 and CO conversions ranged between

6±68% and 11±73% respectively. The kinetic con-

stant, a, and the absorption coef®cient of species CO,

b, were determined by means of non-linear ®t of

experimental data

a � 8:8533� 103

� exp 4494:41
1

493:15
ÿ 1

T

� �� �
mol=�s kgcat bar2�;

(2)

b � 2:226 � exp ÿ8236
1

493:15
ÿ 1

T

� �� �
1=bar: (3)

A simpler ®rst-order kinetics, like the one proposed

by Post et al. [9] for a zirconium-promoted cobalt

catalyst on silica support

ÿRCO � kpH2
; (4)
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has been incorporated in various other reactor models

for F±T synthesis slurry bubble column reactors [10].

However, the Yates±Satter®eld kinetics is more rea-

listic than that of Post et al. [9], when operating at high

syngas conversion (above 60%) and when the H2/CO

feed ratio is close to the stoichiometric ratio (i.e. when

H2 is not the limiting species). For cobalt catalyst with

negligible water gas shift activity the H2/CO stoichio-

metric ratio is nearly 2.

To describe catalyst selectivity, the Anderson±

Schultz±Flory mechanism for the carbon atom dis-

tribution was chosen. Considering that most of the

hydrocarbon products are paraf®ns, the molar fraction

of each species CnH2n�2, is de®ned as follows:

xn � �1ÿ �ASF��nÿ1
ASF; (5)

where �ASF is the Anderson±Shultz±Flory coef®cient,

that is the probability factor of hydrocarbon chain

growth. The higher the �ASF coef®cient, the higher the

fraction of heavy paraf®ns. A value of �ASF�0.9 was

chosen [11].

3. Hydrodynamics of slurry bubble column
reactor

Slurry bubble column reactors can operate either in

the homogeneous ¯ow regime or in heterogeneous

(churn-turbulent) ¯ow regime. Homogeneous regime

is established within the reactor, when operating at

low gas ¯ow rates: small bubbles of gas (1±10 mm) are

uniformly distributed into the slurry phase (liquid�
solid catalyst). With increasing gas throughput, transi-

tion from homogeneous to churn-turbulent regime

occurs. In the heterogeneous regime small bubbles

combine in clusters to form large bubbles (20±

70 mm). These large bubbles travel up through the

column at high velocities (in the range 1±2 m/s), in a

more or less plug-¯ow manner. These large bubbles

have the effect of churning up the slurry phase. Small

bubbles, which co-exist with large bubbles in the

churn-turbulent regime, are `̀ entrained'' in the slurry

phase and as a good approximation have the same

backmixing characteristics of the slurry phase. The

hydrodynamics of a slurry bubble column reactor

operating in the churn-turbulent regime is pictured

in Fig. 1.

The churn-turbulent regime of operation is the most

optimal one for F±T synthesis [1]. One of the most

important parameters to be estimated for slurry reactor

design and scale-up is the holdup of gas bubbles in the

reactor, �. Following the model of Krishna et al. [4] for

churn-turbulent regime, the gas holdup can be deter-

mined as follows:

� � �b � �df�1ÿ �b� (6)

Fig. 1. Hydrodynamic picture of a bubble column slurry reactor operating in the churn-turbulent regime.
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with �b the large bubble holdup and �df the small

bubble holdup. Even though in reality the bubble

population in the churn-turbulent regime has a broad

size distribution, our chosen model considers only two

bubble classes (large and small), whose characteristics

have been mentioned in the foregoing paragraph.

Small bubble holdup, �df, in the churn-turbulent

regime, remains roughly constant when increasing

super®cial gas velocity. �df is set equal to the value

of gas holdup at the regime transition point. The gas

holdup in the reactor is affected by catalyst concen-

tration, column diameter and pressure.

The effect of catalyst concentration, de®ned here as

volume fraction in the slurry phase, �s (gas-free basis),

is very strong, as it can be seen in Fig. 2 [5]. Addition

of solid particles enhances coalescence of small bub-

bles, increasing the range of small bubble size and

decreasing their holdup, and consequently the total gas

holdup. The correlation for small bubble holdup,

obtained by experimental data ®tting [5], is the fol-

lowing:

�df � �df;ref 1ÿ 0:7

�df;ref

� �s

� �
; (7)

where �df,ref is the small bubble holdup in pure liquid

(without solid). In the calculations of �s, it is assumed

that the catalyst particle pores are completely ®lled by

liquid. Eq. (7) shows that the small bubble holdup

decreases with increasing solids volume fraction �s; at

a solids holdup �s of about 38% the small bubble

population is virtually destroyed and only large bub-

bles are present within the slurry bubble column

reactor. A further assumption of our model is that

the holdup of large bubbles is not in¯uenced by

catalyst concentration.

The increase in small bubble size due to increased

catalyst concentration causes an increase in their rise

velocity, Vsmall:

Vsmall � Vsmall;ref 1� 0:8

Vsmall;ref

� �s

� �
; (8)

where Vsmall,ref is the rise velocity of small bubbles in

pure liquid. The parameters �df,ref and Vsmall,ref must be

determined experimentally, and depend on the liquid

properties. For paraf®n oil �df,ref�0.27 and

Vsmall,ref�0.095 m/s, as determined during cold-¯ow

experiments [5]. These model parameter values, along

with Eqs. (7) and (8), determined on the basis of

cold-¯ow experimental studies with paraf®n oil slur-

ries [5], are expected to hold also for the F±T slurry

system.

The in¯uence of column diameter on total gas

holdup is illustrated in Fig. 3, where data for 0.1

and 0.38 m columns, at 35 vol% slurry, are compared.

Column diameter in¯uences large bubbles rise velo-

city; increasing the diameter of the reactor increases

the rise velocity of large bubbles, therefore decreases

large bubble holdup, and, as a consequence, decreases

the total gas holdup. The large bubble holdup for

Fig. 2. Influence of increased slurry concentration, �s, on total gas

holdup.
Fig. 3. Influence of increased column diameter on total gas holdup.
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slurry concentrations �s above 0.16, can be estimated

by the following relation [5]:

�b � 0:3
1

D0:18
T

1

�U ÿ Udf�0:22
�U ÿ Udf�4=5; (9)

where DT is the column diameter, U the overall super-

®cial gas velocity, Udf the super®cial velocity through

the small bubbles, while (UÿUdf) is the super®cial

velocity through the large bubbles (see Fig. 1). Udf is

given by

Udf � �df � Vsmall: (10)

This model assumes that column diameter depen-

dence of large bubble holdup persists up to 1 m. For

larger columns, such as industrial slurry reactors,

DT�1 has to be set into Eq. (9).

In Fig. 3 the total holdup curve for a 7 m column

diameter, estimated by means of the hydrodynamic

model [5] described by Eqs. (6)±(10), is presented. It

should be evident from Fig. 3 that scaling-up from say

0.1 m diameter pilot plant to a 7 m diameter commer-

cial scale reactor is not straightforward and careful

attention has to be paid to scale-up rules.

Also pressure effects must be taken into account

when scaling-up the results of cold-¯ow hydrody-

namic studies. Such cold-¯ow hydrodynamic studies

are usually performed at atmospheric pressure and

room temperature, with air or nitrogen as gas phase;

the gas density under these conditions is 1.3 kg/m3.

Commerical F±T synthesis is carried out under pres-

sure (30±40 bar) and temperature (200±2508C for

cobalt based catalysts). The density of syngas at

30 bar and 2408C is 7 kg/m3. When pressure (or gas

density) is increased, total gas holdup increases and

transition from homogeneous to churn-turbulent

regime is delayed [6]. The super®cial gas velocity

at the regime transition point shifts to higher values

with increased system pressures. This implies that the

gas holdup at the regime transition point increases

with increasing system pressure; this effect is opposite

to that of increasing solids concentration. The correla-

tion of Reilly et al. [12], for small bubble holdup is

recommended when no experimental data in pressure

are available. This correlation predicts that the holdup

of the small bubbles at the regime transition point,

�trans, increases with �0:48
G . The pressure effect is

introduced in Eq. (7) as follows, keeping in mind that

�df��trans:

�df � �df;ref
�G

�G;ref

� �0:48

1ÿ 0:7

�df;ref

� �s

� �
; (11)

where �G,ref is the density of gas at ambient conditions.

The strong in¯uence of pressure on the total gas

holdup is demonstrated in Fig. 4 for a 7 m diameter

reactor, with a 20 vol% slurry. The volumetric mass

transfer coef®cient, kLa, is another important para-

meter, which has to be introduced in the reactor model.

The most accepted correlations for kLa in the literature

are those of Akita±Yoshida [13] and Calderbank±

Moo-Young [14], but these correlations were obtained

inbubblecolumnsoperatinginthehomogeneousregime

and are able to describe only mass transfer from small

bubbles, which are considered as rigid spheres.

Vermeer and Krishna [15] measured kLa from large

bubbles, and found higher values of kLa, compared to

those predicted by Akita's and Calderbank's correla-

tions whether considering bubble sizes in the range

20±70 mm. Large bubbles continuously coalesce and

break-up, while rising along the column, at a very high

frequency (2±16 Hz) [7]. This is very important for

interphase mass transfer, because the really large sized

bubbles have only a momentary existence. Hence,

gas±liquid interface renewal is very frequent and mass

transfer characteristics of such large bubbles are better

than those predicted by conventional theories.

The Vermeer±Krishna data for the N2±turpentine-5

system, showed a constant value for the ratio between

Fig. 4. Influence of increased gas density on total gas holdup.
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kLa and the gas holdup of the large bubbles

�kLa�large

�b

� �
N2ÿturpentine-5

� 0:5 sÿ1: (12)

The above ratio can be taken as a reference constant

to predict kLa of large bubbles for different systems

�kLa�large

�b

� �
� �kLa�large

�b

� �
N2ÿturpentine-5

�����������
DL

DL;ref

s

� 0:5

�����������
DL

DL;ref

s
; (13)

where DL is the diffusion coef®cient in the liquid

phase, while DL,ref is equal to 2�10ÿ9 m2/s. The mass

transfer coef®cient for the small bubble population is

determined in an analogous manner using a constant

1.0 in place of 0.5, i.e.

�kLa�small

�df
� 1:0

�����������
DL

DL;ref

s
: (14)

The diffusivities, DL, of the H2 and CO species at a

reaction temperature of 2408C are 17.2�10ÿ9 and

45.5�10ÿ9 m2/s, respectively.

4. Fischer±Tropsch slurry reactor model

The slurry reactor model was developed for a F±T

industrial unit operating in the churn-turbulent regime

at pressure 30 bar and temperature 2408C, with dia-

meter DT�7 m and dispersion height H�30 m. Large

bubbles were assumed to be in plug-¯ow, passing

through the column with a super®cial gas velocity

UÿUdf. The liquid phase with the suspended catalyst

and the entrained small bubbles are considered to be

well mixed. These assumptions are consistent with the

hydrodynamic studies [2±7] and the commercial reac-

tor size. The conceptual reactor model is depicted in

Fig. 5.

The model also assumes isothermal conditions

within the reactor and catalyst particles, which have

an average size of 50 mm, uniformly distributed within

the slurry phase.

The mass balances which constitute the model are

given below for:

(a) large bubbles:

ÿ d

dz
��U ÿ Udf�cG;CO large�

ÿ �kLa�CO;large

cG;CO large

mCO

ÿ cL;CO

� �
� 0; (15)

ÿ d

dz
��U ÿ Udf�cG;H2 large�

ÿ �kLa�H2;large

cG;H2 large

mH2

ÿ cL;H2

� �
� 0: (16)

(b) small bubbles:

A � Udf�ci
G;CO ÿ cG;CO small�

� �kLa�CO;small

cG;CO small

mCO

ÿ cL;CO

� �
AH; (17)

A � Udf�ci
G;H2
ÿ cG;H2 small�

� �kLa�H2;small

cG;H2 small

mH2

ÿ cL;H2

� �
AH; (18)

where it is assumed that at the reactor inlet:

ci
G;CO small � ci

G;CO large � ci
G;CO, and the same is true

for hydrogen. Another assumption is that the gas

velocity through small bubbles, Udf, remains constant

along the reactor height.

Fig. 5. Conceptual model of the Fischer±Tropsch slurry reactor.
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(c) liquid phase:

A

ZH
0

�kLa�CO;large

cG;CO large

mCO

ÿ cL;CO

� �
dz

� AH�kLa�CO;small

cG;CO small

mCO

ÿ cL;CO

� �
� � � � ÿ AUo

LcL;CO ÿ AH�L
a�cL;COcL;H2

�1� b�cL;CO�2
� 0;

(19)

A

ZH
0

�kLa�H2;large

cG;H2 large

mH2

ÿ cL;H2

� �
dz

� AH�kLa�H2;small

cG;H2 small

mH2

ÿ cL;H2

� �
� � � � ÿ AUo

LcL;CO ÿ 2AH�L
a�cL;COcL;H2

�1� b�cL;CO�2
� 0:

(20)

�L is the slurry holdup, �L�1ÿ�, where � is the total

gas holdup, estimated according to the hydrodynamic

model summarised in Section 3. The parameters mCO

and mH2
are the solubilities of CO and H2 de®ned by

cG � m � c�L. Estimated values of these solubilities in

the paraf®n C16H34 (taken as F±T liquid phase for

properties evaluation), at a temperature of 2408C, are

mCO�2.478 and mH2�2.964.

As the CO/H2 feed ratio was set equal to the CO/H2

consumption ratio (which is 2), the conversion of CO

and H2 are both equal to one another, and to the syngas

conversion, �CO�H2
. In Eqs. (19) and (20) the kinetic

equations are incorporated taking into account that

RH2
� 2RCO.

The model considers that resistance to mass transfer

between the liquid phase and the catalyst surface, and

intraparticle diffusion resistance are negligible. A

further simpli®cation considers that the contraction

of gas volume, due to synthesis gas conversion, affects

only the large bubbles. The contraction factor � (for

100% syngas conversion) was calculated as

��ÿ0.648, assuming a 5 vol% of inert content in

the syngas. The super®cial gas velocity through large

bubbles decreases with conversion according to the

following relation:

U ÿ Udf � �Ui ÿ Udf��1� ��CO�H2
�: (21)

The solution to the set of model equations repre-

sented by Eqs. (15)±(21) was implemented in a For-

tran code. Since differential mass balances for the

large bubbles are coupled with algebraic ones for the

small bubbles and the liquid phase, the above system

was solved by means of an iterative procedure. How-

ever, a simpli®cation was possible, describing the

concentration of one reactant as a function of the

other one.

Since isothermal conditions are assumed within the

reactor, the heat produced by the reaction (�H�
ÿ0.172 MJ/molCO) must be completely removed. Ver-

tical cooling tubes of 50 mm were installed in the

reactor with coolant ¯ow inside the tubes. The heat

transfer coef®cient from slurry to the coolant was

estimated using the correlation of Deckwer et al. [16]:

St � 0:1 � �Re � FrG � Pr2�: (22)

The temperature difference between the reactor and

the coolant was taken 108C.

The slurry density is calculated from

�SL � �L 1ÿ �L

�SK

� �s

� �
� �p � �s; (23)

where �p is the catalyst particle density (kg of solids/

m3 of particle including voids), while �SK is the

catalyst skeleton density (kg of solids/m3 of solids

without voids). The particles are assumed to be com-

pletely ®lled by liquid.

In order to determine the slurry viscosity, the mod-

i®ed Einstein's equation was taken in the calculations

�SL � �L�1� 4:5 � �s�: (24)

5. Simulation results

The results of the simulations performed with the

reactor model described above are presented here. The

in¯uence of the super®cial gas velocity, U, and the

catalyst concentration, �s, on synthesis gas conversion,

total reactor productivity and number of internal cool-

ing tubes were studied. A sensitivity analysis to check

the in¯uence of kinetics and mass transfer parameters

was also carried out.

Simulations were carried out for a range of

super®cial gas velocities U�0.12ÿ0.4 m/s, while

the catalyst concentration range was �s�0.20ÿ0.35.
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The main results of the simulations are reported in

Figs. 6±8. In Table 1 operating conditions, liquid and

catalyst properties used in the model are listed.

Increasing the inlet super®cial gas velocity causes a

decrease in conversion of the gas phase (Fig. 6), while

reactor productivity increases (Fig. 7), and so does the

number of tubes necessary to remove the heat pro-

duced by the synthesis reaction (Fig. 8). For example,

for the case �s�0.30, while conversion changes from

96% at the lower gas velocity, to 63% at the higher, the

productivity of the reactor increases from 1200 to

2640 tC1�/day and the required number of cooling

tubes increases from 2700 to 5900. In this case it is

evident that, at the highest reactor productivity, the

conversion of syngas is not complete, and the non-

reacted syngas should be recycled to the reactor. In

practice it is desirable to operate at conversion

levels of about 90% per single pass avoiding the

recycle of the gas phase. Therefore, it is necessary

to operate at super®cial gas velocities below 0.3 m/s

(see Fig. 6).

Increasing catalyst concentration in the slurry

phase, �s, increases both conversion and reactor pro-

ductivity, as well as the number of internal cooling

tubes to be installed in the reactor (see Figs. 6±8).

Fig. 6. F±T reactor simulation results: syngas conversion.

Fig. 7. F±T reactor simulation results: total reactor productivity.

Fig. 8. F±T reactor simulation results: number of cooling tubes.

Table 1

Operating conditions and system properties

Operating conditions

Reactor temperature (T) 2408C
Reactor pressure (P) 30 bar

Reactor diameter (DT) 7 m

Dispersion height (H) 30 m

Vertical cooling tube diameter (dt) 50 mm

Vertical cooling tube height (Ht) 30 m

Temperature of coolant (Tw) 2308C

Liquid phase properties (C16H34)

Density (�L) 640 kg/m3

Viscosity (�L) 2.9�10ÿ4 Pa s

Surface tension (�L) 0.01 N/m

Thermal conductivity (�L) 0.113 W/m K

Heat capacity (cp,L) 1500 J/kg K

Catalyst properties (silica support)

Partial density (�p) 647 kg/m3

Pore volume (Vo) 0.00105 m3/kg

Skeleton density (�SK) 2030 kg/m3

Thermal conductivity (�s) 1.7 W/m K

Heat capacity (cp,s) 992 J/kg K
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The in¯uence of �s is not only on the reaction

kinetics, which is proportional to catalyst loading,

but also on the total gas holdup. As already mentioned,

increasing �s reduces gas holdup, �; this means a

higher slurry holdup, �L (�L�1ÿ�), i.e. more catalyst

can be loaded within the reactor. Hence the increase of

�s has more than a proportional effect on reactor

performance.

As regards the pitch of the vertical cooling tubes,

this varies between 12 and 19 cm, depending on the

number of tubes required, according to simulation

results. This pitch is considered large enough not to

in¯uence the hydrodynamics of the column, such as

bubble size, bubble holdup or slurry phase backmix-

ing.

A sensitivity analysis was also performed to study

the in¯uence of interphase mass transfer and kinetics

on the reactor productivity. The super®cial gas velo-

city was set U�0.4 m/s and the catalyst fraction

�s�0.25. A 10-fold increase or a 3-fold reduction of

kLa with respect to the base case value, has a negli-

gible effect on reactor productivity. On the other hand,

increasing the Yates±Satter®eld kinetic constant, a, by

a factor 2, causes a 60% increase in the reactor

productivity. Sensitivity with respect to reduced cat-

alyst activity was not considered because all devel-

opment efforts should be directed at improving

catalyst formulations. Therefore, interphase mass

transfer does not in¯uence the reactor performance

while the system is very sensitive to the kinetic term.

Under the assumed conditions the process appears to

be chemically controlled.

6. Conclusions

From simulation studies of a slurry bubble column

reactor for Fischer±Tropsch synthesis operating in the

churn-turbulent regime, the following conclusions can

be reached:

(1) To obtain the best reactor performance, we must

operate at the highest catalyst concentration compa-

tible with slurry handleability (e.g. separation unit).

From cold-¯ow experimental studies, carried out at

the University of Amsterdam, the feeling is that

�s�0.4 is the maximum catalyst concentration in

the slurry phase, which can be used in commercial

practice.

(2) Assuming a conservative value for �s�0.35, and

an inlet super®cial gas velocity Ui�0.3 m/s, three

parallel reactors (7 m diameter�30 m dispersion

height) are required for an assigned capacity of

5000 t/day of middle distillates. It was assumed that

middle distillate products are 70% of total reactor

production rate. At the chosen operating conditions,

the number of tubes to be installed per each reactor is

6000, and the pitch is 15 cm.

(3) If the catalyst activity were twice that of Yates±

Satter®eld, then the number of reactors in parallel

necessary to produce 5000 t/day of middle distillates

would reduce from 3 to 2. The need for improved

catalysts formulations is evident.

7. Nomenclature

a Yates±Satterfield reaction rate constant

(mol=kgcat bar s)

a* Yates±Satterfield reaction rate constant

(m6=mol kgcat s)

A reactor section (m2)

b Yates±Satterfield absorption constant

(barÿ1)

b* Yates±Satterfield absorption constant

(m3/mol)

cG,CO CO molar concentration in the gas phase

(mol/m3)

cG;H2
H2 molar concentration in the gas phase

(mol/m3)

cL,CO CO molar concentration in the liquid

phase (mol/m3)

cL;H2
H2 molar concentration in the gas phase

(mol/m3)

dp particle size (mm)

dt cooling tube diameter (mm)

DL diffusion coefficient in the liquid phase

(m2/s)

DL,ref reference diffusion coefficient in the

liquid (m2/s)

DT column diameter (m)

Fr Froude number (dimensionless)

H dispersion height of the reactor (m)

Ht height of cooling tube (m)

k Post reaction rate constant (m3=m3
cat s)

kLa volumetric mass transfer coefficient (sÿ1)

mCO Henry constant for CO (dimensionless)
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mH2
Henry constant for H2 (dimensionless)

P total pressure (bar)

pCO CO partial pressure (bar)

pH2
H2 partial pressure (bar)

Pr Prandtl number (dimensionless)

RCO CO consumption rate (mol=kgcat s)

RH2
H2 consumption rate (mol=kgcat s)

RCO�H2
synthesis gas consumption rate

(mol=kgcat s)

Re Reynolds number (dimensionless)

St Stanton number (dimensionless)

T reactor temperature (K)

UL superficial liquid velocity (m/s)

U superficial gas velocity (m/s)

(UÿUdf) superficial gas velocity through the large

bubbles (m/s)

Udf superficial velocity of gas through the

small bubbles (m/s)

Vo pore volume of particles (m3/kg)

Vsmall rise velocity of the small bubbles (m/s)

Vsmall,ref rise velocity of the small bubbles at 0%

solids concentration (m/s)

z axial coordinate (m)

Greeks

� contraction factor (dimensionless)

�ASF Anderson-Schulz-Flory coefficient

(dimensionless)

�CO CO conversion (dimensionless)

�H H2 conversion (dimensionless)

�CO�H2 syngas conversion (dimensionless)

� total gas holdup (dimensionless)

�b gas holdup referred to large bubbles

(dimensionless)

�df gas holdup referred to small bubbles

(dimensionless)

�df,ref gas holdup referred to small bubbles at

atmospheric conditions and 0% solids

concentration (dimensionless)

�L liquid phase holdup (dimensionless)

�s solid volumetric concentration in the

slurry phase (dimensionless)

�L liquid viscosity (Pa s)

�SL slurry viscosity (Pa s)

�G density of gas phase (kg/m3)

�G,ref density of gas phase at atmospheric

conditions (kg/m3)

�L liquid density (kg/m3)

�p particle density �kg=m3
particle�

�SK solid skeleton density, �kg=m3
solids�

�SL slurry density, �kg=m3
slurry�

Subscripts

b referring to large bubbles phase

CO referring to CO species

df referring to small bubbles

G referring to gas phase

H2 referring to H2 species

L referring to liquid phase

large referring to large bubbles

p referring to solid particle

s referring to solids

SK referring to solids skeleton

SL referring to slurry

small referring to small bubbles

trans referring to regime transition point

Superscripts

i referring to reactor inlet conditions

o referring to reactor outlet conditions

* referring to equilibrium conditions
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