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Abstract

The overall objective of this work is to examine the influence of interphase mass transfer on the composition trajectories in homogeneous
azeotropic distillation. A total of 38 experiments were carried out in a bubble cap distillation column operated at total reflux with the system:
water—ethanotlert-butanol. The experiments were carried out in the two regions on either side of the distillation boundary connecting the
ethanol-water antibutanol-water azeotropes.

In order to model the composition trajectories, a rigorous nonequilibrium (NEQ) stage model is developed. The NEQ model incorporates
the Maxwell-Stefan diffusion equations to describe the intraphase transfers in the vapor and liquid phases. The only adjustable parameter
in the NEQ model is the size of the vapor bubbles on trays. A choice of a bubble diameter of 4 mm in the developed NEQ model gave the
best agreement with the experimental results for all of the 38 experimental runs. The Murphree efficiencies of the constituents in the ternary
mixture were found to be significantly different from one another for all the runs. In order to ascertain the influence of unequal component
efficiencies on the column composition trajectories, the experimental results were also simulated with an equilibrium (EQ) stage model
assuming a uniform, constant efficiency for all components on all the trays. The value of this constant efficiency for any experimental run
was obtained by averaging the individual component efficiencies for all the three components on all the trays, calculated by the rigorous NEQ
model. The predictions of the EQ model leads to significantly worse predictions of the column composition trajectories for each of the runs,
when compared to the NEQ model. It is found that the column composition trajectories are significantly altereditfaerioces in the
component efficiencies.

From a design view point, it is shown that for the water—ethaertbutanol system, the attainment of a desired ethanol purity in the
top product may require significantly larger number of stages than that anticipated by the EQ model incorporating constant component
efficiencies.
© 2003 Elsevier B.V. All rights reserved.
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1. Introduction stage efficiency:
i =Yg’
where the subscriptrefers to speciesin the n-component

mixture, and the subscripts E and L refer to the entering and
leaving streams on the stage (§6ég 1). They? representthe

E;i = i=12....n 1)

The traditional method for simulating distillation tray
columns is based on the equilibrium (EQ) stage model
wherein the vapor leaving any stage is assumed to be in
equilibrium with the liquid leaving that stage through the

downcomer. In practice, the contact time between the va- ” ; L :
por and liquid phases is not long enough for equilibrium compositions of the vapor that would be in equilibrium with

to be established and Murphrég] was the first to pro- the liquid leaving the tray. The mole fractions add to unity:
vide a measure of approach to equilibrium by defining the

n n
dyie=1 D ve=1l D y=1 )
i=1 i—1 i=1

. and, consequently, only — 1 of the Murphree stage effi-
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Fig. 1. Shematic of the bubble froth regime on the tray with two liquid
phases.

for components 1 and 2:
_YLL —Y1E _ Y2L — Y2E
Y1 — YLE Y3 — V2

When the number of componemtss three or more; there
is no requirement that the Murphree efficiendiedbe equal
to one another:

E1#Ey# E3---#E,

Eq

E> )

(4)

There is a large body of experimental evidence for ternary ko,

distillation in the published literature to verify that compo-
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Following the approach of Taylor and Krish{#], we can
also write the M-S formulation in terms of the phase mass
transfer coefficients;;:

n n

XjN;i —xiN;
Z”J Ax; :Z; ;
j=1

1,2,...,n—1 (6)

=1 CtKij

J#
where Ax; represents the differences in composition be-
tween the bulk fluid phase and the interface. Therepre-
sent thermodynamic correction factors

aln y;
Iy = 8 +xi 2
ax]'

ij=12...,n—1 ©)

Eq. (6)can be re-cast into — 1 dimensional matrix notation
N = [k][I'](Ax) (8)

where K] is the(m — 1) x (n — 1) dimensional square ma-
trix of mass transfer coefficients. For a ternary system, the
four elements ofK] can be determined explicitly from the
following set of equations (for derivations see Taylor and
Krishna[2]):

_ kaglyikoz + (1 — y1)ka2]

nent efficiencies are not equal to one another and that any ofwhere

these efficiencies could vary fromoo to +o00; see the com-
prehensive literature survey given in Chapter 13 of Taylor
and Krishng2]. Careful examination of the classic paper by
Murphree[1] reveals that he appreciatéd). (4)already in

1925: “For three-component mixtures the approach to equi-

librium would not in general be equal for the two volatile
components,..”. It is only several decades later that pro-

k
11 S
_ y1k23(k13 — K12)
S ©)
X Yy2K13(k23 — K12)
2= "
S
_ re2slyariz + (1 = y2)r12]
S
S = y1k23+ y2k13 + y3Kk12 (10)

Egs. (8)—(10)show that flux of any species depends on
the driving forcesAx; of all the species present in the
mixture. The extent of coupling depends inter alia on the
differences in the transfer coefficients; of the binary pairs
i— in the mixture in either fluid phase. For a mixture made

cedures for calculation of the component Murphree efficien- up of components that are similar in molecular size, shape,
cies were developed by adopting the Maxwell-Stefan (M-S) polarity and hydrogen bonding characteristics, coupling
formulation[2—4] to describe intraphase mass transport. In effects are expected to be minimal and the component effi-
the M-S diffusion formulation, chemical potential gradients ciencies are nearly equal to one another. This is the case, for
are used as the driving forces for diffusion and a linear rela- example, for distillation of close boiling hydrocarbon mix-
tion is postulated between the driving forces and the fluxes tures. On the other hand, for highly non-ideal mixtures of

in the form components with widely differing molar masses, coupling
x; n xjN; — x;N; effe(_:ts can expectgd to be.very s_,ignifigant: T_hfe inﬂue_nce
R Vi = Z P =12...,n, (5) of diffusional coupling manifests itself in significant dif-
j_;% r ferences in the componeB. For simulation of multicom-
JFi

wherex; represent the mole fraction in the fluid phase under
considerationl; the molar fluxesp;; the M-S diffusivities;

V u; the chemical potential gradients. It is of historical inter-
est to note that Lewis and Chaff], in 1928, were already
aware of the usefulness of the Maxwell-Stefan formulation
for modelling mass transfer on distillation trays.

ponent distillation columns the M-S formulation has been
incorporated into commercially available software packages
such as RATEFRAC (marketed by Aspen Technology) and
ChemSep (available through the CACHE corporation; see
also http://www.chemsep.ojg Such simulation models are

usually called rate-based or nonequilibrium (NEQ) models.
In industrial design it is much more common to adopt the
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Table 1 Table 2
NRTL parameters for binary mixtures at 101.3kPa, taken from El Yafi Bubble cap tray design of the laboratory-scale distillation column
et al.[7]

Column diameter (mm) 50 Hole pitch (mm) 14.2
Component Component B;; (K) Bji (K) ajj Tray spacing (mm) 46.2 Cap diameter (mm) 28.1
Number of flow passes 1 Skirt clearance (mm) 3
water Ethanol 62017 -20.46 03194 iquid flow path length 30.8 Slot height (mm) 5
Water tert-butanol 1122.14 209.54 0.4917 (mm)
Ethanol tert-butanol 25099 33537 —0.1382 Downcomer clearance 3.9 Active area 97.3%
These parameters are used along With= exp(—«jj7j) andtj = Bij/T. (mm) (of total area)
Deck thickness (mm) 3 Total hole area 8.27%
1.0 - (of total area)
[ Hole diameter (mm) 14.2 Downcomer area 1.35%
S Residue curves (of total area)
0.8 = Distillation boundary Weir type Circular ~ Slot area (mf 221
O Azeotropes Weir length (mm) 18.2 Riser area (nfjn 158
Weir height (mm) 9.2 Annular area (nfin 462
0.6 Weir diameter (mm) 5.8

0.4 divided into two sets of five bubble cap trays by an inter-

section at which a continuous feed can be introduced to the
column. Product streams can be tapped automatically from
the condenser and manually from the reboiler. The glass
0.0 T iy i Ty distillation column has several small openings of 10 mm in
00 02 04 06 08 1.0 diameter, which are sealed with Teflon-coated septa. These
Water Composition / [-] opening enable liquid and vapor samples to be withdrawn
by means of a syringe. The column has a total height of
2160 mm and a 50 mm inner diameter.
The reboiler is placed in a heating mantle, which is

equilibrium (EQ) stage model with uniform and constant connected Wlth a PC provided Wlth the required software
stage efficiencies for all components on all the trays. (Honeywell: Windows NT Workstation 4.0; FIX MMI vV
Our major objective is to investigate the influence of 6-15/75-/O-points run time; OPTO CONTROL rel.2.2a).

interphase mass transfer on the composition trajectoriesBY means of the PC, the reboiler temperature can be con-
in homogeneous azeotropic distillation in order to check rolled as well as the feed- and product-flows. Furthermore,
whether unequal component efficienciscan lead to sig- it prowde; an au_tomatlc safety shut down in case the co_I—
nificantly different results from those anticipated by an EQ Umn reb0|Ier_aCC|dentaIIy tends_ to dry up. The c_ondenser is
stage model, with equal component efficienciesibrom- connected Wlth a water '_[ap_ which supplies cooling water to
ponents. Towards this end, we performed experiments with € glass cooling tubes inside the condenser.

the system: water (1)—ethanol (Bxt-butanol (3) in a bub- A total of 38 experir_ngntal runs, indicatec_i by RO1-R38,
ble cap tray distillation column. The choice of this ternary under total reflux conditions and atmospheric pressure were

system was motivated by our earlier experiments with this carried out with the system water—ethartett-butanol. The
system in a sieve tray column wherein we found that the compositions of _the_ vapor phase leaving the reboiler in all
component efficiencies were significantly different from one the 38 runs are indicated fig. 4a and bRuns R01-R20
another[6]. The residue curve maps for this system, calcu- had their compositions located on the left of the distillation
lated with NRTL parametefd], listed inTable 1 are shown ~ Poundary and runs R21-R38 had their compositions on the
respectively irFig. 2 The residue curve map divides intotwo  1ght of the distillation boundary. For any given experiment,
regions, separated by a distillation boundary, that connects€/ght vapor and four liquid samples were taken from sev-

the ethanol-water azeotrope with tleet-butanol-water. eral stages (the sampling points are showifig. 3) and
the temperature profile was measured with PT 100 sensors.

Each sample volume was intentionally kept small (W00
2. Experimental set-up to prevent changes in the composition-profile during the en-
tire experiment. The samples were first dissolved into a ref-
The experiments were carried out in a laboratory-scale erence solvent, consisting of 1 vol4propanol in 99 vol.%
distillation column supplied by Schott Nederland B.V. (see acetone, before injection into the Gas Chromatograph (type:
Fig. 3). The double layered glass column with vacuum be- GC8000-Top with pressure/flow control) by means of an au-
tween the inner and outer shell contains a total condensertosampler (type AS800). The channel inside the GC is made
(stage 1), a partial reboiler (stage 12) and ten bubble capof stainless steel and has a total length of 1 m and 0.3175 mm
trays (stages 2-11) for which the dimensions are detaileddiameter. The carrier gas used was helium because of
in Table 2and pictured irFig. 3. The distillation column is its high thermal conductivity and chemical inertness. By

Ethanol Composition / [-]

0.2

Fig. 2. Residue curve map for the water (1)—ethanol té}-butanol (3)
system.
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Fig. 3. Schematic of laboratory-scale distillation column. Includes total condenser (1), partial reboiler (12), 10 bubble cap trays (2—11)aandffl3 dr
faucets, nine for vapor samples (V) and four for liquid samples (L). Details of bubble cap shown in the inset.

analyzing samples of pre-prepared, known, compositions,3. NEQ model development

the GC was carefully calibrated. More detailed descriptions

of the experimental set-up, measurement technique, GC Before discussing the experimental results we summarize
analysis and composition determination, including pictures the details of the NEQ model. All our experiments were car-

of the column and bubble cap trays are available on our ried out in the bubbly froth regime. We assume the bubbles
web-site:http://ct-cr4.chem.uva.nl/distillatién to be made up of uniform in size and having a diameer
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Experimental Runs R1 - R20 Experimental Runs R21 - R38
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Fig. 4. Compositions of vapor leaving the reboiler in each of the 38 experimental runs. (a) Runs R01-R20 were performed on the left of the distillation
boundary (b) runs 21-38 were performed on the right side of the distillation boundary.

We therefore have to reckon with two intraphase transfer Taylor et al.[2—4,8-16] There are two transport resistances
processes: (1) transfer within the bubble, and (2) transfer to reckon with. The transfer coefficients inside the rigid bub-
within the continuous liquid phase; these transfer processesbles can be estimated from taking the corresponding Sher-
wood numbers to equak#/3 following the development of

In order to quantify the transfer processes, pictured in Springer et al[9-12] The estimation of the transfer coeffi-
Fig. 5 we apply the treatment in earlier publications by cients in the continuous liquid phase surrounding the bubble

are pictured irFig. 5

Q O O O Vapour

Vapour Liquid
film film

i\

bubble

Fig. 5. Schematic showing the transfer resistances for distillation in the bubbly froth regime.

Binary Inside bubble Outside bubble
pair mass , 2 By B o=
transfer Ky =3 ki =2 —
coefficient b b
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Table 3
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Physical and transport properties per stage of run 09 for the water (1)—ethansb®rol (3) system obtained by NEQ model simulations (bubble

diameter = 4.0mm)

Stage Py, DY, Py, b, by, bh_, o ot Vo v (s)

no. (10°%m?s) (10 °m?sl) (10Cm?sl) (10°m?sl) (10°m2sl) (10°°m?sl) (102NmY) (kgm3) (ms?
2 21.5 15.9 7.89 5.37 4.13 2.73 3.67 758 0.21 0.0440
3 215 15.9 7.9 5.38 4.18 2.74 3.62 756 0.21 0.0441
4 21.5 15.9 7.9 5.39 4.24 2.76 3.55 755 0.21 0.0443
5 215 15.9 7.9 5.43 4.32 2.78 3.47 753 0.21 0.0446
6 21.6 15.9 7.91 5.47 4.42 2.8 3.36 752 0.20 0.0449
7 21.6 15.9 7.91 5.53 4.54 2.83 3.24 750 0.20 0.0453
8 21.6 15.9 7.92 5.6 4.68 2.86 3.11 748 0.20 0.0458
9 21.6 16 7.93 5.67 4.83 2.89 2.98 745 0.20 0.0462

10 21.6 16 7.94 5.74 4.99 2.93 2.84 743 0.20 0.0467

11 21.7 16 7.95 5.8 5.15 2.97 2.72 741 0.19 0.0472

follows the penetration model:

L
- =2 ﬂ
. TTtp

where the contact time of the continuous liquid phase with
gas bubblesty, is given by
=%

The bubble rise velocityy, is estimated using the Mendel-
son equatiorjl7], recommended by Krishna et §L8]:

(11)

t (12)

2 d
20, o
ptdp 2

Vb (13)

The calculation method of the transfer coefficietyisfor
two transfer resistances is summarizedrig. 5. The trans-
fer coefficients are different for each of the three binary pairs
1-2, 1-2, and 2-3 in the ternary mixture. The binary pair
k;; is obtained by substituting the appropriate binary pair

M-S diffusivity Hjj, in the fluid phase under consideration,
into the relations presented kfg. 5. For a typical run R09,

to be discussed in detail below, the various parameter val-

ues on stages 2-11 have been listediable 3 The two

transfer coefficient matricek{] and k-] can then be cal-
culated fromEgs. (9) and (10by using the appropriate
values of the bulk fluid phase compositionsand binary

pair «;;.

The flux entering the vapor bubble can be expressed in¢V —

terms of an overall matrix of mass transfer coefficients
N =/ [KV](* - ) (14)

wherey* is the composition of the vapor in equilibrium with

the aqueous within the dispersed droplets. From the conti-

nuity relations for interphase mass transfer, the following

expression can be derived for the overall transfer coefficient

matrix [KOV]:

KOV = [kV1 7 + CCL\L/[Keq][kL]_1 (15)

The [Keg] represents the diagonal K-value matrix with ele-
ments

Keqz & 5 l=1,2
Xi eq

The next step in the model development is to integrate
the flux expression for interphase transfer along the height
of dispersion on the tray. We assume that the bubbles rise
through the liquid in a plug flow manner and that liquid phase
is well-mixed. The steady state component molar balance for
vapor flow through the froth on the tray for three-component
distillation is given by the two-dimensional matrix relation

do) _
dh
wheredy is the diameter of the bubbles rising in the froth
with a rise velocityVy. Eq. (17)can be re-written in terms
of the overall number of transfer units for the vapor phase,
[NTUOV]:
d(y)
dé
whereé = (h/hs) is the dimensional distance along the
froth and [NTWy] is defined as

(16)

6
Vb [KV](y* - by (17)

= [NTUV](y* — ) (18)

INTUOV] = [KOV]d—irV (19)

where the vapor residence time is determined from
h

Vo
whereh; is the height of dispersion (froth). The height of
the dispersion on the tray is taken to be the height of the
downcomer tube above the tray floor, i.e. 9.2 mm as seen in
Fig. 3. This is a good approximation; any uncertainties in the
value ofhy will be reflected in the choice of the bubble size.
Assuming that the [NT8Y] on a single stage is constant,
Eqg. (18)can be integrated using the boundary conditions

& = O(inlettotray),
& = 1 (outletof tray,

(20)

Yy =JYE
Y=

(21)
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to obtain the compositions leaving the distillation stage; de- the streams leaving or entering a stage as input parameter.
tailed derivations are available in Taylor and Kris2h The simulated composition profile of the total reflux run is
* _ OVy7 (4 forced to pass through this specified composition. The entire
(7 =) = expl=INTUTIO7 — ye) (22) set of equations system was solved numerically by using the
Introducing the matrix [Ql= exp[-[NTUOV]], we may Newton’s method14]. The NEQ implementation is avail-
re-write Eq. (22)in the form able in the software program ChemSep, developed by Tay-
_ * lor et al.[2,13-15] Detailed information on ChemSep are
Or —ye) =T —1eII67 —ye) (23) available in the recent book by Kooijman and Tay[20].
where [l] is the identity matrix. The limiting case of the We illustrate our procedure by considering a specific run
EQ stage model is obtained when the l\fﬂ‘Uattain large R09. The experimentally determined compositions of the
values; Q] reduces in this case to the null matrix and the vapor leaving the reboiler (stage 12) are, respectively for wa-
compositions leaving the tray() are equal toy*), in equi- ter, ethanol anttbutanol: 0.059831, 0.50905 and 0.431119.
librium with the liquid leaving the tray. Substitutirieg. (15) Using this composition as “input” to the NEQ model, sim-
in Eq. (19)gives us the [NTGV], required for calculation of ~ ulations can be carried out to determine the composition
the [Q] matrix in Eq. (23) We follow the procedure of Kooi-  trajectory along the height of the column for a variety of
jman and Taylof19] for implementation of thé&q. (23)in chosen bubble diameters. The simulation resultgfos 2,
the stage-to-stage calculation. 3, 3.5, 4, and 5mm are shownhig. 6a By minimizing the
The material balance relations outlined above need to besum of the relative deviations between the experimentally
solved along with the enthalpy balance relations. The re- determined vapor compositions and the simulated values:
quired heat transfer coefficients in the vapor phase are cal- o
culated from the heat transfer analogue of the mass transfef’€rcentage average deviation

equations. _ Yi.expt—Yisimulation (1Y (1
The entire set of material and energy balance equations, Z Z Vi expt (3> <7 x 100 (24)

. . i=1,2,3stages
along with the interphase mass and energy transfer rate re-
lations are then incorporated into a rigorous stage-to-stagewhere the average deviation is determined for all three
model as described in Chapter 14 of Taylor and Krisf2ia components and the seven experimentally measured vapor
this chapter contains more exhaustive details of this model samples. We find that a bubble diameter of 4 mm gives the
including sample calculations for binary and ternary mix- best fit, i.e. the minimum deviation; séég. 7. An alter-
tures. native method for simulating the experiments is to use the
The only adjustable parameter in the NEQ model devel- vapor composition entering the (total condenser), V2, as
oped above is the bubble diameter; this is obtained by fitting “input” to the NEQ model. The experimentally determined
with the experimentally determined composition trajectories compositions of the vapor entering the condenser, i.e. leav-
as explained below. ing stage 2 (V2) are, respectively for water, ethanol and
t-butanol: 0.19977, 0.59749, and 0.20274. The simulation
results ford, = 2, 3, 3.5, 4, and 5mm using the composi-

4. Experiments versus simulations tion V2 as input are shown iRig. 6k The best fit bubble
diameter is again found to be 4 mm; Jdeig. 7.

The operating pressure for all experiments was 101.3kPa A similar analysis was carried for each of the 38 experi-
and the ideal gas law was used. Activity coefficients were mental runs and it was found that in all cases the choice of
calculated using the NRTL interaction parameters, speci- 4 mm bubble size yields the best ffig. 8shows the compar-
fied in Table 1 and the vapor pressures were calculated us- ison of experimentally determined composition trajectories,
ing the Antoine equations. The vapor phase was assumedwvith those obtained from NEQ model, taking 4 mm bubble
to be thermodynamically ideal. The column consists of 12 size and composition of the vapor leaving reboiler as input,
stages, including the total condenser (stage 1) and partial refor nine representative runs of the total of 38 runs. Run 22
boiler (stage 12). The reflux flow rate (0.003 mol/s) and the is typical of the trajectories found on the right of the dis-
bottom flow rate (0.0 mol/s) were used for specifying the tillation boundary (sedig. 4b) for runs R21-R38. We see
column-operations. Since the mass and heat transfer coeffifrom Fig. 8 that there is good agreement between the NEQ
cients are independent on the internal flows, the compositionmodel and the experiments.
and temperature profiles are not dependent on the precise We now proceed to examine whether an EQ stage model,
value of the specified reflux flow rate. with uniform, constant, efficiency for all components is of

Since the column is operated at total reflux, the reflux adequate accuracy in describing the column trajectories. The
flow rate determined the inner flow rates of vapor and lig- first problem is to determine the uniform constant efficiency
uid phases on each stage. Simulation of total reflux opera-to use in the EQ stage simulations. For this purpose we
tions is “complicated” by the fact that there is no feed to the consider the calculations of the Murphree component effi-
column at steady-state. To overcome this problem we spec-ciencies usind=q. (1) where we use the NEQ model (with
ify one of the experimentally determined compositions of 4 mm bubble size) to determine the compositions entering
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(a) Vapour leaving reboiler as starting composition

4 6 8 10 12
Stage number

(b) Vapour entering condenser as starting composition
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L 06 g -
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Stage number

Fig. 6. Composition trajectories for run 09, calculated using (a) V12 and (b) V2 as starting compositions. NEQ model simulations for a variey of bubbl

sizes.

and leaving a particular stage. The calculationsEpfor R22, the component efficiencies are closer together. The av-
three typical runs, R09, RO1 and R22 are showifrion 9. erage stage efficiencies, for use in the EQ stage model are
Consider run R09, ethanol is found to have the lowest ef- summarized irFig. 10a Simulations of the all the experi-
ficiency, water the highest efficiency, attbutanol has the  ments with the EQ stage model using these efficiency values
intermediate efficiency. The differences in the values of the were carried out and the percentage average deviation, cal-
component Murphree efficiencies can be traced to the dif- culated usindg=g. (24) are shown irFig. 10bfor the NEQ
ferences in the constituent vapor phase binary pair diffusiv- and EQ models. We note that for nearly all experiments the
ities, seeTable 3 The vapor phase transport resistance is NEQ model yields a lower deviation from experiments. For
dominant and the differences in the vapor phBseinduce the run RO1 the EQ model shows a much higher percent-
significant off-diagonal elements in thke]] matrix, follow- age average deviation than the NEQ model; the reason for
ing Eq. (9) this can be traced to the fact that the component efficiencies
If we average the three component efficienciesafbthe for this run are significantly different from one another; see
stages, we obtain the value of 0.624. This is the constantFig. 9h The composition trajectories calculated with the EQ
efficiency value we use in the EQ stage model in order to stage model are indicated by the dashed lineBign 8 for
obtain a fair comparison with the NEQ model simulations. the nine selected runs R01, R07, R09, R11, R12, R13, R14,
For run RO1, the differences in the component efficiencies R18, and R22. We see that EQ model does not even qualita-
are even more pronounced than for run R09. For the runtively follow the corrected experimental trends for all runs
expecting R22. For run 22 the differences in the component

Murphree efficiencies are small (sE&y. 99 and this is re-
22 - —O— V12 as start flected in a small difference in the trajectories of the NEQ
20 C —— V2 as start and EQ models.
— 18l
T ciencies |
S 4L 5. Consequences of unequal component efficienciesin
g .r column design
% 12:
S 10 In column design, the objective is to determine the num-
% 8r ber of stages required for a specified separation task. For
o 6 illustration, let us consider the conditions corresponding to
< 4t run R09, where the vapor compositions leaving the reboiler
2 F are, respectively for water, ethanol atmbutanol: 0.059831,
ol 0.50905, and 0.431119. Let us demand that the composition
12 34 5 of ethanol at the top of the column should be at least 0.8.

What is the number of stages required for this column, oper-
. . . , _ ated at total reflux? Simulations with the NEQ model (4 mm

Fig. 7. NEQ model simulations for run 09 for a variety of bubble sizes, bubbl L d the E del ith tant effici

using V12 and V2 as starting compositions. Tjaxis represents the ubbie Slze) an e EQ mode (W' constant efncieacy

percentage average deviation of the simulated vapor compositions from 0.625) are shown irfrig. 11 We see that the EQ model re-
the experimentally determined values. quires 26 stages to reach an ethanol composition of 0.8 at

Bubble size / [mm]



J.A.O. Nava, R. Krishna/Chemical Engineering and Processing 43 (2004) 305-316

313

O  Expt. Vapour Compostions

O Expt. Liquid Compositions

——- EQ model (with constant efficiencies)

—— NEQ model (4 mm)

O Input Compostions for Simulations

Residue Curve

(a) Run 01

05

Ethanol Composition / [-]

S

(b) Run 07

06

0.5

B

R 3
A TN W T T N T S T Y N T T S B |

0.1

0.4

0.0 0.2 0.3

(e) Run 12

0.7

0.6 |

0.2

03 [ I |
0.0 0.1 0.2 0.3
(d) Run 11
=
Re]
‘@
o
o
£
[e]
@)
©
c
]
=
i} -
ol o o
0.1 0.2
(9) Run 14
E L
Re]
= 07f
o
o
£ L
[e]
o R
[ o
c
]
5 -
1]
0.6 3 1 | L L R 1

0.1

Water Composition / [-]

0.2

0.1

Water Composition / [-]

(c) Run 09

R

EMT R

F
LI

0.5

0.0 0.2

0.1

(f) Run 13

0.3

0.6 L L L L

(i) Run 22

0.7 1

0.6

05

0.2 0.3

Water Composition / [-]

Fig. 8. Experimental results (open circles for vapor samples and open squares for liquid samples) showing the column composition trajectories. Also
shown are the simulation results showing the trajectories calculated by the NEQ stage model (4 mm bubble size) and the EQ stage model (with uniform
constant efficiencies for all components on all stages). The large open circles represent the experimental composition (vapor leaving reboiler, V12
specified as “input” in the simulations.
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Fig. 9. Component Murphree efficiencies for R09, R01, and R22 on various stages, calculated from NEQ model (4 mm bubble size).
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Fig. 11. (a) Stage composition profiles for NEQ and EQ stage models along column height; (b) composition trajectories for NEQ and EQ stage models.
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the top, whereas the NEQ model requires 31 stages for thisg;
task. Use of the EQ model could lead to severe underde-
sign, that is to be ascribed to differences in the componentG;;
efficiencies. The reason for this underdesign is to be found

in the fact that the component efficiencies, as predicted by
the NEQ model are different for each component; the com-
ponent efficiency for ethanol is the lowest of the three (see ki
Fig. 99. The EQ model, assuming all component efficien-

cies to be equal to one another, overestimates the separatio[k]
power of the column with respect to enrichment of ethanol;

this leads to underestimation of the number of stages re-[Keg]
quired to achieve a desired purity of ethanol at the top of KOV
the column.

INTUOV]
6. Conclusions 0
The following major conclusions can be drawn from the
work presented in this paper. S

1. For the water—ethandhbutanol system, the NEQ model
is superior to the EQ model in its ability to predict the
column composition trajectories. The percentage average, ,
deviations (defined biq. (24) is significantly lower for
the NEQ for the 38 experimental runs (deig. 100.

2. The differences between the composition trajectories pre-
dicted by the NEQ and EQ models is to be ascribed to '
the differences in the component efficiencies of water,
ethanol, and-butanol; sed-ig. 9. The differences in the
componen€; can be traced to significant differences in
the vapor phase binary diffusivitieB (seeTable 3. “ij

3. From a design point of view, use of the EQ stage model
can lead to significant underestimation of the required Kij
number of stages to achieve a desired level of purity of |
ethanol in the top product (ségg. 11). ®

Hi

The overall conclusion to be drawn from this work is that -
for reliable simulation of homogeneous azeotropic distilla- &

tion systems, we must adopt a rigorous NEQ stage model. v

‘L’,'j

£
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component Murphree stage efficiency
(dimensionless)

NRTL parameters; seBable 1(dimensionless)
acceleration due to gravity (n$)

distance along froth height (m)

height of dispersion (m)

element for matrix of multicomponent mass
transfer coefficient (msh)

matrix of multicomponent mass transfer
coefficients (ms?)

diagonal matrix of K-values (dimensionless)
matrix of multicomponent overall mass
transfer coefficients (ms)

matrix of overall number of vapor phase
transfer units (dimensionless)

number of species in the mixture
(dimensionless)

parameter defined iEq. (10)(ms™1)
sherwood number (dimensionless)
liquid—bubble contact time (s)

temperature (K)

single bubble rise velocity (n$)

liquid composition for component i
(dimensionless)

vapor composition for component i
(dimensionless)

S

non-randomness parameter in NRTL equation,
seeTable 1(dimensionless)

binary Maxwell-Stefan mass transfer
coefficients (ms?)

liquid viscosity (Pas)

molar chemical potential (J mot)

density of the liquid (kg m?3)

surface tension (N mt)

vapor phase residence time (s)

NRTL parameters; setable 1(dimensionless)
dimensionless distance along dispersion or
column height, dimensionless

referring to a bubble
referring to the froth
component index
stage index

L referring to the continuous liquid phase

Appendix A. Nomenclature ov overall parameter referred to the vapor phase
ref reference

B;; NRTL parameters; segable 1(K) \% referring to the y-phase (vapor)

Ci molar concentration of speciegmol m—3)

c mixture molar density (mol m?) Superscripts

dy bubble diameter (m) * referring to equilibrium state

B;j Maxwell-Stefan diffusivity for paii— L referring to the continuous liquid phase

(m?s71) \Y%

referring to the vapor phase
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