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Abstract

This paper examines the influence of mass transfer on the composition trajectories in multicomponent azeotropic
distillation. Simulations were carried out for three different ternary systems: methanol–isopropanol–water, water–
ethanol–acetone, and water–methanol–methylacetate. Two different models were used to calculate the composition
trajectories in a tray column: an equilibrium (EQ) stage model and a rigorous nonequilibrium (NEQ) stage model
based on the Maxwell–Stefan diffusion equations. The simulations show that the EQ and NEQ model trajectories
could follow different composition paths and could end up in completely different corners of the composition space.
Furthermore, in all the three case studies the NEQ model trajectory was found to cross the distillation boundary even
when the boundary is a straight line. The study has implications for the development of improved separation
strategies. © 2002 Elsevier Science B.V. All rights reserved.

Keywords: Aazeotropic distillation; Residue curve maps; Maxwell–Stefan equations; Distillation boundary; Nonequilibrium stage;
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Nomenclature

a’ interfacial area per unit volume of vapour bubble (m2/m3)
NRTL parameters; see Table 1 (K)Bij

ct mixture molar density (mol/m3)
c t

L mixture molar density of the liquid phase (mol/m3)
mixture molar density of the vapour phase (mol/m3)c t

V

bubble diameter (m)db

Ðx,ij Maxwell–Stefan diffusivity for pair i– j for the liquid phase (m2/s)

www.elsevier.com/locate/seppur

* Corresponding author. Fax: +31-20-5255-604
E-mail address: krishna@its.chem.uva.nl (R. Krishna).

1383-5866/02/$ - see front matter © 2002 Elsevier Science B.V. All rights reserved.

PII: S1 383 -5866 (01 )00157 -5

mailto:krishna@its.chem.uva.nl


P.A.M. Springer et al. / Separation and Purification Technology 29 (2002) 1–132

Maxwell–Stefan diffusivity for pair i– j for the vapour phase (m2/s)Ðy,ij

component Murphree efficiency (– )Ei

Fourier number, Foij�4Ðy,ij��/db
2 (– )Fo

Gij NRTL parameters; see Table 1 (– )
acceleration due to gravity (m/s2)g

h distance along froth height (m)
height of dispersion (m)hf

element for matrix of multicomponent mass transfer coefficient (m/s)kij

matrix of multicomponent liquid mass transfer coefficients (m/s)[kx ]
matrix of multicomponent vapour mass transfer coefficients (m/s)[ky ]

[Keq] diagonal matrix of K-values (– )
matrix of multicomponent overall mass transfer coefficients (m/s)[KOy ]

[NTUOy ] matrix of overall number of vapour phase transfer units (– )
parameter defined in Eq. (10) (m/s)s
Sherwood number (– )Sh
liquid–bubble contact time (s)tc

Temperature (K)T
Vb single bubble rise velocity (m/s)

liquid composition for component i (– )Xi

vapour composition for component i (– )Yi

Greek
non-randomness parameter in NRTL equation, see Table 1 (– )�ij

�x,ij binary Maxwell–Stefan liquid mass transfer coefficients (m/s)
binary Maxwell–Stefan vapour mass transfer coefficients (m/s)�y,ij

�L density of the liquid (kg/m3)
liquid viscosity (Pa s)�L

surface tension (N/m)�

vapour phase residence time (s)�V

NRTL parameters; see Table 1 (– )�ij

� Dimensionless distance along dispersion or column height (– )

Subscript
b referring to a bubble
f referring to the froth

component numberi
j component number

overall parameter referred to the vapour phaseOy
ref Reference

referring to total mixturet
referring to the x phase (liquid)x
referring to the y phase (vapour)y

Superscript
referring to the liquid phaseL
referring to the vapour phaseV

* referring to equilibrium state
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1. Introduction

There is considerable industrial interest in the
design and optimization of homogeneous and
heterogeneous azeotropic distillation. This inter-
est stems from the large number of industrial
columns in operation and the potential of devel-
oping improved separation schemes so as to
minimize energy consumption. Residue curve
maps are commonly used in developing separa-
tion flow schemes [1–3]. The existence, location
and curvature of distillation boundaries are very
important in the synthesis of azeotropic distilla-
tion sequences. The curvature of the boundary
has a significant impact on whether or not it is
possible to cross it during distillation. In the
literature [3–16] it is remarked that boundary
crossing is only possible if the feed is located on
the conca�e side of the distillation boundary. It
is also stated in the literature that straight-line
distillation boundaries cannot be crossed
[9]. Most of the published literature simulation
studies on the possibilities of crossing of distilla-
tion boundaries use the equilibrium (EQ) stage
model. There is evidence in the published litera-
ture that experimentally measured composition
profiles in distillation columns are better simu-
lated with nonequilibrium (NEQ) stage models,
in which proper account is taken of mass trans-
fer in either fluid phase by use of the rigorous
Maxwell–Stefan diffusion equations [17–27].
The Maxwell–Stefan formulation, based on the
thermodynamics of irreversible processes, takes
proper account of diffusional ‘coupling’ between
the species transfers, i.e. the flux of any species
depends on the driving forces of all the species
present in the mixture. In a distillation column,
the influence of species coupling manifests itself
in significant differences in the component mass
transfer efficiencies. Castillo and Towler [27]
computed NEQ distillation lines for a sieve tray
column and demonstrated that modest differ-
ences between the efficiencies of different com-
ponents, caused by mass transfer effects, could
lead to significant differences in curvature be-
tween EQ and NEQ distillation lines. They went

on to show that, in some cases, differences in
curvature could be exploited by the engineer in
order to obtain process designs that could not
be contemplated if mass transfer effects were ig-
nored, and that some designs based solely on
equilibrium models can become infeasible when
mass transfer is considered.

It is the purpose of the present communica-
tion to show that the column trajectories during
distillation in a tray column predicted by the
NEQ model could be significantly different to
that predicted by the EQ model. Futhermore,
we aim to show that the NEQ column trajecto-
ries are able to cross even straight line distilla-
tion boundaries. For illustration purposes we
have performed simulations of three different
ternary mixtures using a bubble cap tray
configuration:
1. Methanol–Isopropanol–Water
2. Water–Ethanol–Acetone
3. Water–Methanol–Methylacetate

For the three systems both straight line and
curved distillation boundaries are encountered.

2. Simulation results for bubble cap tray
distillation column

The operating pressure for all simulations was
101.3 kPa and the ideal gas law was used. Ac-
tivity coefficients were calculated using the
NRTL interaction parameters, taken from Ref.
[28], specified in Table 1, and the vapour pres-
sures were calculated using the Antoine equa-
tions. The vapour phase was assumed to be
thermodynamically ideal. The column consists of
12 stages, including the total condenser (stage 1)
and partial reboiler (stage 12). The column
hardware details are as specified in Table 2; the
specified hardware corresponds to an experimen-
tal column in operation at the University of
Amsterdam; further details can be found on our
website: http://ct-cr4.chem.uva.nl/distillation/.

For all three systems considered the column
was operated at total reflux. For a column oper-

http://ct-cr4.chem.uva.nl/distillation/
http://ct-cr4.chem.uva.nl/distillation/
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Table 1
NRTL parameters for binary mixtures at 101.3 kPa, taken
from Ref. [28]

Bij/(K) Bji/(K) �ij/(-)

−182.605Water–methanol 0.297594.629
70.6619 0.288Water–isopropanol 729.2208
−89.742765.711 0.304Methanol–isopropanol

624.9174Water–ethanol −29.169 0.2937
330.4768Water–acetone 0.5103602.6252
22.83319188.8983 0.3006Ethanol–acetone

860.2462Water–methylacetate 442.4 0.383
284.8969 1.0293Methanol–methylacetate 229.9405

These parameters are used along with Gij=exp (−�ij�ij) and
�=Bij/T. Fig. 1. Schematic of the bubble froth regime on the tray.

ated at total reflux, the reflux flow rate determines
the inner flow rates of vapour and liquid phases
on each stage. Simulation of total reflux opera-
tions is ‘complicated’ by the fact that there is no
feed to the column at steady-state. To overcome
this problem we specify the composition of the
liquid leaving the condenser and entering the
column. The simulated composition profile of the
total reflux run is forced to pass through this
specified composition.

All simulations were carried out using both the
EQ and NEQ models. The details of the NEQ
stage model are described in the earlier work of
Taylor, Krishna and others [20–26]. A brief re-
view of the model development is given below.

Consider first a single stage pictured in Fig. 1. We
assume that the bubble cap trays operate in the
bubbly froth regime and that the bubbles are
uniform in size and shape. The steady state com-
ponent molar balance for 3-component distilla-
tion in tray columns is given by the 2-dimensional
matrix relation

Vb

d(y)
dh

= [KOy ](y*−y)a � (1)

where a � is the interfacial area per unit volume of
the dispersed bubble phase and Vb is the bubble
rise velocity. Eq. (1) can be re-written in terms of
the overall number of transfer units for the va-
pour phase [NTUOy ]:

Table 2
Bubble cap tray design of the laboratory-scale distillation column

0.0500 mColumn diameter Hole pitch 0.0142 m
0.0462 mTray spacing Cap diameter 0.0281 m
1Number of flow passes Skirt clearance 0.0030 m

0.0050 mLiquid flow path length 0.0308 m Slot height
0.0039 mDowncomer clearance Active area (of total area) 97.30%
0.0030 mDeck thickness Total hole area (of total area) 8.27%
0.0142 mHole diameter Downcomer area (of total area) 1.35%
Circular 0.000221 m2Slot areaWeir type
0.0182 mWeir length Riser area 0.000158 m2

Weir height 0.0092 m Annular area 0.000462 m2

Weir diameter 0.0058 m

The column consists of a total of 12 stages including condenser and reboiler. There are 10 trays, each containing one bubble cap.
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dy
d�

= [NTUOy ](y*−y), (2)

where �=h/hf is the dimensional distance along
the froth and [NTUOy] is defined as:

[NTUOy ]�
� hf

0

[[KOy ]a ’/Vb]dh (3)

Carrying out the integration, assuming that the
matrix of overall mass transfer coefficients [KOy]
does not vary along the froth height, we obtain

[NTUOy ]� [KOy ]a ’hf/Vb� [KOy ]a ’�V, (4)

From Eq. (4), we see that [NTUOy ] can be
calculated from knowledge of [KOy], the interfacial
area per unit volume of vapour a ’ and the vapour
phase residence time �V. In our model we assume
that all the bubbles to be spherical in shape with
a diameter db. The interfacial area per unit vol-
ume of vapour a ’ is therefore given by:

a ’=
6
db

. (5)

The vapour residence time is determined by:

�V=
hf

Vb

, (6)

where hf is the height of dispersion (froth); this is
taken to be the height of the downcomer tube
above the tray floor, ie 9.2 mm. The bubble rise
velocity Vb is estimated using the Mendelson
equation [29], recommended by Krishna et al.
[30]:

Vb=
� 2�

�Ldb

+
gdb

2
. (7)

The overall matrix of mass transfer coefficients
[KOy] is given by the addition of resistances
formula:

[KOy ]−1= [ky ]−1+
c t

V

c t
L[Keq][kx ]−1, (8)

in which [Keq] represents the diagonal matrix of
K-values and [ky ] and [kx ] are the partial transfer
coefficient matrices for the vapour and liquid
phases respectively.

Let us consider the matrix of the multicompo-
nent vapour mass transfer coefficient [ky ]. The
four elements ky,ij can be estimated from the mass

transfer coefficients of the constituent binary
pairs, �y,ij from:

ky,11=�y,13(y1�y,23+ (1−y1)�y,12)/S

ky,12=y1�y,23(�y,13−�y,12)/S

ky,21=y2�y,13(�y,23−�y,12)/S

ky,22=�y,23(y2�y,13+ (1−y2)�y,12)/S (9)

where

S=y1�y,23+y2�y,13+y3�y,12 (10)

For each of the binary pairs in the mixture, the
�y,ij can be estimated from the following equation
for instationary diffusion within a spherical bub-
ble [21]:

Shij�
�y,ij db

Ðy,ij

=
2
3

�2�
�

�

�

�

�
�

m=1

exp{−m2�2Foij}

�
�

m=1

1
m2exp{−m2�2Foij}

�
�

�

�

�

;ij

=12,13,23 (11)

For Fourier numbers Foij�4Ðy,ij��/db
2 larger

than 0.08, the Sherwood number reduces to the
asymptotic value:

Shij=
2�2

3
�6.58;ij=12,13,23 (12)

For this steady-state limit, the binary vapour
mass transfer coefficients are given by:

�y,ij=
2�2

3
Ðy,ij

db

. (13)

Eq. (13) leads to the important conclusion that
�y,ij would have an unity-power dependence on
the vapour diffusivity Ðy,ij, which is in sharp
contrast with the square-root dependence for
small values of Fo, small vapour phase residence
times.

The matrix of the multicomponent liquid mass
transfer coefficient [kx ] can be obtained
analogously to Eqs. (9) and (10). The binary
liquid mass transfer coefficient �x,ij can be ob-
tained from the penetration model:

�x.ij=2
�Ðx,ij

�tc

, (14)
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where the contact time of the liquid with gas
bubbles, tc is given by:

tc=
db

Vb

(15)

In the above set of model equations, the only
unknown parameter is the bubble diameter db.
Once the bubble diameter is set, the system of
equations can be solved. Substituting Eq. (8) in
Eq. (4) gives us the [NTUOy ]. Assuming that the
[NTUOy ] on a single stage is constant, Eq. (2) can
be integrated using the boundary conditions

�=0(inlet to tray)(y)= (yE)
�=1(outlet of tray)(y)= (yL)

(16)

to obtain the compositions leaving the distillation
stage (detailed derivations are available in Ref.
[21]):

(y*−yL)=exp[− [NTUOy ]](y*−yE) (17)

Introducing the matrix [Q ]�exp[– [NTUOV ]],
we may re-write Eq. (17) in the form

(yL−yE)= [[I ]− [Q ]](y*−yE), (18)

where [I ] is the identity matrix. The limiting case
of the EQ stage model is obtained when the mass
transfer coefficients in either fluid phase attain
large values; [Q ] reduces in this case to the null
matrix and the compositions leaving the tray (yL)
are equal to (y*), in equilibrium with the liquid
leaving the tray.

The above set of equations model a single,
NEQ, stage. More exhaustive details of this model
including sample calculations for binary and
ternary mixtures are available in Chap. 12 of
Taylor and Krishna [21]. These equations are then
incorporated into a rigorous stage-to-stage model
incorporating the molar and energy balances as
described in Chap. 14 of Taylor and Krishna [21].

In order to validate, and calibrate, the NEQ
model for the bubble cap tray column, we carried
out experiments with various binary mixtures un-

der total reflux conditions: eight sets of experi-
ments with ethanol–water (see Fig. 2(a) and (b)),
four sets of experiments with methanol–water
(see Fig. 2(c)), three sets of experiments with
isopropanol–water (see Fig. 2(d)) and four sets of
experiments with methanol– isopropanol (see Fig.
2(e)). All these experiments could be simulated
reasonably well with the NEQ model taking a
bubble size of 4.5 mm. In all the NEQ simulations
for ternary mixtures, to be reported below, we
assumed a bubble size db=4.5 mm.

2.1. Methanol– isopropanol–water system

Let us consider the system: methanol (1)– iso-
propanol (2)–water (3) that has one binary
azeotrope, as indicated in Fig. 3(a). We note that
the boundary is very nearly a straight line. Ac-
cording to literature guidelines [9] it is not possi-
ble to cross a straight-line boundary. But these
remarks regarding boundary crossing are based
on the use of the EQ stage model. In order to see
whether the introduction of mass transfer resis-
tance has an influence on boundary crossing, we
carried out simulations with both EQ and NEQ
stage models for a 12-stage column operating at
total reflux. The feed composition was chosen to
be x1=0.8, x2=0.15 which is located in the top
region abo�e the distillation boundary. The EQ
(cross-hair markers) and NEQ (open square
markers) composition trajectories are seen to fol-
low completely different composition trajectories;
see Fig. 3(b). The NEQ model predicts that the
bottom product composition corresponds to
(nearly) pure water whereas the EQ model pre-
dicts the bottom product to consist of (nearly)
pure isopropanol. There is experimental evidence,
for total reflux in a packed distillation column
[17,18] that the NEQ model predictions corre-
spond to reality. Fig. 3(c), drawn to a different
scale, clearly shows that the NEQ model crosses
the distillation boundary.

Fig. 2. Experimental results (open markers) showing the column composition trajectories for various binary mixtures under total
reflux conditions. Also shown are the simulation results showing the trajectories calculated by nonequilibrium (NEQ) stage model.
In the NEQ model simulations a bubble size db=4.5 mm was chosen.
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Fig. 2.
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Fig. 3. (a) Residue curves for the system methanol (1)– isopropanol (2)–water (3). (b) and (c) compare EQ and NEQ distillation
trajectories, showing same simulation drawn to different scales. In this simulation the total number of stages, including condenser
and reboiler is 12. The column is operated at total reflux with no feed- and product-streams. The initial liquid composition is
x1=0.8, x2=0.15 and fixed on stage 1 (condenser). For all feed compositions located in the shaded region in (d) boundary crossing
is observed.

In order to understand the reasons behind the
different trajectories followed by the EQ and
NEQ models, we present information on the com-
ponent vapour phase mole fraction driving forces,
yi*−yi,E in Fig. 4(a) and (b) we present the values
of the component Murphree point efficiencies, Ei

calculated on the basis of the multicomponent
mass transfer theory presented above:

Ei=
yi,L−yi,E

yi*−yi,E

,i=1,2,3 (19)

We note that the component efficiencies of the
individual components are all significantly differ-
ent. These differences are to be traced to the
differences in the vapour diffusivities of the binary
pairs in the mixture (the interphase mass transfer

process is controlled by vapour phase transport).
For the component of intermediate volatility, iso-
propanol, we note that Murphree point efficiency
shows a strong variation along the column. On
stage 6 the efficiency is low (about 40%) and on
the stage 7 this value increases to about 90%. The
reason for this strong variation is to be found in
the driving force of isopropanol which approaches
vanishingly small values on stages 6 and 7; see
Fig. 4(a). The transfer of isopropanol is strongly
dictated by the transfer of the other two species,
water and methanol.

We performed several simulations with the dif-
ferent feed compositions lying above the distilla-
tion boundary. For all feed compositions located
in the dark shaded region shown in Fig. 3(d) we
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observed that the NEQ model predicts that the
straight line boundary will be crossed.

2.2. Water–ethanol–acetone system

Now we analyse the system: water (1)–ethanol
(2)–acetone (3) that has one binary azeotrope, as
indicated in Fig. 5(a). The boundary is almost a
straight line and divides the composition triangle
into two regions. We carried out total reflux
simulations of a 12-stage column with a feed
composition of x1=0.035, x2=0.3. For the cho-
sen feed composition, which is located to the left
of the distillation boundary, the EQ and NEQ
trajectories are seen to follow completely different
composition trajectories; see Fig. 5(b). The EQ
trajectory gets progressively richer in ethanol as
we move from the condenser downwards to the
reboiler. The NEQ trajectory gets progressively
richer in water as we move from the condenser
downwards to the reboiler. The straight-line
boundary crossing, observed with the NEQ
model, is forbidden according to literature guide-
lines [9].

The difference in the EQ and NEQ column
trajectories can be traced to the differences in the
Murphree efficiencies of the three components,
shown in Fig. 6(b). The differences in the compo-
nent efficiencies can be traced to the differences in
the values of the diffusivities of the binary pairs in

the vapour phase (the transfer resistance in the
liquid phase is negligible). The efficiency of etha-
nol assumes negative values on stage 10 and on
stage 11 the efficiency value exceeding unity. This
strange variation of the ethanol component effi-
ciency is to be attributed to the component driv-
ing force of ethanol which has vanishingly small
values on these stages; see Fig. 6(a). On stages 10
and 11 the transfer of ethanol is dictated by the
transfer of the other two components in the mix-
ture due to multicomponent coupling effects [21].

We performed several simulations with the feed
compositions located to the left of the distillation
boundary. For all feed compositions falling within
the dark shaded region shown in Fig. 5(c), the
NEQ model anticipates that the distillation
boundary will be crossed from the left side.

2.3. Water–methanol–methylacetate system

Consider the system: water (1)–methanol (2)–
methylcetate (3) for which the residue curve maps
are shown in Fig. 7(a) for the region in which the
liquid phase is homogeneous (there is a region of
liquid-liquid phase splitting towards the right side
of the triangular diagram; this is not considered in
our analysis below. This system has two binary
azeotropes and the distillation boundary is
curved. Fig. 7(b) compares EQ and NEQ distilla-
tion trajectories in a 12-stage column for total

Fig. 4. (a) Component driving forces and (b) Murphree component efficiencies for the system methanol (1)– isopropanol (2)–water
(3). The values correspond to the total reflux simulation whose initial liquid composition is x1=0.8, x2=0.15 and fixed on stage
1 (condenser).
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Fig. 5. (a) Residue curves for the system water (1)–ethanol (2)–acetone (3). (b) Compares EQ and NEQ distillation trajectories. In
this simulation the total number of stages is 12. The column is operated at total reflux with no feed- and product-streams The initial
liquid composition is x1=0.035, x2=0.3 and fixed on stage 1 (condenser). For all feed compositions located in the shaded region
in (c) boundary crossing is observed.

reflux operation with the liquid composition
leaving the condenser taken to be x1=0.044,
x2=0.2. The feed is located on the concave side
of the boundary. We find that the EQ and NEQ
column trajectories move in different directions
away from the condenser downwards; see Fig.
7(b). The EQ model predicts that the column
gets progressively richer in methylacetate as we
move down to the reboiler. The NEQ model, on
the other hand, anticipates that the column gets
progressively richer in water. Furthermore, we
note that the NEQ trajectory crosses the distilla-
tion boundary. The difference in the EQ and
NEQ column trajectories can be traced to the
differences in the Murphree efficiencies of the

three components, shown in Fig. 8(b). The differ-
ences in the component efficiencies can be traced
to the differences in the values of the diffusivities
of the binary pairs in the vapour phase (the
transfer resistance in the liquid phase is negligi-
ble). The efficiency of methylacetate assumes a
value below zero on stage 7 and is higher than
100% on stage 8. This strange variation of the
methylacetate component efficiency is to be at-
tributed to its component driving force which
changes sign between stages 7 and 8; see Fig. 8
(a). On stages 7 and 8 the transfer of methylac-
etate is dictated by the transfer of the other two
components in the mixture due to multicompo-
nent coupling effects [21].
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3. Conclusions

The following major observations and conclu-
sions can be drawn.
� The EQ and NEQ models may predict com-

pletely different composition trajectories in
ternary azeotropic distillation.

� For the methanol– isopropanol–water and wa-
ter–ethanol–acetone systems, the NEQ model
has been shown to be capable of crossing
straight-line distillation boundaries. In the liter-
ature it is remarked that straight-line distillation
boundaries cannot be crossed; this conclusion is
restricted in its applicability to EQ models.

Fig. 6. (a) Ethanol driving force and (b) Murphree component efficiencies for the system water (1)–ethanol (2)–acetone (3). The
values correspond to the total reflux simulation whose initial liquid composition is x1=0.035, x2=0.3 and fixed on stage 1
(condenser).

Fig. 7. (a) Residue curves for the system water (1)–methanol (2)–methylacetate (3). (b) Compares EQ and NEQ distillation
trajectories. The total number of stages, including condenser and reboiler is 12. The column is operated at total reflux with no feed-
and product-streams. The initial liquid composition is x1=0.044, x2=0.2 and fixed on stage 1 (condenser). For all feed
compositions located in the shaded region in (c) boundary crossing is observed.
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Fig. 8. (a) Component driving forces and (b) Murphree efficiencies for the system water (1)–methanol (2)–methylacetate (3). The
values correspond to the total reflux simulation whose initial liquid composition is x1=0.044, x2=0.2 and fixed on stage 1
(condenser).

� For the systems water–methanol–methylcetate
system, with the feed located on the conca�e
side of a curved distillation boundary, the
NEQ model trajectories are seen to be capable
of crossing the boundary. The EQ model, in
sharp contrast does not anticipate this
boundary crossing phenomenon.
Our simulations demonstrate that the literature

guidelines regarding boundary crossing do not
have general validity. Boundary crossing phe-
nomenon could also be influenced by interphase
mass transfer. A straight-line boundary can be
crossed. Separation strategies in practice are influ-
enced by boundary crossing effects.
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