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CFD simulations of wall mass transfer for Taylor flowin circular capillaries
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Abstract

Computational fluid dynamics is used to investigate the mass transfer from the liquid phase to the channel wall for Taylor flow of
bubbles rising in circular capillaries. The separate influences of the Taylor bubble rise velocity, unit cell length, gas holdup, and liquid
diffusivity on mass transfer were investigated for capillaries of 1.5, 2 and 3 mm diameter. A correlation is proposed for estimation of the
wall mass transfer coefficient and this correlation has been tested against published experimental data.
© 2004 Elsevier Ltd. All rights reserved.
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1. Introduction transfer from Taylor bubbles to the surrounding liquid phase

and used extensive computational fluid dynamics (CFD)
simulations in order to develop a model, based on the pene-
ration theory, to allow the prediction of the volumetric mass
ransfer coefficient;a from information on the various hy-
drodynamic and system parameters. The focus of the current
work is on mass transfer from the liquid phase to the walls
of thecircular capillary channels of monoliths.

Fig. 1b shows the liquid phase velocity profiles within a
liquid “slug” separating two Taylor bubbles (these profiles
were obtained from CFD simulations to be described later).
The recirculation of the liquid phase causes a significant
enhancement toadial mass transfer within the slug. In
Fig. 2a we illustrate this by replotting the experimental data
of Bercic and Pintar (1997 terms of the Sherwood num-
ber for wall mass transfesj = k,,d. /D, as a function of the
Graetz numbeGzube = Lube(l — £6)D/d?V,,. Note that
we include the liquid holdup in the definition 6fzyype; the
Pationale will be clear in the discussions below. The experi-
mental data for Taylor flow mass transfer are about one order
of magnitude higher than the corresponding value for single-
phase liquid flow s = 0) in circular tubes, for whicl$h =
1.62Gz;, provided Gzype<0.05 (Shah and London,
1978. The experimental data bforvath et al. (1973)n wall
~ * Corresponding author. Tel.: +31205257007; fax: +31205255604. Sherwood number also show a dependence on the ratio of

E-mail addressR.Krishna@uva.n(R. Krishna). the slug length to capillary diametdrg)yg/d. (SeeFig. 20).

Multiphase monolith reactors offer many potential advan-
tages over trickle beds, slurry bubble columns and airlifts
that include low-pressure drop, high mass transfer rates, anc{
ease of scale uge@vinsson and Cybulski, 1995; Kreutzer,
2003; Nijhuis et al., 2001; Stankiewicz, 200Monolith
reactors are being applied in laboratory studies and in
commercial practice for carrying out reactions such as
hydrogenations. Provided the gas and liquid phases are uni
formly distributed over the various channels of the monolith,
commercial reactors of large dimensions can, in principle,
be scaled up from information on the hydrodynamics, mass
transfer, and mixing within a single channel that has dimen-
sions typically in the 1-3 mm rangB¢ger et al., 2003; Roy
et al., 2004. Inside each capillary, we usually have Taylor
flow of gas bubbles, as shown schematicallfiig. 1a. In the
development and design of monolith loop reactors for fast
reactions, there are two mass transfer processes to recko
with: (a) transfer from the Taylor gas bubbles to the sur-
rounding liquid phase, and (b) transfer from the liquid phase
to the walls of the monolith channels. In recent wovkr{
Baten and Krishna, 2003lwe had focussed on the mass
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Graetz number, Gz, o

Fig. 2. Sherwood number for wall-mass transfer plotted against the Graetz
number defined asiziype = Liype(l — sG)g/dEVb for single phase
flow and for Taylor flow in circular capillaries. (a) The symbols show
the experimental data dercic and Pintar (1997)btained in capillaries

Bercic and Pintar (1997and Irandoust and Andersson |0f diﬁ?etemdco = 24, hZ‘5362nd 3.2 mf;?- Tf;]e d2i5 m”; Caflﬁ)i(l)lzfg ga;? a

H* H _ engt tube = U. m, the 3.2mm capillary had lengths of 0.25-0. m.
Eﬁgt?grr:a(;/fetftl)gt\t]vglllj:T:Z;V\Slat;grqqs?g:c(?:)(e:?f:&e;gOrllsrefggzee? (b) The s_ymbols _show the experimental da_tal-tdrvath et al. (1973)
: . obtained in a capillary ofl. = 2.4 and three different slug lengths. Also

(2003)andKreutzer et al. (2001have used axi-Symmetric  piotted in (a) and (b) are all the CFD simulations carried out in this
CFD simulations to determine the wall mass transfer coef- work for capillaries of diameters. = 1.5, 2 and 3mm for a variety of
ficient, without explicitly accounting for the presence of the hydrodynamic parameters as specified in Table 1.
Taylor bubble and the resulting flow of liquid in the film sur-
rounding the bubble. As we shall demonstrate in this paper,
such estimations are rather optimistic for high gas holdups, V;, unit cell lengthLy ¢, gas holdupg, liquid phase dif-
long Taylor bubbles and long contact with the liquid film. fusivity B, thickness of liquid film surrounding the Taylor
The major objective of the present work is to use CFD in bubble é5n, and capillary diameted.. Such a study will
order to investigate wall mass transfer in the real situation provide insights into the mass-transfer mechanisms and al-
including the presence of the Taylor bubble. Furthermore, low more reliable scale up of monolith reactors. The second
we study theseparatenfluences orShof various hydrody- objective is to suggest a practical, engineering, correlation
namic and system parameters such as bubble rise velocityfor estimation ofSh
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2. CFD model development

We consider an idealized geometry for the Taylor bub-
bles, consisting of two hemispherical caps and a cylindrical
body. The Taylor bubble is considered as a “void”, acting

as a free surface with the surrounding liquid phase; see the

computational domain shown iRig. 3a. The influence of
the assumption of hemispherical caps is of secondary impor-
tance to the mass transfer contributions from the wall. The
distribution of velocities in the system is more important,
and will not be influenced significantly by the precise shape
of the interface, since the interface does not exert drag on
the liquid. The volume-averaged mass and momentum con-
servation equations in the Eulerian framework are given by

Veur =0, (1)
aUL T

pr=t + Ve (prucus — u (Vur + (Vup)h))
=-Vp+p.0 (2)

where p;, uy and u; represent, respectively, the macro-
scopic density, velocity and viscosity of the liquid phase,
is the pressure anglis the gravitational acceleration. Lam-
inar flow conditions are assumed to prevail.

A commercial CFD package CFX, version 4.4, of AN-
SYS Inc., Canonsburg, USA was used to solve the equa-
tions of continuity and momentum. This package is a finite
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Fig. 3. (a) Schematic overview of the computational domain of unit cell
with periodic boundary conditions at inlet and outlet, (b) highlights the
wall-slug contribution to mass transfer and (c) highlights the wall-film

contribution to mass transfer.
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Fig. 4. (a) Schematic of coarse grid and (b) schematic of fine grid. The
fine grid details are specified in Table 1.

volume solver, using body-fitted grids. The grids are non-
staggered and all variables are evaluated at the cell centres.
An improved version of the Rhie—Chow algorithrRHie

and Chow, 198Bis used to calculate the velocity at the cell
faces. The pressure—velocity coupling is obtained using the
SIMPLEC algorithm yan Doormal and Raithby, 1984~or

the convective terms in Egs. (1) and (2), the SUPERBEE-
MUSCL differencing scheme was used (higher order upwind
scheme with flux delimiters). A fully implicit backward dif-
ferencing scheme was used for the time integration.

The boundary condition was periodic in the vertical direc-
tion (Utop=Unottom, Ptop= Phottom)- The hydrostatic pressure
drop ofgp; is added as a source term to the momentum bal-
ance Eq. (2) to correct for the periodic boundary conditions.

Simulations were performed in a reference frame in which
the bubble is stationary and the system moves up with the
bubble rise velocityV,. At the outer wall, the boundary
condition was set ta; = Va1 = —V,, u, =0, wherer and
z are the radial and axial coordinates. The bubble surface is
specified as free-slipzd /dn=0 withu; being the velocity
component in the direction of the bubble surface, arid
the normal direction to the bubble surface. At the axis of
symmetry, we have:id /dr = 0.

The simulations were carried out using axi-symmetric 2D
grids using cylindrical coordinates. The calculation of the
wall mass-transfer coefficient using CFD simulations was
carried out in three consecutive campaigns.

In the first campaign the mass and momentum transfer
equations are solved for @arse grid(typical coarse grid
shown inFig. 4a) to obtain thesteady-staténydrodynamics.
Using this velocity field solution as initial guess, the hydro-
dynamic steady state is re-calculated isegond campaign
using afine gridthat has much smaller cells near the mass-
transfer surfaces, i.e., the wall (38ig. 4b). The steady-state
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Table 1
Details of variations of parameters and grid cells used in the simulations
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de (mm) Ly (mm) Vp (m/s) Liiim (mm) Stilm (um) &g (—) Total number of grid cells Smallest cell sizgn()
3 40 0.15, 0.3, 0.55 5.32 48 0.17 85,848 1.00
3 50 0.45 5.32 48 0.136 109,848 1.00

3 35 0.45 5.32 48 0.194 73,848 1.00

3 15, 20, 25, 30 0.45 5.32 48 0.227-0.453 61,848-25,848 1.00
3 40 0.45 6.60, 10.9, 15.1, 19.4 48 0.20-0.5 83,352-58,776 1.00
3 100 0.05, 0.1, 0.2, 0.3 51.4 48 0.5 141,336 1.00
2 40 0.15, 0.3, 0.45 5.97 32 0.170 66,620 0.60
2 15, 25, 40 0.45 5.97 32 0.170-0.453 66,620-21,620 0.60
2 100 0.05, 0.1, 0.2, 0.3, 0.4 52.1 32 0.5 115,612 0.60
1.5 40 0.15, 0.3, 0.45 6.29 24 0.170 90,312 0.40
15 15, 25, 40 0.45 6.29 24 0.17-0.453  90,312-28,812 0.40
15 100 0.05, 0.1, 0.2, 0.3, 0.4 524 24 0.5 149,400 0.40

solutions were typically obtained within 30,000-40,000
iterations and it was verified that convergence was indeed
obtained.

From the converged hydrodynamics, the average liquid
velocity is calculated from a summation over the cells at the
top boundary of the computational domain:

ZtopV0|iui
n= ————. 3
UL domain ZtopVOIi ( )
Here, vo) is the volume of celiandu; is the vertical velocity
in cell'i. The summation in Eq. (3) is over the total number
of cells at the top boundary. Treuperficialliquid velocity
is now calculated from

(4)

where the gas holdug; is the bubble volume divided by
the unit cell volume. Note that;, gomain IS NON-zero in our
simulations,

Ur = (ur domain— Ywa) (1 — &G),

. bubble volume

= 5
6= T ycnd?/4 ®)
The superficial gas velocity is calculated from
Ug =¢egVp. (6)

The volumetric flow of liquid through the thin film sur-
rounding the bubbleQsim, is calculated from the following
relation derived byThulasidas et al. (1995)sing a mass

Rearranging Eqg. (7) we get

(9)

The film flow Qfim calculated from Eq. (9) agrees with the
value obtained by integration of the velocity profile in the
film between the bubble surface and the capillary wall.

The converged hydrodynamics obtained were used in
a subsequerthird campaignfor wall mass transfer using
the fine grid, carried out in a transient manner, for which
3000-10,000 time steps of 0.01s were used. To correctly
capture the steep concentration gradients near the wall,
we used a cell size smaller thanuh close the wall, with
an exponential increase away from the wall, as shown
in Fig. 4 The grid details are specified ifable 1 The
fineness of the grid was chosen such that the calculated
mass transfer coefficient was unaffected by further grid
refinement, as discussed in our earlier woviar( Baten
and Krishna, 2004b The tracer concentration throughout
the system was initially set to zero. At= 0, the tracer
concentration at the wall was set to unity (a.u.) to deter-
mine the mass transfer from the solid phase to the lig-
uid phase. The following equation is solved for the mass
tracer:

T
Ofilm = Z(d,fvb — d?ULy).

0

E(pLCL) +V.-(purCr —bp; VCr) =0. (10)
Here, Cy, is the concentration of mass-tracer in the liquid
(a.u.) andp is the diffusion coefficient of mass tracer in
the liquid. At the top and bottom, the periodic boundary

balance over a cross section through the bubble and a cros§0nditions were used”; top = Cr bottom- Though the peri-

section through the liquid slug:

ApVpy =A:ULs + Ofilm, (7)

whereU| s is the velocity of the liquid slug that is determined
from

(8)

ULs = ur domain— Vwall-

odic boundary condition for the tracer is not strictly true, it
must be borne in mind that during one “simulation cycle”
the amount of mass transferred is negligibly small. Essen-
tially we are assuming a well-mixed liquid phase during one
simulation cycle. For each run, the liquid circulates from
top to bottom about 1000 times. We have estimated that
the error in assuming’; 1op = Cy. bottom IS at most 0.03%.
Zero tracer flux was allowed through the bubble surface:
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The wall mass transfer coefficiekf,, averaged over the
period: =0 tot is then calculated from

1 (CL,w - CL,systemt:O)

ky = In
ayt (CL,w - CL,SySten’)
o i In (CL,w)
ayt  (Cp.w — CL system
1 1

ayl n a- CL,systerr)’ (12)
where we introduce the initial condition that the concentra-
tion in the system is 0, and that the concentration at the wall
is maintained atC;, ,, = 1 during the entire mass-transfer
process. In Eq. (12), represents the specific interfacial
area for wall mass transfer:

aw = 4/d,. (13)

The Sherwood number can now be calculated from:

(14)

Both the time-averagekl, and S. values decrease with in-
creasing contact time, as demonstrated by a typical example
in Fig. So.

Since we use periodic boundary conditions, the total
length of the capillary tubeLype that is traversed in the
simulation time, is given by

Liube
Vi

. (15)

The wall mass transfer process consists of two separate

Fig. 5. (a) Concentration versus time profile and (b) time-averaged wall Contr'bu“(?nS: (1) W?‘”_SIUQ Con_t“buuon of the reg'o_”s In
mass transfer coefficient and Sherwood numbers as a function of time. Thecontact with the liquid slug (sefeig. 3), and (2) wallfilm

hydrodynamic parameters afg=1.5mm, V;,=0.45my/s, Ly =0.04m,
Sfilm = 24um, ¢ = 0.17, Lfjim = 6.29 mm. Animations showing the
dynamics of mass transfer can be viewed on our webséa Baten and
Krishna, 2004a

dC; /dn =0. Symmetry conditions apply to the center axis:
dCy /dr =0. At the outer wall, the concentration is specified
asCr ., =1.

contribution of the region in contact with the liquid film sur-
rounding the bubble (sd€ig. 3). By additionally monitor-
ing the mass transfer fluxes of the wall-slug and wall—film
regions at each instant of time, we can also separately
determine the Sherwood numbers for these two regions,
Shwall-slug: Shwall-fim, respectively, after averaging from
t=0tot.

A total of 46 simulations with varying parameter values
de, Vs, Lyc, &G, %fim, andD were carried out on Linux PCs

The total concentration of tracer in the system at each with a single AMD XP processor. The details of parameter

time step is determined from

ZdomainVO|i Ci.i

: (11)
ZdomainVOIi

Cr system=

where the summation is carried out over all the vol-
ume elements in the computational domain. A typical
concentration—time profile for a 1.5 mm diameter capillary
is shown inFig. 5a.

values used in these simulations are listeddle 1 The
range of parameter values was chosen to correspond with
those obtained in experimental studi¥ar{du et al., 200p
Each hydrodynamic simulation on the coarse grid was solved
in a matter of minutes, each hydrodynamic simulation on the
fine grid took several hours. Each dynamic mass tracer run
also took several hours. Animations showing the dynamics
of wall mass transfer can be viewed on our websitan(
Baten and Krishna, 200%a
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3. CFD simulation results
The Sh-Gzype relationship for all these 46 simulations

are shown by the continuous solig. & 3 mm), dashed—dot
(d. = 2mm), and dashedi{ = 1.5mm) lines inFigs. 2
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with a maximum velocity at the centre of the channel that is
twice the value of the liquid slug velocity/, s. The liquid
velocity profiles within the film are shown iRig. 6b. The
velocity of the liquid at the surface of the film is one and a
half times the average liquid velocity, in keeping with the

and b. The CFD simulations are in reasonable agreementclassical solution for the velocity fields in falling films (see

with the experimental data @ercic and Pintar (19973nd
Horvath et al. (1973)We now proceed to examine in some
detail the precise nature of tl&h-Gzype dependence with
the aim of developing a usable correlation of the CFD data.
Consider first thehydrodynamicdn the 2 mm capillary
with a unit cell lengthLy ¢ = 0.1 m, with varying values
of the Taylor bubble rise velocity,. The liquid phase ve-
locity profiles at the top of the computational domain (lig-
uid outlet) are shown irFig. 6a, in the reference velocity

Sherwood et al., 197%. 78). InFig. 6c, we see that the
magnitude of the velocity of the liquid film at the surface
next to the Taylor bubbleVsim, increases linearly withv,.
Since the bubble rises upwardsunter-currentto the lig-
uid film the contact timez;m, between the bubble and the
liquid film for a film of length L, can be calculated using
tiim = Lfiim/(V» + Viim) where we note thaVym, has a
negative value, as shown kfig. 6¢c. The value of U + U;)

is slightly smaller than the value of the bubble rise velocity,

frame with a stationary wall (these values are obtained by V,, and this is due to the backflow of liquid through the film

adding the bubble rise velocity to the values obtained from

as described by Eq. (7) (sé&g. 6d). With increasingV,

the simulations. The velocity profiles are parabolic in shape the flow of liquid through the film surrounding the bubble,
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Fig. 7. The wall Sherwood number plotted agai&tiupe for 3mm capillary. (a) Campaign foE;¢=0.04m,p = 1 x 10°9m?2/s, ¢ = 0.17 with
varying Taylor bubble rise velocitied),. (b) Campaign forLy=0.1m,p =1 x 10°° mz/s, e = 0.5 with varying Taylor bubble rise velocitie$/,.
(c) Campaign forLyc = 0.04m, V;,=0.45m/s,p = 1 x 10-9m?/s, ¢ = 0.17 with varying gas holdup values;. (d) Campaign forL;¢=0.04m,

Vp, = 0.45m/s, ¢ = 0.17 with varying liquid phase diffusivity valuep.

QOfim also increases, thus increasing backflow. This explains stant atV,=0.45ny/s,Ly¢=0.04mand® = 1x 10°° mz/s,

the increasing deviation betweetid + U.) and V, with
increasingV,.

respectively, and the gas holdup is allowed to vary in
the range 0.17-0.5. We note that Ble-Gzype relationship

We now consider the influence of various parameters on is only marginally influenced by the gas holdeg despite

wall Sh expressed as a function &fzype = Liube(l —
sG)D/deb = t(l—Sg)E)/dCZ. Typical simulation results for
the 3 mm capillary are shown Fig. 7for a variety of condi-
tions. Consider first a campaign in which the unit cell length,
gas holdup, and liquid diffusivity are both held constant at
Lyc=0.04m, ¢ =0.17 andb = 1 x 10-9m?/s, respec-
tively. Varying the Taylor bubble rise velocity, in the range
0.3-0.55m/s, yields result that are practically indistinguish-
able from one another (sd&g. 7a). This would lead us to
conclude that th&h-G zyype relation is not dependent dn,.
This independence oW, is further confirmed for simula-
tions in which we maintailyc =0.1m, e =0.5 andp =

1 x 10~°m?/s and varyV,, in the range 0.05-0.30 m/s (see
Fig. 7b). In the campaign shown Fig. 7c the Taylor bubble
velocity, unit cell length and liquid diffusivity are held con-

the large variation in the gas holdup. This is because the
definition of Gzype includes the liquid holdup. There is a
modest, residual, influence of gas holdup on $teG zyype
relationship because the liquid slug length varies when we
vary the gas holdup. A shorter liquid slug length yields a
higher value ofSh this result is in agreement with the Hor-
vath data presented iRig. 2b. In the campaign shown in
Fig. 7d the liquid diffusivity b is varied by a factor 5
from 1 x 1072 to 5 x 10-2m?/s, keepingV), = 0.45 my/s,
Lyc=0.04m andeg =0.17. We note that th8h-G zyype re-
lationship is dependent on the liquid-phase diffusiityA
higher liquid diffusivity leads to a lowesh The reason for
this observation is not intuitively obvious and an explanation
is given below. Exactly analogous results as showidn 7
were obtained with the 1.5 and 2.5 mm diameter capillaries.
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To gain further insights into the reasons W8IG zype 103
relationship is influenced by the gas holdup, slug length
and liquid diffusivity, we examine the contributions of the
wall-slug and wall-film regions separately. Fig. 8a we
show the simulation results, obtained in the 1.5 mm diameter
capillary, for Sherwood numbers for the total wall region
(as presented in the foregoing discussions), along with the
corresponding values for the wall-slug and wall—film regions
for a unit cell lengthLyc =0.1m, witheg =0.5 andV, =
0.05m/s. The wall-film mass transfer is significantly poorer
than that of the wall-slug region. Since the wallfilm area F buem0ImiV, 2005 mis N
is 50% of the total wall area, the poorer film mass transfer %= 0510, = 1.5 mm: N
contribution causes th8hfor total wall to be significantly 101104; 105 104 102 102
lower than that for the wall-slug region alone. A further
reason for pooreshfor wall—film is that for long films, i.e.,
long contact time between bubble and film (i.e., [&y), the
film is most likely nearing saturation conditions. This point
has also been discussed Kyeutzer (2003)n some detail.
For shorter films and shorter contact times between film and
bubble all threeSh numbers are close to one another, as
is evidenced by the simulation results showrfig. 8b for
Lyc=0.04m, V;,=0.05m/s andeg=0.17. The detrimental
effect of saturation in the liquid film surrounding the Taylor
bubble is even more pronounced for long filmsd high
liquid diffusivities. This is illustrated irFig. 8 for Ly¢c =
0.1m, e = 0.5, V,, = 0.10m/s andb = 5 x 10 2m?/s.
The film Shis about one order of magnitude lower than the
wall-slug value because the saturation of the film is much
easier for higher diffusivity values. 10° 10° 10+ 10° 10

For a given set of hydrodynamic parameters, the (b) Graetz number, Gz
Sh-Gzype relationship is additionally dependent on the
capillary diameterd. as illustrated in the simulation re- 108
sults shown inFigs. % and b for two sets of conditions as
specified in the legend. The reason for the dependence on
the capillary diameter is because the film thicknégs is
smaller for the smaller diameter capillary. This smaller film
thickness causes the film contribution to be poorer because
of the approach to saturation within the film.

On the basis of a systematic analysis of all the 46 simula-
tions, we derived the following correlation for the Sherwood
number, for theotal wall region:

__ b
GZgube

leugD
dcz |79

wall, total
wall-film
wall-slug

102

Sherwood number, Sh

P=1x10"m?s™;

(a) Graetz number, Gz,

10° ¢

wall, total
wall-film
wall-slug

102N | ===

Sherwood number, Sh

P =1x10"m?s?
Lyc =0.04 m; V, = 0.45 m/s;
£ =0.17;d,=1.5mm;

10 bl il el

tube

wall, total
wall-film
wall-slug

10?

Sherwood number, Sh

D =5x10" m?s™; N
Lyc=0.1m;V, =0.1m/s; .
& =05;d,=1.5mm

1111l

10° 104 103 102

10t

N,

N
[N |

0.5
. a=061Gz30% p= — "

Sh , ,
siue (Gastug/e6)°*°

Graetz number, Gz,

GZsIug = (16) ©

Fig. 8. Comparison of the wall (total), wall-film and wall-slug Sherwood

This correlation reflects that fact theand f§ in the Sh =
B/ Gz he function is dependent org, Lsiug andD as em-
phasized in the discussions surroundkig. 7. Eq. (16) is
valid for G zype Values lower than 0.01. For values@ttype

numbers as a function d¥zype for 1.5mm capillary. (a) Campaign for
Lyc=0.1m,p = 1x109m?/s,¢q = 0.5, V}, = 0.05mys. (b) Campaign
for Lyy¢=0.04m,p = 1 x 109m?/s, ¢ = 0.17, V}, = 0.45mys. (c)
Campaign forLy¢=0.1m,p = 5x 10-9m?2/s, ¢ = 0.5, V,, = 0.1 my/s.

higher than 1 th&hnumber tends to reach asymptotic val-

ues. However, value&zype> 0.01 are not often realized of the slug length. For a wide range of parameter values,
in practice because this would inordinately long tubes. A the variation in the value of is in the range of 0.45-0.52
further point to note is that the dependencexain Gzsiyg and so a constant value of 0.48 may also be used for rough
is only very weak and its calculation requires knowledge estimations.
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/d.=16
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> e

101 102

Experimental value of wall Sherwood number

Fig. 10. Parity plot of experimentally determined values of Sherwood
number byBercic and Pintar (1997&nd Horvath et al. (1973)pgainst
tube the predictions using Eq. (16). In addition to the parameters specified in

the paper byBercic and Pintar (1997)t should be noted that the 2.5 mm
capillary had a length_ype = 0.35m, the 3.2mm capillary had lengths

4. Conclusions

We have used CFD simulations to investigate mass trans-
fer from the liquid phase to the wall during rise of Taylor
bubbles in circular capillaries. The Sherwood number for
wall mass transfer decreases significantly with increasing
values ofGzype The precise dependence 8hon Gzype
depends on a variety of hydrodynamic parameters such as
slug length, gas holdup, liquid diffusivity. By fitting the CFD
simulations we have derived the empirical correlation (16)
for practical estimation of wall mass transfer from informa-
tion on Taylor flow hydrodynamics.

gas—liquid interfacial area per unit cell
volume, nf/m?3

cross sectional area,’m

concentration of tracer in liquid phase, a.u.
capillary diameter, m

bubble diameter; seeig. 1(a), m

liquid phase diffusivity, M/s

gravitational vector, s

3 - —~
e \\ a
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i \_\\ V, = 0.45 m/s; =
°
i N & =0.272; g 10
- i ©
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(b) Graetz number, Gz, . a
Fig. 9. Comparison of Sherwood number versisype relationships
for 1.5, 2 and 3mm capillaries. (a) Campaign fdr;=0.025m, A
P = 1x10%m?/s, ¢g = 0.272, V,=0.45m/s. (b) Campaign for
Lyc=0.04m,p=1x 10"9m?/s, g = 0.17, V}, = 0.45nys. d.
dp
Fig. 10 compares the experimentally determined values 9
of Shby Bercic and Pintar (1997@ndHorvath et al. (1973) Gziube

against the predictions using Eq. (16). We note that the agree-
ment is reasonably good, when we consider the scatter in
the experimental data.

The corresponding correlation for the wall-slug region
alone is somewhat simpler: Y

GZsIug

Lfiim
leug
24 —+ 15/(Ls|ug/dc) Ltube
Shwall—slug = 0.45 (17)
Gztdbe ﬁUC

Graetz number based on tube length

(= Lube(1 — e6)D/d?V}), dimensionless
Graetz number based on slug length

(= LsiugD/d?V}), dimensionless

wall-mass transfer coefficient, m/s

length of liquid film (seeFig. 1a), m

length of liquid slug,Lsijug= Lyc(1 —&g), m
total length of capillary tube (sdeig. 1a), m
unit cell length, m

vector normal to the surface, dimensionless
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Ofilm

Sh

Tfilm

Uc
UL
ULs
vol;
Vi
Viilm

Viwall
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system pressure, Pa

volumetric liquid film flow; m3/s

radial coordinate, m

Sherwood number for wall mass transfer
(= kyd./D),dimensionless

time, s

contact time of liquid film with Taylor gas bubble,

m/s

liquid velocity vector, m/s

velocity in z-direction, m/s

superficial gas velocity, m/s
superficial liquid velocity, m/s

mean velocity of liquid slug, m/s
volume of celli, m3

Taylor bubble rise velocity, m/s
velocity at surface of liquid film, next to
bubble, m/s

velocity of wall boundary condition in
simulations, equal te-V;, m/s

axial coordinate, m

Greek letters

Ofilm thickness of film surrounding bubble, m
&G gas holdup, dimensionless

U liquid viscosity, Pa s

oL density of liquid phase, kgn®
Subscripts

b refers to Taylor bubble

bottom  bottom boundary of computational domain
c refers to capillary

domain in computational space

film refers to liquid film

G refers to gas phase

L refers to liquid phase

i referring to cell number

r in radial direction

s at the bubble surface

slug referring to liquid slug

system  referring to the computational system
top top boundary of computational domain
tube referring to capillary tube

uc refers to unit cell

wall refers to wall

z in axial direction

L perpendicular
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