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CFD Modeling of Bubble Column Reactor Including the
Influence of Gas Contraction

By J. M. van Baten and R. Krishna*

In this paper a CFD model for a bubble column reactor undergoing a first order reaction A — B is developed. The reactor
operates in the homogeneous bubbly regime and has a diameter Dt = 1 m and height Hr = 5 m. The incoming gas stream
contains inerts, varying in proportion from 10 % to 90 %. Three-dimensional transient Eulerian simulations were carried out
for an inlet superficial gas velocity Ugs = 0.04 m/s. Due to the consumption of A, the gas phase suffers contraction along the
height of the reactor and as a consequence there is a significant change in the gas velocity along the column height; this varia-
tion in gas velocity is stronger when the incoming gas contains a smaller proportion of inerts. The CFD simulations show that
there is a considerable influence of gas contraction on both the bubble column hydrodynamics and on the reactor conversion.
None of the conventionally used reactor models is capable of describing the reactor performance in the case of high gas

phase contraction.

1 Introduction

In many examples of industrial importance a bubble col-
umn reactor is used to convert a reactant in the gas phase,
A, to a valuable product, B, in the liquid phase by either
homogeneously or heterogeneously catalysed reaction
A — B. If the incoming gas stream contains a large propor-
tion of inert, non-reactive components, there is only a small
reduction in the superficial gas velocity Ug, along the reac-
tor height. However, if the incoming gas stream contains a
very small proportion of inerts then there is a significant re-
duction in Ug, especially when high conversion levels are
aimed for. Consider for example the industrially important
Fischer-Tropsch process for converting syngas (A), a mix-
ture of CO and H,, into long chain paraffinic hydrocarbons
(B). At desired syngas conversion levels of 95 % there is a
60 — 70 % reduction in Ug from inlet to outlet of the bub-
ble column slurry reactor [1]. The variation of Ug along the
reactor height can be expected to have a significant influ-
ence on the hydrodynamics (gas holdup, backmixing) and
mass transfer and, consequently also on the reactor conver-
sion [1-3]. Most experimental studies on bubble column
hydrodynamics are carried out in cold-flow experimental
setups wherein no chemical reaction takes place and in
which the variation of U along the reactor height is only
due to hydrostatic pressure changes [4-8]. The correlations
for gas holdup, backmixing, and mass transfer derived in
such experimental studies cannot be used with complete
confidence for scaling up a bubble column slurry reactor
say for Fischer Tropsch synthesis designed for high syngas
conversions.

Several recent publications have established the potential
of Computational Fluid Dynamics (CFD) in the Eulerian
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framework for describing the hydrodynamics of bubble col-
umns [9-18]. These CFD models, developed for either the
homogeneous or heterogeneous flow regimes, are particular-
ly suitable for describing scale effects [18,19]. However, it
has been pointed out in recent works that the hydrody-
namics and mass transfer characteristics of columns larger
than say 1 m in diameter, can only be captured properly by
three-dimensional transient simulations [20,21] that ade-
quately portray the true chaotic behavior. In principle, CFD
models offer a consistent physical basis for also accounting
for the influence of varying Ugs on hydrodynamics and the
objective of the present work is to develop such a CFD mod-
el. We consider a first order reaction A — B in the liquid
phase. The present work is an extension of the approach we
have published earlier for the case without gas contraction
[22]. The influence of gas contraction is investigated by al-
lowing the incoming gas stream to contain varying propor-
tion of non-reactive inert components. We restrict our model
development to the homogeneous bubbly flow regime of op-
eration.

2 Development of a CFD Model

Simulations were carried out for a column of diameter
Dt = 1m and height Ht = 5 m with co-current up-flow of gas
and liquid phases (see Fig. 1). The number of grid cells in
the radial, axial and azimuthal directions are 50, 250, and 10,
respectively, yielding a total of 125000 grid cells. In all the
simulations, the superficial liquid velocity U, (=U,) at the
bottom inlet was maintained at 0.001 m/s. The superficial gas
velocity Ugo at the bottom inlet was kept constant at
0.04 m/s. Varying proportion of inerts, 10 %, 30 %, 50 %, and
90 % were assumed for the incoming gas stream. The flow
rate of reactant A in the inlet gas stream was kept constant
for all of the four runs, and therefore the inlet gas concentra-
tion cago varies with the proportion of inert gas present in
the incoming gas. The physical and transport properties of
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Figure 1. Schematic overview of the computational domains, including front
and top views.
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the gas and liquid phases are specified in Tab. 1. In each case
two different types of simulations were carried out:
1) Determination of the quasi-steady state hydrodynamics.
2) Determination of the conversion for the liquid phase re-
action A — B, with the reactant A introduced into the re-
actor via the gas inlet. The component B was assumed to
be present only in the liquid phase.
We discuss the modeling of the two steps, in turn.

Table 1. Properties used in the CFD simulations.

Liquid (water) | Gas (air)
Viscosity, u / [Pas] 1107 1.7-10°
Diffusivity of component, P / [m?s™] 1-107 1.0-107
Density, p / [kg/m?] 998 13

Interphase mass transfer coefficient, k1 / [m/s] | 0.0004

Reaction rate constant, kx / [s”] 0.2

Henry coefficient, m / [-] 0.3

2.1 CFD Modeling of Bubble Column Hydrodynamics
For either the fluid phase in the bubble column reactor,

the volume-averaged mass and the momentum conservation
equations in the Eulerian framework are given by"):

1)  List of symbols at the end of the paper.
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where, pg, Ui, and g, represent, respectively, the macroscopic
density, velocity, and volume fraction of phase k. u .4 is the
effective viscosity of the fluid phase k, including the molecu-
lar and turbulent contributions, p is the pressure, My, the
interphase momentum exchange between phase k and phase
l and g is the gravitational acceleration.

The momentum exchange between the gas (subscript G)
and liquid phase (subscript L) phases is given by

3 €
M, :ZchT(ZCD (ug —ug)|ug —u| 3)

We have only included the drag force contribution to
M, ;, in keeping with the works of Sanyal et al. [12] and
Sokolichin and Eigenberger [13]. The added mass and lift
forces have been ignored in the present analysis.

The interphase drag coefficient is calculated from [23]:

Cp =3 VEG (4)

where the E6tvos number is defined as:

8lp —pg)d;
o

Eo = 5)
where d, is the equivalent diameter of the bubbles. The
bubble diameter is taken to be 0.005 m, a typical value for
air-water systems operating in the homogeneous bubbly flow
regime.

For the continuous, liquid phase the turbulent contribu-
tion to the stress tensor is evaluated by means of the k-¢
model, using standard single-phase parameters Cu = 0.09,
Ci. =144, G, =192, 0x = 1, and o, = 1.3. The applicability
of the k-e¢ model has been considered in detail by Sokolichin
and Eigenberger [13]. No turbulence model is used for cal-
culating the velocity fields of the dispersed gas bubbles.

A commercial CFD package CFX version 4.4 of ANSYS
Inc., Canonsburg, USA, was used to solve the equations of
continuity and momentum. This package is a finite volume
solver using body-fitted grids. The grids are non-staggered
and all variables are evaluated at the cell centres. An im-
proved version of the Rhie-Chow algorithm [24] is used to
calculate the velocity at the cell faces. The pressure-velocity
coupling is obtained using the SIMPLEC algorithm [25]. For
the convective terms in Egs. (1) and (2), hybrid differencing
was used. A fully implicit backward differencing scheme was
used for the time integration.

At the inlet patch, superficial liquid velocity U;, and
superficial gas velocity Ugo were maintained by setting the
liquid holdup to e, = Uro/(Ugo+Urp) the gas holdup to
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eGo = 1-g10, and the velocities of both phases toug, =u, , =
(Uro+Ugo). At the outlet at the top, the gas holdup was set to
£G,top» and the liquid holdup to 1- £¢,p. The outlet velocities
were specified as ug, = Uglegop and uy , = Up/(1-£6op)-
The gas holdup at the outlet patch at the top was chosen to
be 5 %. It was verified that the gas holdup at the top had neg-
ligible influence on the results. The holdup and velocities
near the top are adjusted to equilibrium values in a very short
distance from the top, having little effect on the system aver-
age values. The gas and liquid phase were injected uniformly
over the inner 80 % of the bottom patch. At the walls, no-slip
boundary conditions were applied.

The time stepping strategy used in all simulations was 100
steps at 5107 s, 100 steps at 1-107*s, 100 steps at 51075, 100
steps at 1-107 s, 200 steps at 3-107 s, 1400 steps at 5107 s,
and the remaining steps until quasi-steady state is achieved
at 1-107 s. For each run, the hydrodynamics were solved first
in a transient manner until quasi- steady state was reached.
During the transient simulations the liquid sloshes from side
to side in a chaotic manner, as can be evidenced in the ani-
mations on our website: http:/ct-cr4.chem.uva.nl/contrac-
tion/.

Typical transient values of the centre line velocity V,(0)
are shown in Fig. 2a for the 50 % inerts case.

2.2 CFD Modeling of A — B Reaction

The reaction run was initiated 10000 time steps after start
of the hydrodynamic run. The following component balance
equations are solved for the transferring component A in
the gas phase:

0
&SGPGCAG +V- (‘SGPGUGCAG - DGSGLPGVCAG> =

and liquid phase, respectively:

0
&‘SLPLCAL +V- (ngLuLCAL - ‘DLSLPLVCAL) =

PAL(FA +epry)  (7)

Here, ¢4, is the concentration of component A in the lig-
uid phase, P, is the diffusion coefficient of component A.
The consumption due to the reaction of component A is
denoted by ra. The flux F, is the interphase transfer flux of
A between the gas and liquid phases:
Fy =kpa(meyg — cup) ®)
where k;, is the mass transfer coefficient and m is the Henry
coefficient. The mass transfer coefficient k; was chosen as
410 m/s. The Henry coefficient m was chosen as 0.3. The
physical and transport properties of the components are
specified in Tab. 1. The specific interfacial a per unit volume
of reactor (gas+liquid) is calculated from:

_beg

d,

a

)

With gas contraction, the mass continuity equation Eq. (1)
needs modification to reflect the disappearance of the com-
ponent A from the gas phase using the sink term Fa. No flux
of component A is allowed through the walls. To ensure that
no flux of the component takes place across the flow bound-
aries with zero ingoing flow, the boundary value for the mass
component concentration is set equal to the value inside the
computational domain at each iteration for these bound-
aries.

At the start of the reaction run, the gas inlet concentration
of A, caco, makes a step from zero to values of 0.9, 0.7, 0.5,
and 0.1 arbitrary units per m? for the simulations with 10 %,

—psFa  (6)  30%,50 %, and 90 % inerts, respectively. The inflowing lig-
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Figure 2. Transient approach to quasi-steady state for (a) centerline liquid velocity V. (0), (b) concentration of A in gas phase, (c) concentration of A in liquid
phase. The simulation results correspond to the case for Ugo = 0.04 m/s, Uy = 0.001 m/s and 50 % inerts in inlet gas stream. The values correspond to a position
4.5 m above the bottom at the centre of the column. Typical animations are to be found on our website: http://ct-cr4.chem.uva.nl/contraction/.
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uid stream does not contain any component A. The gas inlet
concentration cgg and the liquid inlet concentrations cay,
and cg; remain zero at all times. Component A transfers
from the gas to the liquid phase and in the liquid phase, com-
ponent A reacts to component B. Component B is consid-
ered to be present only in the liquid phase.

The reaction term in Eq. (7) is:

ra = —kaCaL (10)

We assume k = 0.2 s™' ensuring a mass transfer limited sit-
uation.

For the 3D simulations, Egs. (1), (2), (6), and (7) need to
be solved simultaneously until the system attains quasi-stea-
dy state with respect to concentrations. Time steps of 0.1 s
were taken, until the component concentrations in the sys-
tem attained (quasi-) steady state; typical transience of the
gas and liquid phase concentrations are shown in Fig. 2b,c
for the case with 50 % inerts. Time averaging over the quasi-
steady state period is required in order to determine the re-
actor performance. The time-averaging period is indicated
by the double-headed arrows in Fig. 2.

Further details of the numerical techniques used in our
CFD simulations, including animations, are to be found on
our website: http://ct-cr4.chem.uva.nl/contraction/.
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3 Simulation results

Cross-sectional area averaging of the time-averaged values
yields the profiles along the height of the reactor. Let us first
consider the variation of (a) superficial gas velocity, Ug, and
(b) gas holdup, ¢ along the height of the reactor; see Figs. 3a
and b. We note that as a consequence of the disappearance of
A from the gas phase due to the mass transfer, and subse-
quent chemical reaction, Us decreases along the reactor
height. This reduction in Ug is larger when the inerts content
in the incoming gas stream is lower. For the 10 % inerts case
we note that the value of Ugs decreases from 0.04 m/s at the
reactor inlet to a value of 0.014 m/s at the reactor outlet. The
reduction in the gas velocity with decreasing inerts content
has a significant effect on the gas holdup; see profiles in Fig.
3b. Averaging the gas holdup over all grid cells in the compu-
tational domain yields the gas holdup values reported in Fig.
3c. With decreasing inerts content, there is a significant re-
duction in the average gas holdup and as a consequence there
is a reduction in the interfacial area according to Eq. (9).

Concentration profiles for A in the gas and liquid phases
along the column height under quasi-steady state conditions,
obtained after cross-sectional area averaging, are shown in
Figs. 4a and b. For the 90 % and 50 % inerts cases, the cag
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Figure 3. Profiles along the reactor height (time averaged over the time period wherein quasi-steady state prevails) of (a) superficial gas velocity, and (b) gas
holdup. (c) Average gas holdup in the reactor as a function of the fractional inerts content of the inlet gas stream. In all simulation campaigns Ugo = 0.04 m/s,

Uy = 0.001 m/s and with varying % inerts in inlet gas stream.
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Figure 4. Profiles along the reactor height (time averaged over the time period wherein quasi-steady state prevails) of (a) gas phase concentration, (b) liquid
phase concentration. (c) Conversion of A as a function of the fractional inerts content of the inlet gas stream. In all simulation campaigns Ugo = 0.04 m/s,

Upo =0.001 m/s and with varying % inerts in inlet gas stream.
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profile appears to follow a steady decrease expected of the
situation in which we have a plug flow of the gas phase. With
further decrease in the inerts content, the gas phase concen-
tration profiles tend to flatten out after the initial decrease
in the gas concentration that occurs within the first 1 m of re-
actor height. Examination of the liquid phase concentration
profiles shows that the variation with the reactor height is
very small for all cases, indicating that the liquid phase con-
centration profiles tend to approximate the well-mixed lig-
uid scenario.

The overall reactor conversion y of A increases with in-
creasing inerts fraction in the inlet gas stream; see Fig. 4c.
An important reason for this is the increase in gas holdup
with increasing inerts fraction as witnessed in Fig. 3c. A
higher gas holdup leads to a higher interfacial area that is
advantageous for mass transfer limited reactions, as is the
situation here for the chosen set of parameters.

To gain further insights into the results presented in Fig.
4c we carried out calculations for concentration profiles and
conversion using conventional bubble column reactor mod-
els as discussed, for example, by Deckwer [4]. Three special
scenarios can be identified:

(I) Plug flow of gas and plug flow of liquid,

(I) Plug flow of gas and well mixed liquid, and
(IIT) well mixed gas and well-mixed liquid.

Consider scenario (I) for which the differential equations

describing the variation of cog and cay are

d(U.c
(g—z"‘c):—kLa(chG —cyy) (11)
and
de,,
U, dz kpa(me,g —c ) — (1 - ‘SG)kACAL (12)

where the variables cag, car, and Ug are z-dependent. The
superficial liquid velocity does not alter significantly as a re-
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sult of chemical reaction. At any position along the height,
CaG 1S given by the relation:

UG — UG[ )

€46 = €aco (U (13)
G

o*UGI

For scenario (II), the liquid phase is assumed to be well
mixed; therefore, ca; is z-invariant and corresponds to the
value at the reactor outlet and can be obtained from a mate-
rial balance

Hyp

| kpa(me,;—c,, )dz—(1-e)k,C,, H,
z=0

Cy =% i (14)

L

For the case in which the gas phase and liquid phases are
both well-mixed (scenario (IIT)), both cac and ca; within
the reactor are z-invariant and are given by:

U..c,.o—k,almec,.—c, ' H
_ Y6060 "L AG_ AT
Ch = (15)
4 UoCutUgi
and
k.amc,.—c,, H.—(1—e)k ,c,, H
c,y =L (me 4 AL)UT ( ke Hy (16)

L

For all three scenarios, the reactor equations were solved
numerically to obtain the concentration profiles and conver-
sion. In the calculations for the three scenarios, we used the
average gas holdup as determined from CFD simulations
and reported in Fig. 3c. In Fig. 5a, the calculations of the
three scenarios for cag profiles are compared with the CFD
solutions for the 90 % inerts case. Except for the initial zone
at the bottom of the reactor, there is reasonably good agree-
ment between the plug flow profiles (scenarios (I) and (II))
and the CFD simulations. The corresponding results for ca ;.
are shown in Fig. 5b. The CFD simulation results for the lig-
uid concentration profiles are in closer agreement with the
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Figure 5. Profiles along the reactor height (time averaged over the time period wherein quasi-steady state prevails) of (a) gas phase concentration, and (b) liquid
phase concentration for the 90 % inerts case. The CFD simulations (continuous solid lines) are compared with profile calculations for three special scenarios:
(I) plug flow of gas and liquid (II) gas phase in plug flow and well-mixed liquid phase, and (IIT) well mixed gas and liquid phases.
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Figure 6. Profiles along the reactor height (time averaged over the time period wherein quasi-steady state prevails) of (a) gas phase concentration, (b) liquid
phase concentration for the 10 % inerts case. The CFD simulations (continuous solid lines) are compared with profile calculations for three special scenarios:
(I) plug flow of gas and liquid (IT) gas phase in plug flow and well-mixed liquid phase, and (IIT) well mixed gas and liquid phases.

well-mixed assumption (scenarios (IT) and (IIT)) than with
the assumption of the plug flow of liquid (scenario (I)).

When the inerts concentration is lowered, the situation is
changed significantly, as is evidenced by the profiles shown
in Fig. 6 for the 10 % inerts case. The gas phase concentra-
tion profiles (see Fig. 6a) lie in between those predicted by
the plug flow and well mixed assumptions. Note that the two
plug flow scenarios (I) and (IT) yield profiles that are indis-
tinguishable from each other. The liquid phase concentra-
tion profiles (see Fig. 6b) do not appear to conform to any of
the three scenarios.

The overall conversions predicted by the three scenarios
are compared with the CFD simulation results in Fig. 4c.
The CFD simulation results for the conversion lie in be-
tween the conversions predicted by model scenarios (II) and
(TIT). The assumption of plug flow of gas becomes progres-
sively worse when the inerts content is decreased.

4 Conclusions

In this paper we have developed a CFD model for describ-
ing a bubble column reactor for carrying out a first order lig-
uid phase reaction A — B including the influence of gas con-
traction. The bubble column reactor is assumed to operate
in the homogeneous bubbly flow regime. When the incoming
gas contains a high proportion of inerts, the reactor perfor-
mance can be well approximated by model (IT) (plug flow of
G and well mixed L). When the inerts content decreases, the
assumption of the plug flow of gas becomes increasingly
worse and the conversion predictions are too optimistic. The
predictions of model (IIT) (well mixed G and well mixed L)
is too pessimistic in all cases. The computational results ob-
tained in this paper demonstrate the power of CFD for accu-
rately predicting the performance of bubble column reac-

Chem. Eng. Technol. 2004, 27, No. 12 http://www.cet-journal.de

© 2004 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim

tors. Simplified reactor models, as discussed by Deckwer [4]
yield either too optimistic or too pessimistic results.
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Nomenclature

a [m’m™] interfacial area per unit volume of
dispersion

Cp [] drag coefficient

cag [aum™ gas phase concentration

car  [aum™] liquid phase concentration

dy [m] diameter of bubble

p3) [m?s7] diffusivity

Dy [m] column diameter

Eo [ Eotvos number, g(p, — p,,)dp /o

F [a.us™] interfacial mass transfer rate

g [ms™ gravitational vector

Hr [m total height of reactor

ka [s7] first order reaction rate constant

defined in Eq. (10)

kr [m/s] mass transfer coefficient in liquid phase
m ] Henry coefficient
M [N/m?] interphase momentum exchange term
p [Pa] pressure

[a.

N reaction rate of component A
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Greek

Q™ ' ® X

out
top

1308

time T tower or column
velocity vector z in vertical (axial) direction
superficial gas velocity
superficial liquid velocity
centre-line liquid velocity Ref
height above the distributor at bottom elerences
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