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Abstract

The hydrodynamics and mass transfer characteristics of a monolith loop reactor, with upflow of gas and liquid phases through the channels,
have been investigated and compared with conventional internal airlift reactor and bubble column configurations. The volumetric mass transfer
coefficient,k_a, is higher for monolith reactors than for airlift and bubble columns. This improvement is due to the superior mass transfer
characteristics of Taylor flow in narrow capillaries. In order to gain further insight into the mass transfer from Taylor bubbles, experimental
results are presented on the unit cell lengths and the Taylor bubble rise velocity.
© 2004 Elsevier B.V. All rights reserved.
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1. Introduction responding data on gas holdugs, and volumetric mass
transfer coefficientk_a, also for a bubble column and air-

Monolith loop reactors are gaining considerable attention [ift, using the same column geometry and gas distribution

from academia and industry alike for carrying out solid catal- device. In the study upflow monolith loop reactors of two

ysed gas-liquid reactiorj—4]. Monolith loop reactors are  different heights were employed. The data generated in this

being applied in the laboratory studies and in commercial work would be helpful in choosing the right reactor type for

practice for carrying out reactions such as hydrogenationsany given process.

[5—7], hydrodesulphurizatiof8], oxidationg9], bioremedi-

ation[10] and Fischer—Tropsch synthefld,12] Monolith

reactors offer many potential advantages over trickle beds, ]

slurry bubble columns and airlifts that include low pressure 2~ EXperimental setups

drop, high mass transfer rates, and ease of scdle Lp,14] )

StankiewicZ14] provides an example of a process for which 2-1. Monolith loop reactor

an in-line monolith reactor is 100 times smaller in size than ) ] ]

a conventional reactor and therefore represents a truly inten-  EXPeriments were performed in two upflow monolith loop

sified process. Most of the published experimental studies "®actor column configurations, schematically represented in

relate to downflow of both gas and liquid phases in mono- Fi9- 1 The setup shown on the left ifig. 1 has a taller

liths [7,13,15-19]and very little information is available on  Monolith bundle section (of height 2.1m) than the setup

upflow operation of gas and liqui@]. In both upflow and shown in the mset,. which has a monolith riser of height

downflow operations of monolith reactors we need to have 0-65m. For convenience, these setups would be referred to

uniform distribution of gas and liquid phases through the @S tall and short monolith reactors, respectively. Hydrody-

various channels. namic and mass transfer studies were carried out in both se-
The first major objective of the present work is to study tups. The idea of the short monolith reactor came into being

the hydrodynamics and mass transfer in an upflow mono- due to the pos_sibility of satura_ltion of the up_ﬂowing liquid
lith loop reactor. The second objective is to develop the cor- Phase (water) in the tall monolith reactor during mass trans-
fer experiments (a detailed discussion on this is presented

later). Each reactor comprised of an outer column, a riser
* Corresponding author. Fax:31-20-525-5604. column and a gas-liquid separation unit. The outer column
E-mail addressr.krishna@uva.nl (R. Krishna). and gas-liquid separator were constructed of polyacrylate
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Fig. 1. Experimental setup for the tall and short monolith loop reactors (the details of the latter are shown in the inset to the figure). Furtloér details
the setup, including photographs and video recordings of the hydrodynamics are available el§2@jhere

with the riser column fabricated from glass. The riser col- 2.2. Airlift loop reactor and bubble column reactor

umn was concentrically positioned in the outer column,

with a clearance of 0.05m. The annular space between the Corresponding experimental studies were also carried out
riser and outer columns formed the downcomer section of in an internal airlift loop reactor and a bubble column. The
the reactor. The riser column, outer column and gas-liquid setup of the airlift loop reactor was a modification of the
separator had internal diameters of 0.104, 0.15 and 0.38 m.tall monolith loop reactor in which the glass riser column
respectively.

A monolith bundle consisting of symmetrically aligned
cordierite monolith pieces (Corning GmbH, Germany) each
with 48 cells per square inch (cpsi) was inserted in the riser -
tube of each reactor. Each monolith had square-shaped chan-
nels with sides of approximately 3.01 mm and an estimated
void fraction of 67%. In the tall reactor, the monolith bundle N
consisted of seven monolith pieces with a combined height
of 2.05m. The monolith bundle in the short reactor com- =
prised of two monolith pieces with a combined height of
0.6 m.Fig. 2shows a schematic representation of the mono-
lith cross-section.

Both monolith reactors had a 0.1 m-diameter, 1 mm-thick
brass plate gas distributor with perforated holes of 0.5mm
diameter on a triangular pitch of 7mm. Gas flow was reg-
ulated by the use of pre-calibrated rotameters (Sho-Rate
Brooks Instruments BV, The Netherlands) aligned in paral-
lel or by a manually operated control valve.

Further details of the monolith setups, including pho- 3 mm

tOQr_aphS and video recordings of the hydrodynamics are i 2 schematic representation of the 48 cpsi square-channel cordierite
available elsewherg0]. monolith used in this study.

10.4cm
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Table 1

Dimensions of the reactor configurations employed
Height of riser Inner diameter of  Outer diameter of  Inner diameter of Height of monolith
column (m) riser column (m) riser column (m) outer column (m) segments (m)

Tall monolith loop: square channel 21 0.104 0.111 0.15 2.05

Short monolith loop: square channel 0.65 0.104 0.111 0.15 0.6

Airlift lift loop reactor 21 0.1 0.11 0.15 -

Bubble column reactor - - - 0.15 -

of the latter and its monolith bundle were replaced by a alteration of the gas and liquid flow rates. Liquid was dis-
0.1 m-diameter polyacrylate riser tube. Thus, like the mono- charged from the capillary into a 33 mm wide, 40 mm high
lith loop reactor, the airlift loop reactor comprised of an outer disengagement zone at the top of the capillary. The image
column, ariser column and a gas—liquid separation unit. The recording system consisted of a Photron Fastcam-ultima
same gas distributor was employed in both the monolith and 40K high-speed video camera, a memory box and a CRT
airlift loop reactor configurations. Further details of the air- monitor display. Video movies captured by the high-speed
lift setup, including photographs and video recordings of the camera were instantaneously stored in the memory box.
hydrodynamics are available elsewh§2é]. The high-speed camera has the capability of capturing
The bubble column, with an internal diameter of 0.15m video movies at rates of between 25 and 4500 frames per
and a height of 4m was made of polyacrylate. It however second (fps). The CRT display showed in real time what
had a 0.15 m-diameter, 1 mm-thick brass plate gas distributorwas viewed through the high-speed camera. Data from the
with perforated holes 5mm in diameter on a 7 mm pitch. memory box were transferred to the PC for analysis.
Pressure taps, used in the determination of gas holdup, were
installed along the height of the bubble column. Two of these
taps were connected to pressure ports on a Validyne DP153. Experimental procedure
pressure transducer, which was in turn coupled to a PC via
an analogue to digital converter system consisting of the Air was used as the gas phase and demineralized water
pressure transducer, a voltmeter and an analogue-to-digitals the liquid phase in all experiments carried out. Measure-
(AD) converter card on the PC. Further details of the bubble ments were made of the gas holdup and volumetric mass
column setup, including photographs and video recordings transfer coefficient in each reactor configuration studied.

of the hydrodynamics are available elsewhi@a. Downcomer liquid velocity measurements were also made
Table 1gives a summary of the principal dimensions of in the monolith and airlift loop reactors. At the start of each
the four reactors employed in this study. experimental run, the clear liquid height was set at 0.105m

in the gas—liquid separator of the short monolith loop reactor
and 0.44m in the gas-liquid separator of the tall monolith
2.3. Single capillary experiments and airlift loop reactors. The clear liquid height in the bub-
ble column was set at 1.6 m. The monolith and airlift loop
Experiments were also performed in an upflow single reactors were operated in such a way that gas bubbles leav-
capillary setup, described in detail elsewhge8]. This ing the gas distributor traversed the riser and disengaged at
setup consisted of (1) a vertically mounted 3 mm diameter, the gas-liquid separator without entering the downcomer.
1.4 m high square capillary made of glass and (2) an image This meant that the downcomer sections of these reactors
recording and analysis system. Gas and liquid were fed towere left free for liquid recirculation. Taylor bubble hydro-
the bottom of the capillary through a 3mm diameter PVC dynamic experiments were carried out in the upflow single
tee-junction connection. Compressed air was fed through acapillary.
pre-calibrated gas flowmeter to the tee-junction. Two man-
ually operated control valves were used to regulate the gas3.1. Gas holdup measurements
flow rate. The first of these valves was placed between the
compressed air flow line and the flow meter and was setto  Gas holdup measurements were made in the risers of the
give a constant gauge pressure of 0.3 bar. The second valvemonolith and airlift loop reactors. In both the tall and short
placed between the gas flowmeter and the tee was solelymonolith loop reactors, the riser gas holdup was measured
used in regulating the volumetric gas flow rate into the cap- by trapping gas from the monolith channels into a measuring
illary. Demineralized water was fed from an elevated 10L cylinder 6.3 cm in diameter and 1 m in height ($&g. 39.
storage vessel into a pre-calibrated liquid flowmeter with To achieve this, a hollow cylindrical metal rod with an inner
the flow rate also adjusted by the use of a manually oper- diameter of 4 mm was fixed through a base plate consisting
ated valve. Gravity provided the driving force for the flow of a 9 mm-thick rubber pad glued underneath a 4 mm-thick
of liquid from the storage vessel into the liquid flowme- plastic plate. The base plate had a diameter of 16 cm. The
ter. This flow arrangement provided for an independent cylindrical metal rod was connected to the measuring cylin-
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Fig. 3. Schematic representation of the procedures for determining the riser gas holdup in (a) the monolith loop reactors and (b) the airlift loop reactor.

Further details are available elsewhere [20,21].

der viaamanually operated ‘release’ valve. Before the start
of each holdup experiment, the measuring cylinder wasfilled
with demineralized water by opening the suction valve lo-
cated at its top and activating a venturi jet pump to which
this suction valve was connected. Both the measuring cylin-
der and hollow metal rod were vertically positioned in the
gasiquid separator using a system of clamps. The base
plate of the hollow metal rod was also pre-positioned about
15 cm above the monoalith riser tube. At the moment the gas
flow into the column was shut, the hollow metal rod was
instantaneously displaced so that the rubber pad on its base
plate rested on the riser tube. In this way, gas bubbles were
trapped in the monoalith channels of the riser. By opening
the release valve, the trapped bubbles were transferred to the
measuring cylinder. Based on the volume of trapped gas, the
riser gas holdup was determined. The holdup experiments
were done in duplicate, and found to be consistent. Average

values are reported.

The gas holdup in the riser section of the airlift loop
reactor was measured by sealing the top of its riser column
with a pre-calibrated plastic stopper at the moment gas flow
into the column was shut down (see Fig. 3b). In this way,
gas was trapped in the riser. The height of the trapped gas
was read using a graduated rule affixed on the riser tube,

from which the volume of gas and thus, the gas holdup were
determined. For each gas flow rate in the airlift loop reactor,
the gas holdup experiments were done twice with the mean
holdup value presented.

Gas holdup values in the bubble column were obtained
by a pressure difference method. For each gas flow rate, suf-
ficient time was given for steady state to be reached after
which the increase in liquid pressure at the higher of the
two pressure taps used was recorded. Thisincrease occurred
due to the presence of gas bubbles in the column, causing
the upward displacement of liquid. The measured pressure
signals, obtained in the form of voltage readings were inter-
preted to obtain information on the gas holdups.

3.2. Downcomer liquid velocity measurements

Liquid velocity measurements were carried out in the
downcomers of the monolith and airlift loop reactors. To do
this, a pulse injection of atracer was made just beneath the
top of the downcomer, at a height of 0.54 m above the base
of the short monolith reactor and 2.04 m above the base of
the tall monolith and airlift reactors. Detection of the tracer
was done using a conductivity probe placed at a height,
Hiracer = 0.46 and 1.99m below in the short monolith and
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Fig. 4. Response data to tracer pulse input for the specified superficial gas velocities, Ug in the (@) tall monolith loop reactor, (b) short monolith loop

reactor (c) airlift loop reactor.

tall monolith/airlift setups, respectively. The tracer used was
saturated NaCl solution and between 0.3 and 0.5mL was
injected depending on the setup and experimental operating
conditions. The conductivity probe used consisted of two
copper wires, which were connected to a conductivity me-
ter (Consort K920) and a PC. The tracer concentration de-
tected by the conductivity probe was reflected as a voltage
reading on the conductivity meter. Typical response curves
are shown in Fig. 4a—c for the monoalith and airlift loop re-
actors at three superficial gas velocities. Time zero on these
plots corresponds to the exact moment at which tracer injec-
tion occurred. For a given superficia gas velocity, the liquid
mean residence time, . was obtained from the response
curve using the relationship:

B Jo tV(@) dr

T od ?

T
where V(1) is the voltage reading as a function of time. The
mean liquid velocity in the downcomer U_p was then cal-
culated from:

Hiracer @)
1N

Up =

For each gas velocity, three liquid velocity measurements
were carried out with the average U p values presented in
this paper.

3.3. Volumetric mass transfer coefficient measurements

The volumetric mass transfer coefficient, k_a was deter-
mined by means of a dynamic oxygen absorption technique.
An oxygen electrode (YSI Incorporated Model 5331) was
used to measure the change in dissolved oxygen concentra-
tion. The electrode was inserted 0.27 m above the base of
the short monolith loop reactor and 0.35m above the base
of the tall monolith and airlift loop reactors. It was inserted
0.05m above the base of the bubble column. The actua
measuring point in monolith and airlift loop reactors was in

their downcomer sections (refer to Fig. 1). Readings given
by the electrode were fed to a PC via an ammeter and an
analogue-to-digital converter card. The change in dissolved
oxygen concentration was reflected as a change in electri-
cal current displayed on the ammeter. The electrode was
made sensitive to the presence of dissolved oxygen by ap-
plying a0.13mg/L KCI solution between itstip and an outer
membrane, made of Teflon. Dissolved oxygen was stripped
from the liquid phase to a negligible concentration by the
use of nitrogen sparged through the gas distributor. After
the stripping operation, a step input of air was introduced
into the reactor, with the uptake of oxygen into the liquid
phase continuously monitored by the oxygen sensor. Suffi-
cient time was given in each experimental run for the oxy-
gen saturation concentration in the liquid, C{* to be reached.
Data obtained were then interpreted to obtain volumetric
mass transfer coefficient values by the use of reactor models
devel oped.

Prior to conducting mass transfer experiments, the time
constant of the oxygen sensor was determined by instanta-
neously inserting the oxygen electrode in a beaker of wa-
ter that was saturated with oxygen by the continuous bub-
bling of air into it. Before this, the sensor was placed in a
beaker of water from which oxygen had been completely
stripped off with nitrogen and in which nitrogen was contin-
uously bubbled. A typical experimental dynamic response
for the oxygen sensor isshown in Fig. 5. The sensor constant,
ksensor Was then determined by fitting the response to the
relation:

Csensor -1— e*ksensorf (3)
ct

For the example shown in Fig. 5, keensor Was determined to

be 0.5~ 1. The membrane surrounding the oxygen electrode

was replaced frequently and the sensor constant determined

for each membrane. The value of Kensor Was found to vary

in the range 0.4-0.51s1 for all experiments carried out.
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Fig. 5. Oxygen absorption dynamic response obtained from a water-filled
glass beaker saturated with dissolved oxygen for determining the sensor
constant.

3.4. Single capillary experiments

In determining the rise characteristics of Taylor bubbles
in the square capillary, air and water flow rates were inde-
pendently adjusted such that the superficia gas, Ug, and
liquid, U_R, velocities in the capillary corresponded to val-
ues obtained in the upflow monolith loop reactors previously
discussed. The high-speed camera was positioned midway
along the capillary height and adequately focused, enabling
it to capturerising air bubbles and liquid slugs within a ver-
tical window 0.2m high. At that start of each experimental
investigation, the gas and liquid control valves were reg-
ulated to obtain desired flow velocities. Once steady flow
had been achieved, high-speed movies were made for atime
span of 3s at a capture rate of 2250fps. By carrying out
a frame-by-frame analysis of each movie, the bubble fre-
guency, fp, defined as the number of bubbles traversing the
halfway point of the capillary per unit time, was determined.
The bubble rise velocity, V, was aso determined from the
movie analysisby registering thetimerequired for agas bub-
bleto rise 0.2 m along the capillary height. For each gas and
liquid flow rate, the V}, reported is the average obtained from
five randomly selected bubbles. The mean unit cell length,
Lyc for each Ug and U, combination was obtained from:

Vo

Lyc = R (4)

4. Models for determining kLa
4.1. Monolith and airlift loop reactors

A common reactor model was developed for the mono-
lith and airlift loop reactors for obtaining volumetric mass
transfer coefficient values from experimental dynamic oxy-
gen absorption curves based on the following assumptions:

t U,
o o o _|__well-mixed
plug flow of liquid_| © &, top section
in the riser Yo
o ©° l
O 0 O
e
[o]
0©
o (e}
© Oo k a ..
plug flow of gas | o™ |™ _ | plug flow of liquid
in the riser o :’ in the downcomer
o]
S]]
g 20 <=~ 0Xygen sensor
00 ULH ULD
o %0
000
U,

Fig. 6. Schematic representation of the reactor model used to determine
k_a in the monolith and airlift loop reactors. Further details are available
elsewhere [20,21].

e Plug flow of gas and liquid in the riser section of the re-
actor. For the monolith reactors, tall and short, the mini-
mum number of units cells is 11 and this rises to values
in excess of 50. Therefore the assumption of plug flow is
justified.

e Plug flow of liquid in the downcomer section.

o A well-mixed gas-iquid separator section.

The riser section of the reactor is assumed to extend to
the dispersion height. This means that gas bubbles in the
gas-liquid separator congtitute a part of the riser, i.e. no
gas bubbles are assumed to be present in the gasHiquid
separator. The gas free gasHiquid separator is referred to
as the top section in the model developed. A diagram of
the model is shown in Fig. 6. The governing mass balance
equations for this model are:

Plug flow of gasin the riser:

dCq oCg Ce
— =-Ug—— —k —-C 5
g6 e La<m LR) ©)
Plug flow of liquid in the riser:
ICLR 0CLR Ce
=-U k — —-C 6
Ly LR~ + La<m LR) (6)
Well-mixed gas-iquid separator section at the top:
oCLT A(CLt)
= _y = 7
ot LT Ht Y
Plug flow of liquid in the downcomer:
dCLD dCLp
= 8
or 2 on ®
Sensor correction equation:
dc
;etnsor = ksensor(CLD — Csensor) (9)

&g and ¢ arethe gas and liquid holdups in the riser section
of the monolith and airlift loop reactors. k;_a is the volumet-
ric mass transfer coefficient per unit volume of dispersion
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Fig. 7. Variation in measured downcomer liquid velocity, U p with superficia gas velocity, Ug for tall and short monolith reactors and the airlift reactor.

(gas + liquid) in the riser section of the monolith and airlift
loop reactors. Ug is the superficial gas velocity with respect
to the riser section of the reactor (based on open area avail-
able for flow of gas and liquid phases in case of monolith
configurations) while Uy g, ULt and U p are the superficia
liquid velocities in the riser, top section and downcome,
respectively. The values of U p as determined experimen-
tally were used in the reactor model. Fig. 7a and b show
the experimentally determined U p values as a function of
Ug and gas flow rate for the monolith and airlift reactors
respectively. For a given Ug, Uy p is the same for both the
short and tall monolith loop reactors, signifying similar hy-
drodynamic behaviour in both reactors. Once U| p is known
the U r and U1 values are determined from geometry con-
siderations, using the known cross-sectional areas. Hrt isthe
dispersion height of the top section and m, the solubility co-
efficient of oxygen in water; m = 28. Egs. (5)—9) are sub-
ject to the following boundary conditions:

Attimet =0, Cg = Cg,inlet
Attimet=0,Cr=Cp=0
CiLr,in = CLD,out

Cip.in = CiL1.0ut

Cit.in = CLr,out

Solving the Egs. (5)—9) involved discretizing their spa-
tia derivates. A first-order backward difference approxima-
tion was used. The Method of Lines solution procedure was
adopted with 50 grid points used to represent the total dis-
persion height in the reactor. A FORTRAN program was
written to handle this, utilizing the ODE solver LSODE [24]
in double precision. Fig. 8a and b show sample k a fits in
the tall and short monolith loop reactors for Ug = 0.061
and 0.142m/s respectively. The k_a values obtained from
these fits are 0.137 and 0.2s 1, respectively. Also shown in
Fig. 8aand b with dashed line are the dynamic uptake curves
if the liquid leaving at the top of the monolith section were
to be saturated with dissolved oxygen. The maximum pos-
sible saturation rate was determined assuming perfect mix-

ing of the liquid in the gas-iquid separator and downcomer.
The data in Fig. 8a for operation of the tall monolith re-
actor at Ug = 0.061 m/s shows that the measured dynamic
uptake curve is quite close to the saturation values. For the
tall monolith reactor operating at superficial gas velocities
Ug > 0.07 m/s the dynamic uptake curve was close to, or
indistinguishable from, the saturation curve. Therefore the
fitted k_a values for Ug > 0.07 m/s are all considered to be
suspect. In contrast, al experimental dynamic oxygen ab-
sorption curves over the entire range of operating conditions
obtained in the short monoalith reactor were well below sat-
uration values. This is illustrated by the dynamic oxygen
uptake curve shown in Fig. 8b for operation of the short
monolith reactor at Ug = 0.142 m/s, the highest gas velocity
used in this campaign. Even for this case the measured up-
take dynamics lies well below the anticipated uptake curve
were the liquid leaving at the top to be saturated, shown by
the dashed line. The fitted k_a values for the short mono-
lith reactor are therefore trustworthy for the entire range of
Ug values. The above discussions underline the need for ex-
treme caution in interpreting the oxygen uptake dynamics
to obtain k_a in monolith loop systems.

Fig. 8c shows a sample fit in the airlift loop reactor. In
this case, Ug = 0.087m/s and k_a = 0.103s 1.

4.2. Bubble column reactor

In interpreting experimental dynamic oxygen absorption
curves to obtain k_a vaues in the bubble column, a model
was developed based on the gas phase being in plug flow
and a well-mixed liquid phase. The resulting oxygen mass
balance equations are:

dCs dCq Cgo

— =-Ug— —k — —C 10
e s La<m L) (10)

dCL kla (2 (Cg

—_— = — —C_L ) dn 11
L, A (m L (11)
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(c) internal airlift loop reactor, (d) bubble column, as well as the reactor model fits obtained for each case in obtaining k_a values.

L dr

eg and g are the gas and liquid holdups in the bubble
column. ki a is the volumetric mass transfer coefficient per

d Csensor

= ksensor(CL — Csensor)

(12)

unit volume of dispersion in the bubble column while H is
the dispersion height. Egs. (10)—(12) were also solved using

the Method of Lineswith thefollowing boundary conditions:
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attimet =0, Cg = Cg.inlet, and C. = 0. A typical bubble
column model fit for obtaining the value of ki a is shown
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Fig. 9. Variation of superficial gas velocity, Ug with (a) gas holdup, eg, (b) volumetric mass transfer coefficient, k. a and (c) k_a/eg in each of the

reactor configurations investigated.



C.O. Vandu et al./Chemical Engineering and Processing 44 (2005) 363-374 371

in Fig. 8d. For this case, Ug = 0.122m/s and the k_a value
obtained is 0.117s 1.

5. Results and discussions

The measured data on the gas holdup, &g, volumetric
mass transfer coefficient, k_a, and the ratio k_a/eg, as a
function of the superficial gas velocity Ug based on the
open area available for flow of the phases, for the reactor
configurationsinvestigated are summarized in Fig. 9a—. The
gas holdup in the airlift reactor is the lowest of the reactor
configurationsinvestigated. Thisisbecause of the high liquid
circulation velocitiesin the airlift column (see Fig. 7); these
high circulation velocities result in a very low dip velocity
between the gas and liquid phases in the riser, resulting in
alower gas holdup. The very low dlip between the gas and
liquid phasesalso resultsin avery uniform distribution of gas
bubbles, with very little coalescence. It is also remarkable
to note that the gas holdup in the tall and short monolith
loop reactors are virtually identical. This is an important
conclusion from a scale up view point.

The monolith reactors show significantly higher values of
ki a than conventionally used bubble columns and internal
airlift reactor configurations, when the comparison is made
at the same Ug. As discussed earlier, the ki a values for the
tall monolith reactor operating at Ug > 0.07 m/sare not trust-
worthy due to the possibility of reaching oxygen saturation
at the top. Therefore the doubtful values are encircled with
the dashed region marked “saturation”. For Ug < 0.07m/s,
there is very good agreement in ki a values for tall and short
monoliths.

We note that the mass transfer coefficient per unit volume
of dispersed gas bubbles, k_a/eg, is higher for monoliths
than for a conventional bubble column, emphasising the su-

0.09

0.08 |-

periority of monolithsfor carrying out fast reactions. k. a/eg
is also independent of Ug in the short monolith reactor tak-
ing on a constant value of about 0.76. Interestingly, k_aleg
for the airlift column is higher than that of the monoalith, this
is due to the fact that the gas holdup in the airlift is consid-
erably lower than in the monolith reactor; at such low gas
holdups the bubbles are uniform and small in size and the
bubbles travel upward with very little backmixing of the gas
or liquid phases.

In the monoliths, we have Taylor flow inside the capil-
laries [2,4], resulting in trains of bubbles that are separated
from one other by liquid slugs [25]; see Fig. 10a. The bub-
bles are surrounded by athin liquid film, that is of the order
of 50-200 wm, depending on the gas and liquid superficial
velocities, Ug and U_r through each monolith channel [18].
Fig. 10b and ¢ show the single capillary data (denoted by
circles) on Lyc and Vp obtained from the experiments. The
corresponding information obtained by observing the rise of
Taylor bubbles through a small crack, 0.13m high, in one
of the outer channels of the tall monoalith loop reactor and
recording it with the high-speed video camera at 750fps
is also shown (sguare symbols). Sample high-speed video
recordings of the Taylor bubbles rising in the outer channel
can be viewed on our website [20]. In the single capillary
measurements, for fixed values of Ug and U| R thereis prac-
tically no variation in the values of Lyc and Vp. Thisisin
sharp contrast with the information obtained from the video
recordings of the outer channel. Thereis a very wide spread
in the Lyc values, as evidenced by the error bars indicating
the standard deviation of measurements (about 30-50 unit
cellswere analysed for each Ug + ULR). The mean value of
Luc agrees reasonably well with those from single capillary
measurements. The wide variation of the unit cell lengthsin
the monolith has implications for mass transfer from Taylor
bubbles.

0.5

0.07 O

0.06 -

outer channel
O single capillary

Bl |

0.05 | i

0.04 -

0.4

Unit cell length, L, / [m]

(@) ()

0.03
0.02
0.01
0.00

(Ug + U )/ [mis]

Taylor bubble rise velocity, V, / [m/s]

0.3

0.2

élélxxxyxxxxyxrxxy\

% §£© 500

O single cap
O outer channel

L L L 1 L L L L |

0.2

0.3 0.4

(Ug +Ug)/[m/s]

Fig. 10. (a) Schematic of a unit cell for Taylor flow in a single capillary. (b) Influence of (Ug + ULr) on the unit cell length. (c) The Taylor bubble rise
velocity as a function of (Ug + ULr). The round symbols in (b) and (c) refer to data obtained from single capillary experiments. The square symbols
refer to the measurements on the outer channel of the tall monolith. The error bars represent the standard deviations obtained from frame-by-frame

analysis of the video recordings.
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From Fig. 10c we note that the Taylor bubble rise ve-
locity Vp as measured in the single capillary are lower
than the corresponding values in the outer channel. Also
shown by the continuous solid line is the parity line with
(Ug + ULR). The larger difference between V, and (Ug
+ ULR) would suggest increased downflow in the monolith
as compared to the single capillary. A possible reason is
non-uniform distribution of gas and liquid phases through
the channels of the monolith. Using magnetic resonance
imaging (MRI), Mantle et al. [26] showed that awide range
of bubble sizes exist in a 400cpsi downflow monoalith.
They aso concluded that bubble velocity is not stable with
time. These two phenomena have also been observed in
the outer channel of the 35cpsi upflow monolith reactor
studied.

Recently, van Baten and Krishna have developed a fun-
damental model for calculation of the volumetric mass
transfer coefficient for Taylor bubbles rising in circular cap-
illaries [27]. Their model recognises two contributions to
mass transfer: (1) from the two hemispherical caps at either
end, and (2) from the film surrounding the bubble:

kLa = ki capacap + kL filmafiim (13)
with
[2DVy
k =2 [ —— 14
L,cap 7T2dc ( )
and
b
kL film ~ 2, | —— (15)
TTtilm

where tm, the contact time of the liquid film with therising
Taylor gas bubble, can be estimated as #ijm = Lucec/ Vp-
The calculations of the film, cap and total (=film + cap)
ki a values using Egs. (13)—(15), using the Vy, eg and Lyc
data obtained from the outer channel of the monolith, are
shown in Fig. 11. The experimental k_a values agree very
well with the film contribution, ki fiimasiim, which is the
major contributor to the mass transfer process [27]. It is
likely that the cap contribution predicted by the model is
too optimistic due to the fact that the front and rear ends
of the Taylor bubbles are more flattened. This would lead
to a lower surface area than afforded by the two hemi-
spherical caps assumed in the model. It appears that the
volumetric mass transfer coefficients can be estimated from
information on the Taylor bubble hydrodynamics.

6. Conclusions

The hydrodynamics and mass transfer characteristics of
monolith loop reactors, with upflow of gas and liquid phases
through the channels, have been investigated in this study
and compared with conventional internal airlift reactor and

parity
cap + film
O film
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Fig. 11. Comparison of experimentally determined volumetric mass trans-
fer coefficients k_a, obtained in the short monoalith loop reactor with the
predictions using Egs. (13)—«15). The hydrodynamic data on Vj, g and
Luc were those obtained from the outer channel of the monolith. The
continuous solid line represents the parity plot.

bubble column configurations. The following major conclu-
sions can be drawn from this work.

(1) The volumetric mass transfer coefficient, k. a, is signif-
icantly higher for monolith reactors than for airlift and
bubble columns. This improvement is due to the supe-
rior mass transfer characteristics of Taylor flow in nar-
row capillaries.

(2) Thesuperior masstransfer of monolith reactors provides
interesting opportunities for application to three-phase
reaction systems for process intensification.

(3) The volumetric mass transfer coefficient in monoalith
reactors can be estimated from information on Taylor
bubble hydrodynamics, in particular values of Vp, ec
and Lyc.

(4) Our experiments in the tall monoalith aso highlight that
extreme care should betaken ininterpreting the dynamic
oxygen uptake curves for tall monoliths in view of the
anticipated problem of the liquid reaching saturation
conditions.
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Appendix A. Nomenclature

a gas-iquid interfacial area per unit volume of
dispersion; except for bubble columns the
dispersion within the riser section is
considered (m? m~3)

Ce gas phase oxygen concentration (mol/m?d)

CL liquid phase oxygen concentration (mol/m?3)
or arbitrary units

Cip liquid phase oxygen concentration in the

downcomer (mol/md)
or arbitrary units

CLr liquid phase oxygen concentration in the riser
(mol/m?3)

Csensor liquid phase oxygen concentration indicated
by the sensor, arbitrary units

Cit liquid phase oxygen concentration in the
gas-liquid separator (top section) (mol/m3)

de capillary channel dimension (m)

b liquid phase diffusivity (m?/s)

fo Taylor bubble frequency in single capillary (s™1)

H total dispersion height (m)

Ht dispersion height in the gas-iquid separator

(top section) (m)

Hiracer distance travelled by tracer in downcomer liquid
velocity experiments (m)

kL liquid-side mass transfer coefficient (m/s)

Ksensor sensor time constant (s~1)

Luc unit cell length (m)

m solubility coefficient of oxygen in water,
dimensionless

tfiim contact time of liquid film with Taylor gas
bubble (m/s)

Ug superficial gas velocity in the riser (m/s)

Up downcomer superficial liquid velocity (m/s)

ULr riser superficial liquid velocity (m/s)

Ut top section superficial liquid velocity (m/s)

\% voltage reading on conductivity meter (mV)

Vp Taylor bubble rise velocity (m/s)

Greek letters

£G gas holdup in the riser, dimensionless

eL liquid holdup in the riser, dimensionless

TL liquid mean residence time in the

downcomer (s)

Subscripts and superscripts

cap refers to hemispherical cap

film refersto liquid film

in refers to conditions into a given section of
the reactor

inlet refers to conditions at the inlet of the reactor

out refers to conditions out of a given section
of the reactor

0 initial condition

* refers to saturation concentration
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